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x a 0, s a s0 • We can determine which of these steady states will be observed in a 
continuous culture by determining their stability. Local stability can be studied 
using the linearized form of Eqs. (9.42). The results of such a local-stability study 
of the Monod chemostat are summarized below. 

Nontrivial steady-state 
[Eqs. (7.14, 7.15)] 

Washout steady-state 
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µ,. .. so 

> -
K,+s0 

Unstable 

Stable 
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Another prediction of this analysis is that concentrations cannot approach 
their steady-state values in a damped oscillatory fashion. As such oscillatory 
phenomena have been observed experimentally, this substrate-and-cell model is 
insufficent to predict all dynamic features of some reactors. 

Other weaknesses in the dynamic model of the Monod chemostat are 
known. It predicts instantaneous response of the specific growth rate to a change 
in substrate concentration: experimentally, a lag is present (see Prob. 10.6). 
Moreover, growth-rate hysteresis and variations in the yield factor have been 
established. Steady oscillations have been found in several experimental studies 
(Fig. 9.6). Consequently, while the Monod chemostat model is quite successful 
for steady-state purposes in many cases, it has numerous drawbacks as a dy
namic representation. 

By introducing additional variables into the model, i.e., by giving it more 
"structure," some of the phenomena unexplained by the Monod model can be 
accounted for. The need for structured models in such cases rests on conceptual 
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Figure 9.6 These sustained osc1ll11tions or pyruvate concentration ( •) were observed in continuous 
culture of E. coli. No tice that the cell concentration (crosses) remains approximately constant. ( Re· 
printed from B. Siky la, "Continuous Culliva1ion of Microorganisms," Suom. Kemislil., vol. 38, p. /80, 
/965.) 
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can be quite important. It has been suggested that this model with its unusual 
characteristics may help explain the operating difficulties which are common in 
anaerobic digestion processes. Some aspects of substrate-inhibition effects in 
CSTRs will be explored further in Chap. 14. 

Mixed culture systems involving multiple cellular species can exhibit 
complicated dynamic behavior. We shall investigate these types of bioreaction 
systems in detail in Chap. 13. There, we shall also introduce additional general 
mathematical methods and results useful for analyzing and describing reactor 
dynamics. 

9.3 REACTORS WITH NONIDEAL MIXING 

Now we depart from the ideal cases of completely mixed tanks or plug-flow 
tubular reactors, situations which can be approximated under small-scale labora
tory conditions, and consider more realistic conditions encountered in larger 
scale process reactors. We shall be concerned in this section with methods to 
characterize mixing and flow patterns in reaction vessels, with application of this 
knowledge for reactor design, and with examination of some of the interactions 
which arise between biological or biocatalyzed reactions and the mixing and flow 
patterns in the vessel. First, we consider mixing times in agitated tanks to intro
duce important time scales, to show the existence of large-scale circulation 
patterns in reactor vessels, and to get some feeling for orders of magnitudes of 
the circulation times encountered in different bioreactor situations. 

9.3.1 Mixing Times in Agitated Tanks 

The mixing time denotes the time required for the tank composition to achieve a 
specified level of homogeneity following addition of a tracer pulse at a single 
point in the vessel. The tracer might be a salt solution, an acid or base, or a 
heated or cooled pulse of fluid. The circulation characteristics of the vessel and 
mixing time can be measured by continuously monitoring the tracer concentra
tion at one or several points in the vessel. As shown schematically in Fig. 9.7, 
different types of reactor internals and agitators give rise to different circulation 
and mixing time characteristics. In the sketched responses in Fig. 9.7, periodic 
patterns in the tracer concentration are evident, indicating a characteristic 
number of bulk circulations of Huid required before achieving composition 
homogeneity. The circulation time is also important because it indicates approxi
mately the characteristic time interval during which a cell or biocatalyst sus
pended in the agitated fluid will circulate through different regions of the reactor, 
possibly encountering different reaction conditions along the way. Then, as men
tioned before, one must consider whether or not the Huctuations encountered are 
of sufficient magnitude and on an appropriate time scale to influence local kinetic 
behavior significantly. We shall return in the conclusion of this section on mixing 
to examination of some experimental studies of mixing effects on biocatalyst 
performance. 
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Mixing time correlations developed for Newtonian fluids and mycelial cul
tures and experimental data on mixing times in microbial polysaccharide solu
tions may be found in the review of Charles (18]. Mixing times of 29 to 104 s 
were measured in fermentation tanks of size 2.5 to 160 m3• In some cases mixing 
times of several minutes have been reported. Studies of a 25 m3 deep jet aeration 
system revealed a mixing time of 80 s in water. Charles reported mixing times of 
around 6 min in I % xanthan solution at 300 rpm with no air flow, decreasing to 
around one minute at 500 rpm and with 0.25 % air flow. On the other hand, 
mixing times in the range of 2 to 3 s have been mentioned in small reactors. 
These figures give a sense of the order of magnitude range which might be ex
pected at different reactor scales in different types of bioreactor fluids. Here our 
concern is with large-scale fluid circulation and possible composition and tem
perature nonuniformities. Finer scale considerations having to do with turbu
lence and its interaction with mass transfer and cells is provided in Chap. 8. 

Clearly consideration of a single circulation time in, say, an agitated tank is a 
conceptual approximation. If we monitor the sojourn of various parcels of fluid 
from the impeller region, different paths through the vessel will be followed by 
different fluid parcels, giving rise to correspondingly different circulation times. 
Bryant [I 9] has described how the circulation time distribution f,(t) can be experi
mentally determined by use of a small, neutrally bouyant radio transmitter and a 
monitoring antenna placed in the vessel. By definition, fc(t) dt is the fraction of 
circulations which have circulation time between t ~nd t + dt. Bryant indicates 
that the circulation time distribution for agitated tQpks can usually be well ap
proximated by the functional form of a log-normal distribution 

re ) = _ I _ [ - (In t - t1)
2

] 
Jc l r-;::_ exp 2 2 

u1...; 2,r <11 
(9.43) 

The two parameters in this representation, the log-mean circulation time r, and 
log-mean circulation time standard deviation u1, are related to the mean circula
tion time f and standard deviation u off, by 

(9.44a) 

(9.44b) 

Experimental measurements give f and u which can then be used in Eq. (9.44) to 
determine parameter values for f, in Eq. (9.43). Later in this chapter we shall 
apply the circulation time distribution concept to calculate effects of fluid circula
tion on overall bioreactor performance. 

9.3.2 Residence Time Distributions 

Let us now try to imagine what happens to a small parcel of fluid after it has 
entered a continuous-flow bioreactor. Because of mixing in the vessel, this fluid 
will be broken into smaller parts, which separate and disperse throughout the 
vessel. Thus, some fraction of this lluid element will rapidly find its way to the 
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tracer feed concentration c• used in o;h o~tamed_ in the above experiment by the 
response of the mixing vessel, is called lh: ;~enm_ent. T.he result, the unit-step 
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Whal is needed in many cases is not the ff function but the residence-time

distribution (RTD) function t 0(t), which is defined by 

S(t) dt = fraction of fluid in exit stream which has been in 
vessel for lime between t and t + dt (9.47) 

Thus, for example, the fraction of the exit stream which has resided in the vessel 

for times smaller than t is 

I S(x) dx 

It follows from definition (9.47) that 

t CZI C(x)dx = 1 (9.48) 

A simple thought experiment will now serve to clarify the relationship be
tween the 6 and :F functions. Returning to the stimulus-response experiment of 
Fig. 9.8, let us imagine the vessel contents to consist of two different types of 
fluid. Fluid I contains tracer at concentration c•, and fluid II is devoid of tracer. 
Consequently, all elements of fluid I must have entered the vessel al some time 
greater than zero. Then, any fluid I in the effluent at time t has been in the system 
for a time less than t. On the other hand, fluid II had to be in the vessel at t = 0 
since only fluid I has entered since then. All fluid II elements in the effluent at 
time r consequently have resiqence times greater than t. Assuming that we know 
the C function, we can write the exit tracer concentration c(t) as the sum of the 
fluid I and fluid II contributions: 

fl r~ 
c(t) = c•· 

0 

C(x) dx + O· J, S(x) dx (9.49) 

Combining Eqs. (9.49) and (9.46) produces the desired relationship 

§ (t) = L t'(x) d.x (9.50) 

which can be differentiated with respect to t to provide the alternative form 

dJT(r) = &'(t) 
dt 

(9.51) 

We note first from Eq. (9.51) that &'(t) can be obtained by differentiating an 
experimentally determined ff curve. Also, the theory of linear systems states that 

1 Standard terminology rrom statistics would indicate that S is a density foncuon with /F the 
corresponding distribution. The language above is so firmly embedded in the reaction engineering 
literature, however, that it would cause confusion to alter it here, 
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the time derivative of the unit-step response is the unit-impulse response, which 
reveals that &'(t) can be interpreted as the reponse of the vessel to the input of a 
unit tracer impulse at time zero. While an impulse is a mathematical idealization, 
we can approximate it experimentally by introducing a given amount of tracer 
into the vessel in a short pulse of high concentration. 

In addition to the experimental methods just described for determining the 
RTO function, we can sometimes evaluate it if a mathematical or conceptual 
model of the mixing process is available. Considering the ideal CSTR as an 
example, the unsteady-state mass balance on (nonreactive) tracer is 

BIOCHEMICAL ENGINEERING FUNDAMENTALS 

de F 
- "" -- (c - c) (9.52) dt VR O 

To determine the result of an :P" experiment for this system, we take 

c(O) = 0 

c0 ( t) :c c* t ~ 0 
The solution to Eq. (9.52) under conditions (9.53) and (9.54) reveals 

.f7(t) =: c(t) ::::; 1 - e - (FIYR)I 
c* 

(9.53) 

(9.54) 

(9.55) 

Applying formula (9.51} to the result in Eq. (9.55) reveals that the RTO for a CSTR is 

F 
8(t) = - e - Ft/YR 

VR 

The physical perspective of the PFR introduced above readily reveals its 
RTO. If a tracer pulse is introduced in the feed, it flows through the vessel 
without mixing with adjacent fluid and emerges after a time L/u. Thus, the tracer 
pulse in the exit has exactly the same form as the pulse fed into the PFR, except 
that it is shifted in time by one vessel holding time. Deviation from such behavior 
is evidence of breakdown in the plug-flow assumption. 

Often when dealing with distribution functions such as 8(t}, it is helpful to 
consider the moments of the distribution. The kth moment of 8(t) is defined by 

(9.56) 

k = 0, I, 2, ... 

Since a unit amount of tracer is introduced into a vessel to observe its 8 curve, 
and since all tracer eventually must leave the vessel, we know that 

(9.57) 
·,· 

(9.58) 
The first moment 1111 is the mean of the RTO, or the mean residence time f. Under 
the conditions of zero back diffusion stated at the start of this section, it can be 
proved [2] for a single phase fluid in an arbitrary vessel that 

VR f = m, = -
F (9.59) 
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RTD indicates how long various "pieces" of effluent fluid have been in the 
reactor, but it does not tell us when fluid elements of different ages are intermixed in the vessel. 

This point can perhaps be clarified by considering two limiting cases. In the 
first instance, suppose that fluid elements of all ages are constantly being mixed 
together. In other words, the incoming feed material immediately comes into 
intimate contact with other fluid elements of all ages. Such a situation, usually 
termed a state of maximum mixedness, prevails in the ideal CSTR. At the other 
extreme, fluid elements of different ages do not intermix at all while in the vessel 
and come together only when they are withdrawn in the effluent stream. In this 
case, which is called complete segregation, reaction proceeds independently in 
each fluid element: the reaction processes in one segregated clump of fluid are 
unaffected by the reaction conditions and rates prevailing in nearby fluid ele
ments. Between these two limiting situations falls a continuum of small-scale mixing, or micromixing. 

BIOCHEMICAL ENGINEERING FUNDAMENTALS 

The RTO of a reactor is completely independent of its micromixing charac
teristics. Often, this is not a limitation because micromixing has a small effect on 
reactor performance. On the other hand, micromixing can influence reactor per
formance significantly in special situations. It has been suggested [16) that 
the sensitivity of reactor performance to micromixing can be usefully assessed by 
calculating reactor performance under the special cases of maximum mixedness 
and complete segregation. If substantial difference is obtained, the reactor is 
sensitive to micromixing and will be difficult to scale up. In such situations, 
predictability of scale-up will be enhanced by using a PFTR or something ap
proximating it (see next section) because PFTR performance is micromixing in
sensitive regardless of the reaction network or kinetics. 

ln a reactor with complete segregation, each independent fluid element be
haves like a small batch reactor. The effluent fluid is a blend of the products of 
these batch reactors, which have stayed in the system for different lengths of time. 
Restating this in mathematical terms, let c,it) be the concentration of component 
i in a batch reactor after an elapsed time t, where the initial reaction mixture in 
the batch system has the same composition as the flow-reactor feed steam. So 
long as significant heating or volume change is not caused by the reaction(s), it 
makes no difference whether one or many different reactions are occurring. A 
fraction lf(t) dt of the reactor effluent contains fluid elements with residence times 
near t and hence concentrations near c,it). Summing over all these fractions 
gives the exit concentration c1 for the completely segregated reactor: 

c, == l "' c1b(t)8(t) dt (9.62) 

In deriving Eq. (9.62), we assumed that reaction conditions (T, pH, dissolved 
oxygen, etc.) were effectively uniform in the "small-batch reactor" and in the 
mixing vessel characterized by the RTD. Here "effectively uniform" means that 
any differences in conditions which do exist have negligible or acceptably small 
effects on the bioreaction processes of interest. This assumption may well break 
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De;ooN <ND • ial inhomogeneities in reach~• 
. cale reactors in which substant does not define how fluid 

dowd~/nn!a~~;~sr The RTD for the vessel a~ a :t~~~erent reaction conditions. 
c~nthi~ t~he vessei circulates throughd domt a::sprovide an estimate under condi-
w1 9 62) can be use on y . 
Consequently, Eq . . < ble nonuniformities exist in the b1oreda~tor~ome biochemical t" ons where apprec1a fl cs of cells foun m H 
t Certainly the individual cells olr_ ~ of Eq. (9.62) seems ap~ealing. ow-

rated so that app icatton ber that livmg cells con-=~•0•" ,:,~e~;~~~le pit[a11 exists he":;hw;h7.;~•:::;:;apt and respond ID •:e!: 
tain_' :;'t!:::ca~;:!,:~~::,;,~~:~~a:~es wh;~\:.":~i:~:~;"~f !,i;/:~f ep:a,:i' 
envtr bined and interactive influences oh during the batch in a dtrec_t y 
the com . b h f these phases c ange ·s to behave hke 
Comp::i•t~~:i:~~ c::seq:ently, if a cell ?r flo~;~h• :.;:~~:~ i: is necessary in 
coup I small bateh reactor observed m a d" ng fluid) also remain segregated 
the ""7~hat the cell's environment (th_e surroun ~ition do not play a critical role 
genera stem. II changes in medmm :omp be loosened and use of Eq. 
:; ::: :;:hsl'.iological '.eactions, this rj:~f:::h°f:stances shall appear later m 

) be better ratmnahzed. Examp 

(9.62 can . . . er a single half-order this chapter. h . fluence of micromtxmg, constd Returning now to t e m 

irreversible reaction. k .,
2 

(9.63) 
S ---+ p r = s 

e ated but has the same . . d sel which is completely se~r g roximation to 
occurring m a Rst1;e i:i;ht view the half-order reaction asf an b:~~ate concentra
RTD as a CST . e ther narrow range o su . h. "th 
the Michaelis-Men ten form over. a r;9 63) in a batch reactor and usmg t ts wt 
tions. By computing s(t) for reaction . 

Eq. (9.56) in Eq. (9.62) we find k[ ( - 2so)]} (9.64) 

s = s,{ I - '• [ I - exp kf . 

. k lace in an ideal CSTR, which has h, d if the same reaction ta es_ p 1· ·1 the effluent substrate On the other an , . . h maximum mtxedness tmt , by definition microm1xmg at t e 

concentration is 4so ]} (9.65) 

s ,. s0{1 - (k
2
·f)2 [ - I + I + (kf)2 

So d" 
. mixedness con t-. conversion under maxm~um 

A eneral method for calculatm~ . es is described m Ref. 20. . 
tio!s in vessels wi_th adrbi!rary i::~d:i:~e i!1: fortunate that rea~tor pe~:i~:~~:~~ 

From a practical es1gn v . . ' F example, for an trreverst . 

often not l?o s7nsiti~;R m;~:
0

:~~;':!"um 
0

~itre":nce betwee~ th:::t;;::;:::~ 
order reaehon m _a d ' ximum mixedness ,s less than I pe "d an adequate 
complete segreg~t•?n an w:ato be inexact, Eq. (9.62) may prov1 e in cases where tt is kno 
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approximation of reaction performance. [By series expansion of Eqs. (9.64) and 
(9.65), develop an expression for the relative difference, JI - s(9.64)/s(9.65)1.J 

For all single reactions with order less than unity, maximum substrate 
conversion is achieved at maximum mixedness. Complete segregation provides 
greatest conversions for reaction orders greater than one. As may be justified 
using the superposition principle for linear systems, the degree of micromixing 
does not influence first-order reactions. Thus, for one or more reactions with 
first-order kinetics, Eq. (9.62) may be used independent of micromixing state. 

Another exploitation of RTD data is the evaluation of parameters in various 
nonideal-flow reactor models. A variety of such models is considered in the next 
section. 

9.3.3 Models for Nonideal Reactors 

Obviously the RTD contains useful in(prmation about flow and mixing within 
the vessel. One way the 8 and § fun~f!ons can be used is to assess the extent of 
deviation from an idealized reactor. For example, we calculated 8 and§ above 
for an ideal CSTR. By comparing these curves with those for a real vessel, we can 
get an idea of how well the actual system approximates complete mixing. 

Different kinds of nonidealities often have distinctive manifestations in the 
observed response functions. We can gain some appreciation of them by con
structing models representing various sorts of deviations from the idealized mix
ing system. Examples are shown in Fig. 9.IO. Case (a) is the ideal CSTR, case (b) 

Combined model sd1e,n;,tic 

:r 

L 
G I ' 

~,.._ r±, 1-· 

~ 

Fr11' 

Fr1V 
(<J) 

F 

I ------:..::--------

I - (J 

J!f. 
V 

Ft/ V 

Ft/ V 
(h) 

Fr/ I' 

, .. 

Ft/I' 

") 
Figure 9.10 s; and ~ functions for (a) an ideal CSTR, (b) a CSTR with bypassing, and (c) a CSTR with a dead zone, 
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F, so F, Xi, S 1 

Figure 9.11 Model _for an incompletely mixed CSTR 
with II stagnant region. 

and there is a dead volume (1 - a)V~ in 
involves bypassing of the feed_ stream, ars immediately in the ~ function, 
case (c). When there is byp~ssmg, tracera ap:rethe If curve than in the ideal case. 
while a dead region results m faster de~. ~ model for a nonideal continuous-flow 

Another useful and ~ommonly a~~ ~~eat CSTRs (Fig. 9.11 ). Here the reactor 
stirred reactor uses tw~ mte~connect aller completely mixed regions. The feed 
contents have been divided mto two s?1 1 'whose volume is a fraction Cl of the 
and effluent streams pass throug~ ref on h • nges material with stagnant region 2 
total reactor volume. In turn, region excMa d growth kinetics with constant 

F, If we assume ono • • · th· at volumetric flow rate · d ·be steady-state cond1t1ons m is 
yield factor, the following mass balances escn 
system: 

X1 ,.. Yx:s(so - S1) 

X2 - X1 == Yx/S(s 1 - s 2) 

region I substrate 

region 2 substrate 

S1 X == (1 + yD)X1 
X2 + ayµm .. K, + S1 I 

region I cells 

region 2 cells 

_ ,!'R D == !._ == nominal dilution rate where Y - F' VR 

(9.66a) 

(9.66b) 

(9.66c) 

(9.66d) 

(9.67) 

h t for this model is obtained by setting so == s i == S2 in The dilution rate at was ou 
Eqs. (9.66) to obtain 

S [ (1 - o:)2yµmaxSo ] _ µmu O I + ) S 
Dwa,hout - K, + 50 K, + So - (I - 0: yµmn O 

(9.68) 

. . ht-hand side is identical to the wa~hout dilu-
Since the first expression on t~e ng [E (7 16)] the effect of mcomplete 
tion rate for the perfectly mixed system If t~~ br~cke~ on the right-hand side of 
mixing is to increase the value ? f D~a~h•di~ates that washout is impossible. (What 
Eq. (9.68) happens to be negattve, tt m 

does this mean physically?) II ncentration X 1 and biomass produc-
Figure 9.12 shows the effiu~nt. ce c: for = 0.5 and a variety of volume 

tivity X1D as functions of th~ dtlutton : uted :sing the K , and so values_ f~om 
fractions Cl. In this figure, which was co p changes from 1 (perfect mtxmg) 

• th vs -D curve as a: Fig. 7. IO, the change m e x- · 
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1.0 0 85 
0.9 00~----------~-----:-,-0-___, 

Figure 9.12 Exi1 t'CII concentration x, 
as a function of dilulion rntc D and 
acfivc zone volume fraclion y for dead 
zone model of Fig. 9.11. The upper 
portion of lhe figure shows biomass 
produc1ion rntc x 1 ·D(r 0.5). 

D1lulio11 rJlc. D. 11 - 1 

to 0.9 or 0.85 (small stagnant zone) is very similar to the difference between 
the chemostat theoretical and experimental data given in Fig. 7.10. Moreover, 
the value a == 0.9 corresponds roughly lo the vessel volume fraction above the 
impeller in the experimental reactor used to obtain Fig. 7.10. 

In examining RTDs so far we have concentrated on reactors with continuous 
flow of medium anq cells, but we should remember that a gassed-batch bioreac
tor has continuous throughput of gas. Thus, RTD measurements have been used 
to characterize gas holdup and mixing in batch reactors. These studies indicate 
major effects of type of contactor employed and reaction mixture rheology. For 
example, a CSTR in series with a PFR gives RTD behavior closely approximat
ing measured gas RTDs in mechanically agitated tanks for water, water-salt, and 
Sacc:lwromyces cerevisiae suspensions which all have low viscosities. On the other 
hand, in high viscosity solutions in agitated tanks, more complicated gus RTD 
behavior is evident. Figure 9.13 shows the measured internal age distribution for 
sparged gas flow through a 10 g/L suspension of Penic:illium chrysoge11um in an 
agitated vessel of standard dimensions. Here, a plug-flow element must be added 
to the model of Fig. 9. I I in order to fit the experimental result. 

This type of model, commonly called a combined moclel or a mixed model, 
consists of interconnected idealized reactor types. Jt is but one of a wide class of 
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0 Model 
parameters 

a = 0.43 
(3 = 11.348 
')' = 0.22 
0 = 0.44 

- I l = 0 .24 

,.... 
~ _, ... 
.: 

- 2 

-JL---t---72!--~ 
0 I V 

9 ""' tFGI R • • as in an agitated vessel (&). The 
. all measured internal age d1stnbu11on ro~x!d· model shown above with the 

Figure_9.1~ Expc_n~cn~ ! e distribution calculutcd from the m m:ii: A. Pupulc:'<iou, and M. Re1ijl, 
sohd hnc is the •~lc~n~l d g ( Rcprimcd b)' pcrmissicm from ":.· Po~ • ~a1i1mal Fermc111ari1m SJ111po· parameter values indicate . . . S . I Tank Reaaors, VT mu 
"Gus Residena Time Dis/rt"" "" Ill 11rrc, 
si11m, Lm11l1m, Cmwdu. J98L) 

. . Combined models have the advan~ 
possible representations of incomr~~eo:~=~~~~l tool for thinking abo~t flow.;;al 
ta es of serving at once as a u~e u utin the performance of t c nom 
mfxing in the reactor, as a bas1~dfo~ cro:!stru~ting laboratory reactors to study 

nd as a gu1 e io vessel as a reactor, a · ment d 
effects of nonidealities in large•sca~e ~qu1~f tho~c shown above has been ado~te 

Once a combined model such ~s any e combined model can be us~ t_o 
d ibe a particular nonideal b1oreactor, th tor That is, the reaction kinetic 

to escr of the vessel as a reac . ction effectors 
calculate the performa~ce I on substrates, products, and rea k This 
expressions and material .ba ances t t of the combined model networ . 
are written and solved m the con ex 
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procedure has already been illustrated above in Eqs. (9.66) for the combined 
model in Fig. 9.11 and simple Monod kinetics. However, we must be cautious 
and recognize the potential limitations in this approach, since a combined model, 
while adjusted to be consistent with the actual reactor RTD, will not in general 
possess identical micromixing and circulation characteristics compared to the 
real system. Accordingly, the combined model may fail to approximate reason
able system performance as a reactor. For example, the combined models shown 
in Fig. 9.11 will give the same RTD if the plug-flow tube element is put at the 
start rather than at the end of the network, but these two configurations will not 
give the same results for nonlinear kinetics. However, they will give the same 
output for a reaction network consisting entirely of first-order kinetics or for a 
first-order process such as mass transfer. 

Although still subject to the limitations just described, mixed models can be 
extended in some situations to encompass nonuniform reaction conditions. Often 
there is a reasonable intuitive physical correspondence between the different ideal 
regions in a combined model and actual physical domains and environments 
within a bioreactor. For example, we have already mentioned in connection with 
the combined model of Fig. 9.11 that one region might represent the impeller 
zone and the other region the bulk of the tank. Jf air sparging enters the system 
near the impeller, it is reasonable to consider the dissolved oxygen level to be 
relatively high in that part of the combined model and the dissolved oxygen level 
to be relatively low in the bulk of the tank far from the impeller in a large-scale 
reactor. Thus, we could superimpose on the different interconnected tanks esti
mates or measured values of reaction conditions in different zones of a bioreactor 
and take these into account when calculating reactor performance. 

In such situations, our knowledge of the biological kinetics may be inade
quate to simulate reaction behavior properly under such fluctuating conditions. 
We shall return to this topic in the following section. To the extent that a com
bined model with different reaction conditions in different ideal elements is useful 
in describing the behavior of real, large-scale bioreactors, we can see now one 
approach to the problem of scale-down. Scale-down refers to a reasonable meth
od for designing small-scale experiments in the laboratory to attempt to simulate 
and to study operation of nonideal large-scale reactors. Since the ideal systems, 
especially CSTRs, can be well approximated on a small scale, using a set of small 
reactors and pumps and interconnections, we can set up on a small scale in the 
laboratory the physical counterpart of the combined model. We can, in this 
model, scaled-down system, apply different levels of mixing intensity in different • 
tanks, different aeration levels, different pH values, and other tank-to-tank varia
tions in order to try to study and simulate the effects of such nonuniformities on 
performance and on biological reaction kinetics in large-scale systems. This ap
proach is applicable to batch reactors as well as to continuous-flow reactors. 

Different types of combined models involving a sequence of ideal CSTRs 
(Fig. 9.14) are usually used to simulate staged and column bioreactors and mix
ing configurations which more closely approximate plug flow. We can calculate 
the RTDs for these models by again setting up tracer mass balances on the 
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Co c, c, I c,. 
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,, 
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(/,) Slirrcil lank train with m;yde 

<c (I + a:>F < I + 0:lF <I +o.lF c, 
,.. 

a:F 
,.. 

a:F a:F 

(c ) Series tanks wilh ba, kflow . . , 

. k ·n series designs und models: (a) tonks m series, . d • s of d11feren1 tun s 1 
Figure 9.14 Schcm~tlc . mgram I . d (c) series tanks with back now. 
(b) stirred tank tram with recyc c, an 

. he res onse to a unit-impulse input. Carry-
stirred-vessel cascade and evaluating: s ste~ of Fig. 9.14a subject to the usual 
ing out the necessary algebra for th y v, . d'vided into N equally sized tanks 
assumption that the total reactor volume R is t 

VR (9.69) V, = Vz = ... = VN = N 

gives 

N _ tN - l exp --t N (NF)N-t ( NF ) 
S(t) = (N - I)! VR V11 

(9.70) 

, · F' 9 15 The shift in . . f N values are given m ig. . . . 
Plots of this function for a vanety o . I decay to a pulse at t s: V,dF ts 

. . N r an exponentia 8(t) with mcreasmg rom 

apparent. . 70) · 
The variance of the RTD 10 Eq. (9. IS 

1 
(12 = -

N 
(9.71) 

. . CSTR model for an arbitrary 
This relationship is useful in dev~~~~~!1.8 ~e:::;mined. Taking the total staged-
vessel whose R TD has been expc F a~ in the actual process makes the mean 
CSTR system volume V11 and flow ;a: t f the real vessel. Taking N equal to the 
residence time for the model mate t a od . ce for the real vessel RTD then 

. t lly measure vanan reciprocal of the expcnmen a 

APPX 0292

Case 1:18-cv-00924-CFC   Document 399-6   Filed 10/07/19   Page 9 of 50 PageID #: 30712



2.0 

IS 

t 
I. I 0 

0.5 

: 
I 

N • 20 

I 0 
Fr/I ' -

BIOCHEMICAL ENGINEERING FUNDAMENTALS 

Figure 9,IS RTDs for N idea/ CSTRs in 
series (V11 - total sys1em volume, individual 

ensures that the series-CSTR model RTO has the same second moment as the 
,essel of interesr. If the ,es.s,rs RTD has a shape similar lo those given in Fig. 
9.15, the tanks-in-series model so derived will probably provide an adequate 
approximation of the real reactor's performance. (Remember that identical RTOs 
guarantee identical reactor performances only for total segregation or first-order 
kinetics). Notice as N • co, the RTD for this model approaches that for an ideal PFR. 

Figure 9.16 shows the results of experimental RTD studies of cocurrent per. 
forated plate tower,. In both experiments three plates separated the column into 
four section~ but in case l the plates had 3-mm holes; 2-mm holes were used in 
case 2, with the total hole area held at IO percent in both instances. Comparing 
the experimental RTDs with the theoretical result for N = 4 in Fig. 9.16 reveals 
that the plates with 2-mm holes provide good staging. Evidently there is some 
backflow through the plate perforations when they exceed the 2-mm size. Thus, 
in this case RTD data provide a useful design guideline for preserving the desired segregation in the tower. , 

reactor volumes • V
11
/ N). 

Somelimes the addition of a growing microbial phase to a reactor dramati
cally after, its RTO. In the measured RTO of Fig. 9.l7a, the eight-plate !owe, 
with no growing organisms exhibits a clear staging effecL When baker's yeaSI is 
grown in the same system, however, the RTD measured by a variety of tracers 
closely corresponds to an ideal CSTR (solid curve in Fig. 9.11b) rather than to an 
eight-CSTR cascade. This breakdown in Slaging effect is apparently due to sedi
mentation of the yeast suspension. By changing the column design so that four 
plates had only 3 percent hole area, the RTD with yeast growth became nearly that of a four-CSTR cascade. 
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8 • Fr'IV I (I) Hole 
rforatcd plate co umn. . w characteristics of a cocurrcnt pc mm area fraction - 0.0975, F" ure 9.16 RTD data showing llo_ 0 0981 (2) hole diameter ;, . • I al . .. Performance of a ~ t•«·•= rraom, - · ' ,.,,., J,= A. ""'" • 

1 
II 911, diameter • 3 mm, P CSTRs-in-serics model. ( Rep r .. Biotech. Bioeng., vo · • p. (3) calculated from four Multistage Continuous Fermento • Perforated Plate Column as a 

{969. } 

• F' 9 14 as h CSTR cascades m ig. . . 
we examine the performanceb1.otrfatryecomponent c in the jth tank ts Next balance on an ar 

bioreactors. The mass I (9. 72) 

V - o Fe - Fe1 + 1'1, 
J- I tank} 'th 

h . the tanks-in-series system w1 
For example, if we consid~r ~l~:~~:lb:r:.::~s ~:r tanks 1 through N are 
non-sterile feed (x f '# O), t e ) + v, µ x = o 

F(x1 - X1 1 1 1 

V X - ' ' 0 J·=2 3 . .. ,N F(X1- 1 - X1) + iµJ J - • 

. be solved recursively to yield These equations can F 

x, 

and 

xl = (F - µ2 V2)(F - µ3 V3) .. . (F µ1Jli) 

For the case of equal volumes, the simpler form 

Dt 1
x1 

(D1 - µ2)(D1 - µ3)· .. (D1 

. 2 N J = , ... ' 

µ1) 

(9.73) 

(9.74) 

(9.75) 

(9.76) 

D is the dilution results from Eq. (9.75). Here l Or an individual tank rate 
( = F/V,). 
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Figure 9.17 Measurement of RTD . . 
~ethods and under different operat/:g ::n~~~t-plale tower (hole void fraction • 0 IS) by dilfe t 
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We can deduce the effect of staging and recycle on the washout dilution rate 
D,.,. •• by examining the system of Fig. 9.14b. Assuming Monod growth kinetics 
with a maintenance term [Eq. (7.22)], sterile feed, equal volumes, and a constant 
yield factor, it has been shown that Dm .. satisfies 

D,.,... 1 - (kefµm 0 ,)(l + K,/s1) 

µ,.,.., N(l + K./s0){1 - [r/(1 + r)] 11
N} 

-- = (9.77) 

where as usual D is defined in terms of the overall process 

F F D"" 
D = - = - = -

VR NV1 N 
(9.78) 

Setting r ""' 0 in Eq. (9.77) gives the critical dilution rate for the equal-volume 
cascade without recycle. If in addition tor ,.. 0, we take ke O 0 so that the growth 
kinetics is of classical Monod form, Eq. (9.77) reduces to the familiar expression 
[see Eq. (7.16)]. 

D* = µm .. so 
mDX K. + So 

(9.79) 

This result is expected on intuitive grounds: if washout occurs in the first tank in 
the equal-volume train, it will also prevail in the second, third, . . . , and Nth tank. 
(What happens in the nonequal-volume case if F > l'JD! •• for j = 1, 2, . .. , k - 1 
and F < VkD! .. ?) 

A close conceptual analog of the CSTR cascade with backflow (Fig. 9.14c) is 
the dispersion model. A modification of the ideal PFTR, the dispersion model is 
derived by considering an axial diffusion process which is superimposed on the 
convective flow through the tube. Returning to the thin-section model described 
in Fig. 9.5, we add a dispersion flow A(D:dc/dz)= into the section and subtract a 
similar term A( - D=dc/dz):+tJ.: for diffusion out of the thin slice on the left-hand 
side of Eq. (9.13). The same manipulations and limiting processes as followed 
that equation produce the dispersion-model mass balance 

d(uc) _ !!_ (D de) 
dz - dz = dz + r Jc 

(9.80) 

Usually u and the effective axial dispersion coefficient D= are approximately con
stant for liquids, so that Eq. (9.80) becomes 

de d2c 
u dz = D= dz2 + r1, (9.81) 

Since Eq. (9.81) is a second-order differential equation, two boundary condi
tions are required. The generally accepted ones are 

uc1 = (uc - D= d<!.:) 
z : s o 

(9.82) 

dcl -0 
dz =• I -

(9.83) 

lll'D 

APPX 0294

Case 1:18-cv-00924-CFC   Document 399-6   Filed 10/07/19   Page 11 of 50 PageID #: 30714



570 
BIOCHEMICAL ENGINEERING FUNDAMENTALS 

When D. is not ioo large, which is often the case, the complicated condition 
(9.82) can be replaced by 

In this case the variance of the dispersion-model RTD is 

where the axial Pec:let number Pc is defined by 

Pc = ~L 
D. 

(9.84) 

(9.85) 

(9.86) 

Physically Pe may be regarded as a measure of the importance of convective 
mass trasport ( ~ uc) relative to mass transport by dispersion (;:;: D.cf L). Con
sidering the limits of Eq. (9.85) as Pe -+ 0 and Pe--. co, we sec that the former 
case gives a

2 ~ I, which is identical to the ideal CSTR variance. In the limit of 
very large Peclet numbers, a

2 
.... 0, which corresponds to plug flow. As with the 

tanks-in-series model, Eq. (9.85) can be used to evaluate Pe for the dispersion 
model from an experimentally determined a 2• When Monod kinetics with main
tenance is used, the dilution rate Dm .. at washout for the dispersion model is 
given by 

µmu :} Pe (I + K,/sf ) 
Dmu, = I - (k.,/µmn,)(J + KJs1) (9.87) 

As the relative inllucrtce of dispersion becomes vanishingly small (Pc--. 0), Dm .. 
decreases to zero. This agrees intuitively with the notion that an ideal PFTR with 
sterile feed will not support a biological population. 

It is important to realize that the axial dispersion coefficient D. is 11ot usually 
equal to molecular diffusivity. It is a modeling parameter which, when chosen 
properly, allows the dispersion model to represent some of the mixing effects of 
several physical phenomena. We shall mention three here: laminar flow in tubes, 
turbulent flow in pipes, and flow in packed beds. 

If axial and radial diffusion characterized by diffusivity ~ is superposed on 
axial convective transport by laminar flow, it can be shown that an effective axial 
dispersion coefficient is givch by ' 

ii2tl2 

D. = ~ + 192~ (9.88) 

Here ti denotes the average axial velocity ( "" } centerline velocity). The dispersion 
model with D= given by Eq. (9.88) provides an excellent approximation to 
the RTD for laminar /low with diffusion provided the tube is long enough 
(L ~ d;/409). 
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. . 2100) motion of macroscopic eddies of fluid 
In turbulent flow m pipes (Re > ' entum and energy transport. 
. . t t mechanism for mass, mom ' . . 

provides an tmpor an I ble those of molecular-d11Tus1on pro-
The effects of eddy transport close y resem lly much greater in magnitude than 

b I d 'ff ·on fluxes are usua . • 
cesses, but tur u ent- t us1 ti the effective dispersion coefficient m 
their molecular counterparts. Consequen fy,11 'd flow While the turbulent-flow 

d ti on the state o ui · Id 
this case depcn s mos y d f 3 't ~alls with decreasing Reyno s · · lly of the or er o , 1 1' 
Peclet number is typ1ca II a var1·ety of laminar-flow data are . d. · t b lent flow as we as . • 
number. This tren m ur u . ortant biological reactor mvolvmg 
displayed in Fig. 9.18 .. Perhaps t~e most l~m~d sterilizer, which is examined in 
flow in empty tubes ts t~e continuous iqu 

detail in the following ~ect~on. bT d biocatalysts the tube is packed with p~rti
ln some reactors with ,m~o 11ze d h'I th fluid flows around the particles 

cles These particles are fixed m the ~e . w I e t e ·ned to flow in the interstices 
· b B e fluid 1s cons ra1 

and through the tu. e. ecaus . axiall through the bed undergoes so.me-
between pellets, a fluid element passmd~ I d' y s·1on The effect of this parttcle-

lk · the ra ta tmen • . 
thing like a random wa m • be described by the dispersion 
interrupted sojourn on the RTD of the system can 

!·low m pipe~ 

-I~ 

Thcor~11cal. f rom T Jylor 

0.1 
1 10? 10 

Re= d ,up/µ < • 

. terms or the Reynolds (Re) and Schmidt Figure 9.18 Correlations for. the. axial Pcclcl number (Pc) m 
(Sc) numbers for nuid now m pipes. 
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dimensionless groups arc based upon pa;~c~~ ~~::i:rp:r ::t~ llo: in ~ack~d pi~s. Notice that the 
~ er t an l c pipe diameter d,. 

model. Theory suggests that . 
Pe,,, defined by an axial Peclet number based on particle diameter, 

iid 
Pe,, = =.!!. 

. D::: (9.89) 
is a~proximately 2 in this instance w . 
studies confirm this result under so'm h~re d,. is the pellet diameter. Experimental 
and Re,, is _apparent in Fig. 9.19. e c1rcumstanes, but dependence of Pe,, on Sc 

In closing this discussion of dis . 
~h~ there are many additional possi~~::i::•J?rot~~ing ~rocesses, we should note 
m epth contours in rivers and stream T' me u_ mg ~1pe bends and gradations 
for these complicated flow situati s. d heory is of httle help in identifying D 
sured RTD dat~ to determine an a~;;oa:ia we must consequently rely on mea: 

The tanks•m•series and d ' . p te D= value. 
D . ispersron models b h 
. =• respectively) nonideal mixing m d I I . are ot one•parameter (N and 

tmuum of mixing and segregation° s~ s. n d1tri:rent fashions each spans a con. 
PFTR.. Thus we are faced with a ch ~tes rang1?g from ideal CSTR to ideal 
convenience of computation and anatc.e of which model to use. In terms of 
usually far superior. Also application oi:~s, ~~e ta~ks•in•series representation is 
ty when backmixing (112) is large Howev:r 1s~ers1on model is prone to difficul• 
number of tanks is necessary to re. . ' F!g. 9.14 shows that a very Jar e 
ly, ~s ~ general rule of thumb, the i:es:;~ situations_ near plug flow. Consequen~. 
deviatrons from plug flow (say a2 of 1:1on ;odel is usually preferable for small 
tanks•in•series formulation is su . e or er of 0.05 and smaller) while th 
(112 > 0 2) Th' penor when the . b . ' e ~ . . JS latter case is typical ff• re is su stantral backmixing 
~asin~. Th_e first is encountered in ci /rmentors ~~d ~iological waste•treatment 
later m this chapter n muous sterl11zation of liquids co 'd d • , nsr ere 
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9.3.4 Mixing-Bioreaction Interactions 

Flow and transport phenomena on different scales influence the kinetic behavior 
of cells. Effects imposed at a certain length scale (recall Fig. 9.2) can influence the 
observed kinetics of cell populations in different ways. It is important to recog• 
nize this connection so that kinetic measurements and models can be developed 
under conditions which will resemble in some senses those encountered in the 
large•scale reactor. In this section we examine some of the interactions of 
cellular kinetics and mixing in bioreactors. 

We shall begin at the largest scale in which bulk circulation patterns carry 
the cells into different regions of the reactor which, as noted before, typically 
have different dissolved oxygen and turbulence levels in large•scale equipment. 
The role of bulk circulation in influencing overall cellular kinetics can be apprc• 
ciated using a simple example. Suppose that oxygen is supplied locally at some 
region of the reactor (as occurs in a stirred tank) and that utilization of oxygen 
occurs in segregated fluid elements circulating in the reactor. This is not an 
unreasonable view for highly viscous fermentation situations. If one starts with a 
saturated oxygen concentration in water of 0.3 mol m - 3 and considers reason• 
able oxygen uptake rates in the range of 10- I00mol h - 1 m- 3

, oxygen will be 
exhausted in a segregated fluid clement after 11 to 50 s. This is of the same order 
of magnitude as the mixing time in a large•scale reactor. 

In order to put this impact of fluid circulation in a more quantitative and 
general perspective and to take into account the statistical distribution of circula
tion times, we shall examine the performance characteristics of a batch reactor in 
which the circulation time distribution is f,(t). Further, we assume that a zero• 
order reaction occurs in completely segregated fluid elements. Extension to other 
types of local reaction kinetics such as Michaelis•Menten kinetics is straight• 
forward and only slightly complicates the calculations involved. The qualitative 
conclusions, however, remain the same. For such a zero•order reaction, with rate 
constant k0 and with initial reactant concentration s0 , the concentration in a 
fluid element varies with time according to 

t ~ t., = k0/s0 

t > t., 
(9.90) 

Here we define time t , for nutrient exhaustion which is equal to k0/s0 • We shall 
define F here as the fraction of time a fluid element spends in conditions where 
nutrient has been completely exhausted. This fraction can be computed using 

F = f.~fc(t)c ~ 1•) dt (9.91) 

where f denotes the mean circulation time. Assuming that fc(t) is a log•normal 
distribution [Eq. (9.43)], Eq. (9.91) has been evaluated for different relative 
values of the parameters f, t,, and the standard deviation <1 of the mixing 
time distribution. Results indicated in Fig. 9.20 illustrate clearly that exposure of 
cells to starvation conditions increases as the mean circulation time and as the 
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Figure 9.20 The fraction of time cells in circulat
ing nuid elements are slarved as a function of the 
dimensionless circulation time and the coefficient 
of variation of the circulation lime distribution 
(Ref. 19). 

~tandard deviation _of circulatio? times increase. The quantity I - F may be 
interpreted as the yield of the b1oreactor relative to the yield that would have 
~ee~ obtained with nutrient provided at all points in the vessel. This calculation 
md1cate_s ~h~t, for a ~iven :irculation time, it is preferable to design the reactor so 
as to mm1m1ze the d1spers1on of mixing times about the mean. 

The model just considered, while informative, does not take into account the 
effects which transient environmental conditions encountered during sojourns 
around the_reacto_r m~y have upon cellular kinetics. As noted in Fig. 9.1, the time 
scales for ctrculatton m large scale bioreactors are comparable to the time scales 
for certain metabolic processes and adjustments, indicating that kinetic models 
developed under muc~ _diffe~ent mixing conditions in a small reactor may not 
apply when greater m1xmg times and greater reaction environment fluctuations 
are encountered at larger scale. 

Experi~ents conducted with the on-line fluorometer system described in Sec. 
_10.2 _clearl_y illustrate the similarity of mixing and biological response times. Mix
mg times man aerated (0.5% v/v) 70-L, mechanical agitated fermentor with 40-L 
working vol~me have been measured by injecting pulses of quinine in 0.05 M 
H2S04 solution and measuring transients in culture fluorescence. This measure
ment characterizes fluid circulation and mixing processes in the reactor. Sub~, 
quently, fluorescence responses were measured after pulse addition of glucose to 
a. yeast cultu_re. Here, the fluorescence is produced by intracellular reduced pyri
dine _nuc!eottdes, the levels of which are highly sensitive to the rate of glucose 
reaction m the cell. Thus, the second measurement provides information on the 
r<:spo~se time of the complete sequence of transport processes (bulk mixing -
d1ffus1on to cells - transport into cell) and metabolic reactions involved in nutri
ent use. 

Table 9.3 shows the mixing time and the overall substrate utilization re
sponse time in this reactor at different stirring speeds. Interestingly, the biological 
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Table 9.3 Comparison of reactor mixing times and yeast glu
cose response time (all in seconds) as a. functi~n of mixi.ng 
rate in a 70-L (40-L working volume) stirred b10reactor with 
0.5 v/v/m aeration. 
( Reprinled by permission from A. Eimele, D. L. Ristroph, and A. E. 1-f.um~hrey, 
"Mixing Times and Glucose Uptake Measured with a Fluoromctcr, Bwtcc/1. 
Biocng., vol. 10, p. 1487, 1978.) 

200 rpm 500 rpm 700 rpm 

Intracellular nuorescence response time 8.5 6.8 5.9 

Bulk mixing response time 4.2 2.5 1.5 

Difference "' biological response time 4.3 4.3 4.4 

575 

response time for local glucose uptake and utilization is, as might be _e~pect_ed o_n 
intuitive grounds, essentially the same in all three case~, ~hile the m!xm_g time 1s 
reduced as agitation speed is increased. Another very s1gmficant fact _md1cated by 
these data is the similarity in order of magnitude for the response t1~e _for. local 
glucose uptake and utilization and the mixing time for the r~acto~. This indicates 
that, as cells circulate in the reactor and encounter spatially_ mhomoge_neou_s 
conditions, the metabolism of the cell may always be in ~ ~ra~s1ent state smce ~• 
does not respond much more rapidly than the characteristic time scale for envi-
ronmental fluctuations due to liquid circulation. . . 

Several experimental investigations have explored the influence of transient 
conditions on metabolism and noted significant effects. In a closed tubular-loop 
fermentor in which oscillations in dissolved oxygen levels are ~ncounte_red 
around the loop, a culture of Candida tropicalis sh~wed increased _biomass yield 
based on substrate, reduced oxygen utilization for biomass product10n,_ an~ low~r 
respiratory quotient. Opposite effects were o~served in imposed oscillattons m 
dissolved oxygen level in a continuous culture m Pseudomonas metlty/ot~oplta ASI 
with methanol and carbon and energy source. In this case, decreased biomass t~ 
substrate yields and decreased growth rates were observed. In ~nother e~pen
mental study, sinusoidal fluctuations of dissolved oxygen level with a perio~ ?f 
2 min. and a mean of JO% of air saturation were imposed_ on a cultu~e of Pemc1l
lium clirysogemm1 Pl. In this case, the specific penicillin production ~ate de
creased significantly, resembling the ~ff~ct expected. at a low_er mean dissolved 
oxygen level. This shift indicates a s1gmficant transient nonlinear effect on the 
bioreaction. . 

Turning now to the smaller scale of turbulent ve~ocity _fluctua!1ons, we can 
expect important interactions between the turbulence mtens1t~ at different scal~s 
and the morphology (and thereby potentially th_e metabolic state) of ce~tam 
organisms. This connection is expected to be most important for those organisms 
that grow to a size scale comparable to the turbulence ~cales expect~d. T~ese 
scales range from the largest eddies, on the scale of the height of a turbme blade 
in an agitator, say o. t m, to the smallest eddies which are produced by the 

APPX 0297

Case 1:18-cv-00924-CFC   Document 399-6   Filed 10/07/19   Page 14 of 50 PageID #: 30717



576 
BIOCHEMICAL ENGINEERING FUNDAMENTALS 

cascade of transmission of turbulent energies (Sec. 8.3). In agitated bioreactor 
systems, this smallest eddy size is of the order of 20- 100 µm. To determine the 
biological structures influenced by velocity fluctuations on this scale, we can note 
in Fig. 9.2 that floes of microorganisms and mycelial aggregates are intermediate 
in the size spectrum of turbulence and therefore will be substantially influenced 
by mixing intensity and the distribution of turbulence fields encountered in the 
reactor. 

We have already discussed the effects which overall cellular aggregate size 
can have on overall rates due to diffusion limitation. Here we shall concentrate 
on more subtle effects which involve changes in morphological structure and 
metabolic state which substantially influence the fermentation. One interesting 
example of this class is the influence of mixing intensity upon growth, product 
formation, and nucleotide leakage from various mutants of Aspergil/us niger 
which produce high levels of citric acid. As indicated in Fig. 9.21, the total bio
mass productivity increases with increasing agitation strength, but the depen
dence of citric acid production on agitation intensity is more complicated, 
exhibiting strong maxima with respect to agitation intensity for the three mutants 
considered. Parallel studies of nucleotide release as a function of agitation speed 
showed patterns which depended upon the strain. For some strains, increasing 
mixer speed gave higher levels of released nucleotides while for one strain the 
opposite and unexpected effect of decreasing nucleotide release at higher mixer 
speeds was noted. The effect of mixer speed on morphology of the mycelium for 
this unusual mutant is shown in Fig. 9.22. Here in micrographs of the organisms 
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Figure 9.21 Curves J lhrough 3 show citric acid accumulation arter seven days• fonncntation at 
different turbine agitation rates for Aspergillus niger strains S59, N233, and E81, respectively. Curve 4 
is the corresponding biomass dry weight for strain S59. ( Reprimed by perm ission from £. Ujcovil, Z . 
Fencl, M. Musi'lkova, and l. Sieclu!rl, "Dependence of Release of Nucleotides from Fungi on Fermemor 
Turbine Speed," Biorecf1. Bioeng., vol. 21, p. 237, 1980.) 

,· 

D ESIGN AND ANALYSIS OF BIOLOGICAL REACTORS 577 

~) .. A 
• h I and septation m • . howin different mycehul morp o ogy . . 

Figure 9,22 M u;rophotographs ( 400 x ) s !l R . I ,if hi' permi.uion from E. U.1c·orn, z. Fencl, 
ni11er S59 cultivated at (/1) 400 and (b) 1200 rpm!/R T";: 'of N11cle,~ides from Fu11gi m, Ferme111or 
M. Musi"lkoril, um/ L. Scicherr, .. Depe11de11ce o e ea. 
Turbine Speed," Bi111ec '· weng., · · ··• · • • I B . r·,i/ " p '37 1980.) 
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we see long, thin, and sporadically branched filaments with relatively few septa at 
low agitation speeds, while the hyphae are thicker, highly septated, and more 
densely branched and twisted at higher agitation speeds. This example points out 
that mixing intensity can have a profound effect on the organisms which in
fluence process kinetics in a substantial way. 

In the discussions and examples in this section, we have tried to indicate 
that, because of the potentially complicated response of growing cells to physical 
and chemical environment and our inability to develop a generally applicable 
kinetic model valid for all circumstances, we must be careful to recognize the 
interaction between chemical and physical environment provided in a certain 
bioreactor and the corresponding kinetic description which is appropriate and 
indeed necessary. The difficulty of reliable scale-up in cases of strong sensitivity of 
kinetic behavior to environmental fluctuations should be obvious. In such cases, 
we must look to reactor designs which provide reaction environments which are 
as well defined as possible- not necessarily uniform; this may be extremely diffi
cult on a large scale. However, by use of some of the alternative bioreactor 
configurations considered in Sec. 9.7, we can reduce the variance of mixing times 
and the degree of environmental fluctuations in order to achieve a better defined 
contacting situation for which we can seek correspondingly valid kinetic descrip
tions. Basically, we cannot expect success in rational, predictable scale-up of 
bioreactors until we have better understanding of the transport processes at sev
eral scales and the bioreaction kinetics at several levels and can then synthesize 
these to calculate accurately reactor performance. 

Example 9.J: Rcaclor mocMing and op1imiz,11ion for produclion of e1-guluc1osiduse by a Monascus sp. 
mold The enzyme ix-galaclosidase may be U$CfUI in the beet-sugar industry because it can decompose 
rnffinosc, an inhibitor of sucrose crystallization. In a fascinating series of papers, lmanaka, Kaieda, 
Salo, and Taguchi

1 
have investigated production of this intracellular enzyme by a mold they isolalcd 

from soil. Their original work deserves serious study: here we summarize some of the major results of 
their investigations. 

As a first step in t.levcloping highly productive conllnuous processes for enzyme synthesis, batch 
und continuous cultures of the mold were cultivated under a variety of conditions. We list next the 
major findings from the bati:h experiments: 

I. Among 20 different carbon sources including glucose, fruc tose, mannitol, and starch, only four 
sugars were effective in inducing high ix-galactosidase aclivity. The strong inducers arc galactosc, 
melibiosc, raffinosc, and slaehyosc. 

2. Ammonium nitrate gave more enzyme production lhan the alternative nitrogen sources urea, 
KNOJ, (NH4 )iS04 , and peptom:. The optimal NH 4NOJ concentration in the medium is be
tween 0.3 and 0.5 percent by weight. 

3. When grown in a galactosc medium, the cell mass is directly proportional lo the ix•galactosidasc 
activity. When a mi11ture of glucose and galactosc was used as the carbon source, diauxic growth 

1 
The material in this example is drawn chiefly from T . Imanaka, T. Kaieda, K. Sato, and H. 

Taguchi, ·•a-Galaclosidase Production in Batch and Continuous Culture and a Kinetic Model for 
Enzyme Production," J. Fermc/11. Tc•dmof. (Japa11) , 50:633, 1972, and T. lmanaka, T. Kaieda and 
H. Taguchi, "Optimization of a-Galactosidasc Production by Mold, II, Ill," J. Fermc/11. Tcch11of. 
(Japa11). 51:423. 431, 1973. 
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· · f I e and galac-Fi urc 9El.l Results or batch cultivation of a Mrmascus sp. mold ma ':,11xturc o g uco5., 
to;c [initia l medium composition: glucose I % (by weight), galaclose 0.3 ,., ~H•~OJ 0.5 V,,,tH2~~; 
0 5" MgSO · 7H2O 0.1 'I(,. yeast extract 0.01 o/.,] . The inoculum was grown mag ~~os~ mLe aum. 3 x 
· .'" · ~ · c calcuhtions were x = 5 x 10 4 gfmL, s, I x 10 grm , •'2 • 
m111al cond1hons used m. lh II • - 0 910 11n/ me1 cell e O units/mg cell. / Rc•pmllr!d from T. 
lo - J •m/ mL s = 011gmg cc. r.121 - · " " • l ' l 

g ' , ,, ', • I · ··· .r,, Ki11e1ic Moddji1r Cell Grm11I, mu/ a•Gaaclllsume Jmmwk,1 r!I t1/., •• Umtcm )'•.Vla/c """ J.m ''-' 
Prodllclitm i11 Mold," J . Fermelll. Tech. ( Japan) , vol. 51, p. 423, 1973.J 

b d ( Fl·,, 9EI I)· almost no galactosc is consumed until the glucose is nearly C/1• was o serve sec e • • , 

4_ ~~::~:d9EI.I also shows 1ha1 cz-galactosidase production docs ~ol slart.unli\~~c g~u~;s~i;;:;~; 
gone. Separate experiments revealed that glucose concentrations greater an • 
weight repress synthesis of the enzyme. 

• · f . d -state continuous-culture e11periments were conducted in a single 
Two d11Terenl series o stea Y • . 

1 1 
I and it was increased slowly 

CSTR. ln the first series, the dilulio_n rate was 1~111allyf al advcr~. i°wbe~;vior al each D along the way. 
· ( h·on (shifted up) with observations o slca y-s a c . 

ma stepwise as I I d . F' 9EI ., Especially interesting is the discontinuous Jump 

Th~ data ;;1 o~s~;~ci- ~r~~;:!t~his,~ilu1t1~n ra;;: galactosc is being consumed and ix-galactosidlase is 
cv1 ent al . - . : 4., h . I however both these activities stop and g ucosc 
synthesized. When D 1s increased above O.J - E .d' 

1 
th 's• •ump is a manifestation of the glucose 

alone is utilized as the mold's carbon so~rcc . . v~ cnt;hc~ }ultivatcd under relatively large specific 
effect already seen m batch culture of this organism. 

grow;h rates (large D's}, the mold preferentially feeds o_n glucose. . c I that here the CSTR 

figure 9El.3 illuslrates the results of a s!m1lar series of ~x5:;t•:c:~ :1:~; the dilution rate was 
was started up al a high dilution rate. Then, m a sc~ucncc o sno• t~e; disconti~uily occurs this time 

d d Wh 'Jc less sharp lhan the previous case, a • . . 
gradually ccrease • 

1 
. . . • duced and galactose is ass1m1• 

. d D o 008 h • 1 Below that cnllcal dilutmn rate, enzyme 1s pro . h 
aroun · · . . . . , D O 008 h - 1 This is m marked contrast to t c lated while no a-galactosidasc acllvlly Is evident ,or > · · · D 

O 14
., h " , 

• cJ 1· n was apparent up to · - · 
shift-up experimental results, where enzyme pro . uc 10 Ii ·n Fig 9EI 4 clearly shows that this 

Replotting some of the duta from the previous two igurcoos 18 . d. D . 0 14" h . , for dilution 
· · I · I · bl tcady states between D • 0. an = • - · 

system cxh1b11s mu lip c, Sia e 
5 

• • • • d d de ends upon how the reactor 
rates belwccn these limits, whether o~ not ix•galactos1~usc 1s pro ucc t~esis while shifting up will 
is started up. Shifting down into this range results m no enzyme syn • 

provide :x-galactosidusc production. , . h . . . 
1 

d I for subslrnle utilization, cell 
Based upon these and other experiments, a mat cmauca mo c_ . 'd al model c ualions in 

growth, and producl synthesis was de\clopcd. In most respects, the md1v1 u q 
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Figure 9El.2 Steady-stale cell and substrate concentrations and specific enzyme activity observed 
during gradual shift up of dilution rate for continuous culture (30°C). Initially the medium contains 
2"-;; glucose and 0.5"., galactose. /Reprimedfmm T. lmu11uku et al., "Optimi=atim1 ofa.-Galat·tosidase 
Prod11ctim1 h,1· Mold," J, Fcrmelll. Te£h. (Jupa,1 ), vol. 50, p. 633, /972./ 

Table 9EI.I arc familiar from our earlier studies: the specific growth rate µ 1 based on galactose is of 
Monod form. while the specific growth rate of glucose 111 includes competitive inhibition by galaclose. 
All the constants in these growth-rate functions were evaluated for two different media from contin• 
uous-culture experiments. Parameters labeled Gin Table 9El.2 correspond to a glucose medium (20 g 
glucose, 5 g NH4 NOJ, 5 g KH2 PO4 , I g MgSO4 -7H 2O, 0.1 g yeast extract in 1000 mL lap water at 
pH 4.5) while the p subscripls refer to a galactose medium advantageous for enzyme production (5 g 
galactose, 5 g NH4 NOJ, 5 g KH2 PO4 , I g MgSO4 ,7H 2O in IOOO mL tap water, pH 4.5). 

The model for enzyme production is based upon the opcron theory of induction, studied in 
Chap. 6. The specific rale of a•galactosidase synthesis is proportional to the intracellular concentra
tion of mRNA which codes for that enzyme. This mRNA is assumed to decompose by a first-order 
reaction and is produced provided the intracellular concentration of repressor R is smaller than a 
threshold value r,. Below this threshold value, lower r values cause increased specific rates of mRNA 
synthesis. The rcprcssor i~ formed at constant specific rate k 2 and decomposes with first-order specific 
rate k 3 r. Reprcssor concentration is also reduced by complexing with the inducer, intracellular galil~
tose. 

The rate of galactose transport into the cell is given by the term in the intracellular galactosc 
mass balance with cocmcicnl U. To take into account the glucose effect this transport term is sci 
equal to zero whenever the glucose concentrations, exceeds a critical value s 1,, which is taken to be 
2.25 x 10- 4 gfmL. 

Lilllc information 1s available for direct evaluation of the rate constants in the operon model. 
V.ilucs for /,;J ,ind k7 were assigned based on the assumption that the rcprcssor and mRNA half-lh·es 
arc 40 and 5 min, respectively. The other parameter values listed in Table 9El.2 were estimated by 
trial and error to achieve .t reasonable fit to the experimental data. 
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Figure 9El.3 Steady-state cell and substrate concentrations and specific enzyme activity observed 
during gradual shift down of dilution rate for continuous culture (30°C). Initially the medium con
tains 2 % glucose and 0.5 % gnlactosc. / Reprinted from T. lmanaka et al., "Optimization of a.-Galacto• 
sidase Production by Mold," J. Ferment. Tech. (Japan}, vol. 50, p. 633, 1972.J 
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Figure 9El.4 This replot of some of the 
curves from Figs. 9El.2 and 9El.3 displays 
steady-state multiplicity and hysteresis in 
continuous culture. Two stable steady states 
occur for dilution rates between 0.008 and 
0.142 h - 1• Which is obtained depends on 
reactor start-up. / Reprinted from T. /manaka 
et al., "Optimization of a.-Galactosidase Pro· 
duction by Mold," J. Ferment. Tech. (Japan), 
vol. 50, p. 633, 1972.J 
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Table 9El.1 Mathematical Model for a-galactosidase productionU 

where 

and 

lnlraccllulnr galactosc: 

Repressor: 

Gnlactosc-rcprcssor 
complex: 

mRNA for galaclosidase: 

Enzyme: 

Substrate utilization 

for j = I (glucose), 2(gnlnctose) 

Biomass growth 

d'C 
J, • (11, + µ2 )x 

If mu, I•~ I ,,, = ____ _;_ __ 
s1 + K 1(1 +s2/K,) 

Operon model for enzyme production 

J 
Ji (r• .'C) k1 s - k 3r -x - k4~•s21 · X + k,(rs11 )x 

J 
Ji [(rs21)x] • k4r·s11 ·x - k,(rs11)x 

(9E2.I) 

(9E2.2) 

(9E2.3) 

(9E2.4) 

fors1 < si. (9E2.5a) 

for s1 :a?: s1, (9E2.5b) 

(9W26) 

(9E2.7) 

for r, > r (9E2.8a) 

for r :a?: r, (9E2.8h) 

(9E2.9) 

: T. lmanak~, T. Kai~da, K. Salo, and_ H. Taguchi, J. Fermclll. Tee/mo/. (Japan), 50: 633, 1972. 
. Concentration vanabl~s arc .'C .. biomass, s1 "' glucose, s2 • extracellular galactosc, s:, • 
mtra~cllular galaclosc, r * mtraccllular reprcssor, (r.~2,) .. intracellular induccr•rcpressor complex, 
m • mtraccllular mRNA, and c = intracellular a-galactosidase. The remaining symbols arc kinetic, 
yield, and transport parameters. 

This_ model !s cer_tainly ?ll~active because it includes substantial structure which is heavily based• 
on_ cslabhshcd b1olog1~al prin~1plcs. On the other hand, we could object 10 the large number of 
adJustablc p~ramelcrs II contains. Several tests can be applied 10 investigate the suitability of this 
mode!. ?ne 1s _ba~ed on lhe following question: Can other models based on different assumptions but 
con1aining a s1m1~ar n~mbcr. of adjustable constants lit the data equally well'/ If so, we cannot place 
~uch _conlidc~ce in lh1s parucular form. lmanaka ct al. conducted several such 1cs1s, including cases 
m w_h,ch (I) intraccllular galaclose concentration is proportional to galactose concentration in the 
med1u~. o: ~2) repressor formation is proportional lo intracellular glucose, or (3) rate of mRNA 
formation 1s inversely proportional to conccnlralion of rcpressor. Any of these modilications in the 
model resulted in serious discrepancies with the experimental observations. 
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Table 9El.2 Parameter values for the mathematical model 
of a-galactosidase production t . . 
Entries in the right column were evaluated experimentally; the rcmammg 
parameters were adjusted to fit the batch and continuous-culture results; 
G • glucose medium, 30' C, p = galactosc medium, 3S' C. 

k, . 4oh· 1 

k1 = I mg/(mg cells• h) 
k3 = 1h- 1 

k4 = 0.1 mg cclls/(mg • h) 
k5 = I X 10· 4 h- I 

kfi = lh- 1 

k, c 8 h - 1 

k80 = 3.2787 units/ (mg mRNA · h) 
k8, = 5.0442 unitsf(mg mRNA · h) 

U "' 100 h. 1 

G1 • I mg/mg cells 
K.,2 • I x 10· 8 mg/mg cells 
s,, .. 2.25 x 10- 4 g/mL 

r, = 0.934 mg/mg cells 

µ.,,._10 • 0.21S h- 1 

11., ... le; • 0.208 h - 1 

K
1
,, • t.S4 x 10- • g/mL 

K2,, 2.S8 x 10· • g/mL 
µ,. ... , , -= 0.190h· 1 

µ., .. l = 0.162 h- 1 

K,• • t.4S x 10· 4 g/mL . .. 
K 1 • 3.07 >< to· g/mL 
Kr • 1.39 x 10· • g/mL 

Y,., - 0.530 
Y1., • 0.516 
Y1, = 0.377 
Y2, .. 0.361 

t T. lmanaka, T. Kaieda, K. Sato, and H. Taguchi, J . Ferment. Tech• 

nol., 50: 558, 1972. 
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The other tests of the model which lmanaka cl al. considered involved its ability to lit data 
collected under a wide variety of operating conditions. Indeed, this is the raison d'etre for_a com~lex, 
structured kinetic mode!. for if the model is sufficiently complete, it can be used to dctcrmm~ optimal 
operating conditions for the process. t:terc too th~ m?~e_l pcrfor~~d cxtre~C!Y_ well .. The sohd curves 
in Fig. 9El.l were computed using this model wllh m111al cond111ons as md1cated in the figure, and 

the lit is very good. 

i 10 
:., 

0 

Tim.:. h 

Figure 9EI.S Transient behavior of CSTR continuous culture following a change in dilution rate 
from D = 0.140 h- 1 10 D = 0.142 h- 1• The medium contained two carbon sources: glucose (2°:,) and 
galactose (0.5° 

0
) , Initial conditions used in the calculation were x • 1.30 x 10· 

2 
g,'ml, s, = 2.23 x 

10· • g/mL, 
3 2 

= 5.01 x 10· 5 g/ml, s21 a 2.5 µg/mg cell, r = 0.718 µg/mg cell, (rs1,l = 1.28 µg/mg 
cell, m = 1.04 x 10 · 2 µg/mg cell, e "' 0.297 units/mg cell. / Reprinted from T. /manaka ct al., 
"U11s1eady-state A11alysis 11f a Kinetic Model for Cell Groll'th and a-Galactosidcuc Prodm:titm by 

Mold," J. Fermc/11. Tech. ( Japar1) , wl. 51, p. 423, 1973./ 
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Table 9EJ.3 Optimized operatin d' · 
configurations u g con ltions for six different continuous fermcntor 

Sysrcm 
Type of 

fermentation process 

Gl,+G,12:J_ 

Jo•c 

Gl,+Gal2i_ 

35"C GJ,M 
J0·C 35'C 

GI,~ 

Jo•c 35•c 

Glu 

Op1imum 
opera ring 
condirions, 
D values in 
h I 

Specific enzyme 
activi1y. 

units/mg of cells 

Enzyme 
produc1ivi1y, 
units/(L. h) 

D • 0.142 0.325 
Shifl,up syslem 

D "' 0.121 0.500 
Shift-up system 

D1 • 0.200 

Dz • 0.250 0.293 
IJ • 0.118 

D1 .. 0.133 

Dz • 0.286 0.500 
IJ "' 0.097 

D1 .. 0.193 

D2 "" 2.342 
D3 = 0.286 
/J 0.117 

D1 • 0.178 
D2 • 0.286 
/J O.J 17 
C '"' 1.34 

D1 • 0.266 
D2 - 0.286 
lJ = 0./45 
C = 200 

0..500 

0.50() 

0.500 

554 

S59 

415 

S82 

102 

702 

870 

'T. lmanaka, T. Kaieda and H Ta h. 
I Glucose "' 2 pcrcenr, g~laclose· • ogt~ .. i• J. Ferfmhem, TechntJI. (Japan), SJ; 558, 1973. 

· .-~rccn1 o t e Iola/ medium. 
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The model equalions for an unsready•slate CSTR can be obtained simply by adding terms of the 
form D (inlet concentration- concentration in the reactor) to each of the batch equations in Table 
9El.1. Steady-state CSTR mass balances arc then obtained by setting all time-derivative terms equal 
to zero. With these equations, the solid lines in Figs. 9E 1.2 and 9E 1.3 were calculated. The hysteresis 
and jump phenomena observed experimentally arc clearly well represented by the model. As a final 
test before turning 10 reactor optimization, the model was used to compute the transient behavior or 
the CSTR following shift-up. The results predicted by the model as well as experimental data are 
displayed in Fig. 9El.5: here the agreement between measured and calculated responses, including the 
overshoot of glucose and undershoot of cell concentrations, is quite dramatic. 

With the model of Table 9El.1 thus well established, it was used to compute the enzyme 
productivity of a variety or continuous-reactor configurations (Table 9El.3). For each design, the 
volumes of the various reactors were adjusted to maximize enzyme production. The overall dilution 
rate D indicated in the table is defined as the total medium flow rate into the system divided by the 
Iota( volume of all reactors in the process. 

We shall examine a few details of systems 3 and 4. In these, as in systems 5 and 6, the basic idea 
is to grow a large cell concentration in the first part of the system using relatively cheap glucose only. 
Then a galactose medium is added al a later stage to induce enzyme production. Because enzyme 
induction takes some time, it is necessary lo take into account adaptation or the intracellular reaction 
systems in the later stage. For this purpose, the induction st~ge is treated as a completely segregated 
system, and its effluent enzyme activity is computed using E~. (9.62), which can be rewritten 

e, • I" eb(r)&'(I) dt (9EI.I) 

where eb(r) is the enzyme concentration at time r computed from the batch-reactor model. In the 
batch calculations the initial conditions used arc the concentrations in the feed to the induction stage. 

Using this procedure, the enzyme productivity ( =De,x) was computed for the two-stage system 
(3), with results shown in Fig. 9El.6. The model revealed that maximum productivity would be 
obtained with D 1 .. 0.20 h - 1

• and ellperimcnts performed under that condition showed nearly exactly 
the same Dz dependence as predicted by the model. In system 4, a bioreacror designed to approxi
mate plug-flow conditions was used for the second stage. Again, the model results (line) agreed very 
well with experimental data (dots) for this process (Fig. 9El.7). 
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Figure 9El.6 Calculated and experimental enzyme productivity in a two-CSTR continuous culture 
(System 3 from Table 9El.3). / Reprinted from T. lmanaka et al., "Oprimi=ation of 11.-Gal"<'ltlsidase 
PrtJductitJ11 i11 Multi-stage Co111i111wus Cu/111re of Mold, J. Ferment. Tedi. ( Japa11), vol. 51, p. 43/, 
/973.J 

APPX 0302

Case 1:18-cv-00924-CFC   Document 399-6   Filed 10/07/19   Page 19 of 50 PageID #: 30722



586 

Residence lime m the Soe-'>1111 vesScl, min 

BIOCHEMICAL ENGINEERING FUNDAMENTALS 

Figure 9El.7 Productivity or enzyme in a 
CSTR-tubular fermentor cascade (system 4 
from Table 9El.3). / Reprillledfrom T. lmanaka 
,,, al,, M Optimi=ation of a.•Galactositlme Pro,/11c
tio11 in Multi•staye Cmuimwus Culture ,,f 
Mold," J. Fermcm. Tech. (Jap1111) , vol. 51, p. 
43/, /973./ 

Returning now to Table 9EJ.3, we sec that well-chosen staged cultures provide substantially 
greater enzyme production than the best single process. For example, system 6 produces 55 percent 
more enzyme than the single CSTR. Clearly the availability or a sound kinetic model and the general 
tools or reactor design have here proved essential ingredients in formulating and optimizing a super
ior continuous-reaction process. 

9.4 STERILIZATION REACTORS 

Liquids, usually aqueous, can be sterilized by several means, including radiation 
(ultraviolet, x-rays), sonication, filtration, heating, and chemical addition. Only 
the last two are widely used in large-scale processes. However, small amounts of 
liquids containing sensitive vitamins and other complex molecules are sometimes 
sterilized by passage through porous membranes. In this section we shall concen
trate on design of heat-treatment processes. 

Requirements for destruction of viable microbes and viruses vary widely 
depending upon the material and its intended use. In some instances, e.g., sauer
kraut manufacture and biological wastewater treatment, microorganisms natur
ally present in the process fluid arc responsible for desirable reactions. Inhibitors 
for the growth of unwanted organisms are rapidly evolved in alcohol, vinegar, 
and silage production, so that here too sterilization requirements arc not ex
treme. Milk pasteurization involves killing most but not all actively growing 
microbes. More severe treatment of milk is not practiced because degradation of 
desired components results. Trade-offs between destruction of useful compounds 
and death of unwanted organisms play a major role in choice and design of 
sterilization and pasteurization equipment. 

Pure-culture fermentations, tissue culture, and some food products require 
more stringent measures. Essentially all contaminating microbial life must be 
excluded from the system, although the degree of "perfection" also varies some
what. Economic considerations might indicate, for example, that a contamination 
probability [I - P 0 in Eq. 7.131)) or 10- 2 is acceptable for a batch fermentation 
process. In this case we would expect I batch out of every 100 to be lost due to 
contamination. We could accept this if the loss were comparable to the cost of 
additional sterilization capacity. 

Much more severe requirements hold in the canning industry. A single sur
viving spore of Clostridium bowli11u111 may cause lethal contamination, so that 
virtually complete elimination is required. Typically, a design criterion in this 
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situation specifics that the spore survival probability I - Po be rc~uc~d to less 
than 10- 12 This example iJlustrates the importance of small dc_v1at10ns f~om 

. . I t rsion of substrate (spores and vegetative cells) mto 
;sr:~~~~~~i~;;i~: scp~;~~~ead cells) in sterilization reactors. ,:~us, _careful steril
ization-reactor design can clearly be critical. Continuous stenhzat1on processes 

are examined after analysis of the batch case. 

9.4.1 Batch Sterilization 

Let us begin by considering a well-mixed closed vol~mc containing a cell o_r 
. n The fluid is to be sterilized by hcatmg, and then cooled _t~ a 

spore suspensto • . Th cntration of surv1vmg 
suitable tefllperaturc for subsequent processmg. c cone . 
organisms resulting from this process can readily be computed startmg from Eqs. 

(7.125) and (7.126): 

d11 k - Edl ll.T41)11 (9.92) 
- ::, - dOe 
dt 

where we have explicitly included time variat_ions in the fluid temperature. Separ
a ting the variables in Eq. (9.92) and in~cgratmg, we find 

In '!2 = r" e - Edl RT(I) dt (9.93) 
n/ Jo 

where the J subscript denotes final conditions. . 
Common batch-sterilization designs include one or more of the_ following 

heat sources: steam sparging (bubpling of live steam t~rough the mcdium),;1:c~ 
lrical heating, and heating or cooling with a two-0u1d _heat excha~ger. odc:°a 
d ~ . d Humphreyt have as~ociated with each heating or_ cooling m 

oe~:~1:; time-temperature profile; these functions arc shown m Table 9.4. :he r;: ral on the right-hand side of Eq. (9.93) can be evaluated by _segm:ntat1on 

int/three intervals of heating, holding, and cooling. A tot_al of foudr mt(~gra!:i;;: 
· t t t mpcraturc and each of the three transient mo es YP , arise: cons an e 

linear, and exponential). 

Constant temperature 
llo f ,,k , - Ed/RT dt • k c e · l!.d/ RT In - "" Joe .io f 
111 o 

(9.94) 

Hyperbolic 

110 kdoa(Ei RTo) - lli.t/Rl'oJl/t,'(a +bl) 
In -= -- - 2- e 

11
1 

(a + b) 

[ { 
E [ 1 + bt b ]} ( Ed a )] 

x E2 R;o l+(a+~)t1 - a+b - E2 RToa+b 
(9.95) 

, F. H. Deindocrfor and A. E. Humphrey,•• Analytical Method for Calculating Heat Stcrilizalion 

Times," Appl. Microhiol, 7:256 (1959). 
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Table 9.4 Temperature-time profiles in batch sterilization t 

Type of heat transfer 

Steam sparging 

Electrical heating 

Steam (heat exchanger) 

Temperature-time profile 

T :a r{t.o+ I :rbr) 
hyperbolic 

T • 7;,(1.0 + ar) 

linear 

exponential 

Parameters 

hs 
a• - -

MT0C, 

s 
b •

M 

Coolant (heat exchanger) 
we' 

a -- (I _ e- UA.wc) 
MpC, 

exponential 

To - T.o b = ---
T.o 

where h = enthalpy differences between steam at sparger temperature and raw 
medium temperature (per kg steam) 

s • steam mass flow rate 
M • initial medium mass 
T0 = initial medium temperature ("K) 
q .., rate of heat transfer, kcal per unit time 
U • overall heat-transfer coefficient, kcal/ (m2,h,0 q 
A heat-transfer area, m 2 

TN "' temperature of heat source ("K) 
w .. coolant mass flow rate 
t:' .. coolant specific heat 

T,0 - coolant inlet temperature ("K) 
11 = medium density 

C, = medium heat capacity 

t After F. H. Deindoerfcr and A. E. Humphrey, Appl. Microbial., 1: 256, ]959. 

Linear increasing 

Expo11e11tia/ 

,. 

(9.96) 

(9.97) 
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where En is the exponential integral 

f 
«> e- .., dw 

E (z) =- - -
n = wn 

(9.98) 

a tabulated function available in many handbooks and computer packages. The 
result for cooling is obtained by substituting T.,0 for T,1 and using the definitions 
of a and b appropriate for cooling (Table 9.4). 

In each case, the final result yields In (nJln0), the logarithm of the ratio of 
final to initial concentrations. If, for example, electrical heating is followed by 
holding at an elevated temperature and subsequent liquid-coolant heat exchange, 
we can write the ratio of final to initial viable-cell concentrations in the form 

In n1 = In [ n1 rt/ holding) n1(electrical)] 
11

0 
n0(coolant) n0 (holding) n0(electrical) 

(9.99) 

since n
0
(coolant) = n iholding) and n0(holding) = n ielectrical). Rewriting Eq. 

(9.99) as 

In ~= In nr(c) + In nr(li) + In nJ e) 
110 110(c) 110(h) no(e) 

(9.100) 

we see that the overall result In (n 1/ 110) is obtained by adding the three appropri
ate individual solutions above, each evaluated for the particular time interval in 
that mode of operation. 

Another situation which may be usefully examined analytically is thermal 
sterilization of solids or stagnant fluids. Such processes are important from sever
al perspectives. One significant application is destruction of toxic organisms in 
sealed food containers. Also, it is necessary to minimize all viable microorgan
isms in the closed container which could decompose or otherwise spoil the prod
uct. Solid particles or microbial aggregates are often found suspended in liquids 
to be sterilized. We should recognize that these forms tend to protect organisms 
in their interior from thermal destruction and that more extensive heating is 
therefore required when such solids are present. 

Analysis of both of these processes, at least for simple container and particu
late geometries, can be reduced to a two-step recipe analogous to the procedure 
followed above. First, we solve a transient heat-conduction problem to determine 
the temperature in the solid as a function of position and time. Assuming con• 
slant thermal conductivity k, this problem has the general form 

C oT = kV2 T 
P par 

(9.101) 

where V2 is the Laplacian operator and pCP is as defined in Table 9.4. ln addi
tion to the partial differential equation (9.101), T is specified as a function of 
position within the solid at time zero, and the temperature at the external solid 
surface is known as a function of time for t > 0. 
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Considering a spherical solid, for example, the following equations must be 
solved to determine the interior temperatures fort> O: 

oT - _!;__ ..!._ f (r2 of\ 
ot - pC,r2 or or) (9.102) 

T(r, 0) = f(r) 0 :s; r :s; R (9.103) 
T(R, t) == g(t) t > 0 (9.l04) 

where r is dis~a~c~ .from the sphere's center and J and g are prescribed functions. 
If the sphere 1s 1mtially at a uniform temperature T0 , and if the surface tempera
ture T(t, R) is m~intained ~t a constant value T1 for t > O, this problem can be 
solved by separation of vanables to obtain 

, 1 L, - sm - exp - --- (9 !05) 
T(r t) = r, + 2R(7;. - To) ~ (- It . nnr ( k n2

1r
2t) 

'Irr n= 1 n R pC,, R2 • 

The temperat~re at t~e _center of the sphere (r = O) can be deduced from Eq. 
(9. !05) by taking the hm1t r-+ 0. This result is 

, t = T1 + 2(T1 - T0 ) L (- It exp - - --
,r= t pC,, R 2 (9.106) 

T(o ) en ( k n
2
n

2t) 
Figu~e 9.23 shows t~mperature distributions computed from these formula 

for a vanet! of e_lapsed times. In the context of sterilization, it is critical to note 
that there 1s a time lag between the imposition of a high temperature at the 

1.0 

0.2 

0,4 0.6 08 1.0 
r/R-

Figure 9.23 :rempernture profiles within a sphere of radius R as a function of dimensionless time 
kt/pC rR

1 
(given as a paramelcr on the curves). Initially the sphere 1cmperature is T, throughoul and 

the outer-surface temperature for r > o is T,. 0 
' 
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surface and achievement of similar temperatures everywhere within the solid. 
Consequently, the kill of organisms at the sphere's center will generally be less 
complete than near the surface. This observation remains qualitatively correct for 
many other geometries and initial and boundary conditions. While we cannot 
delve further here into the details of transient heat conduction under various 
conditions, a wealth of additional information, theory, and analytical solutions is 
available in Carslaw and Jaeger [29]. 

Once the time-temperature-position relationship has been determined, the 
resulting destruction of microbes and spores can be calculated. Two different 
design approaches have been used in the food-processing industry. In the first, 
the organism concentration at the center is considered. Since the center heats 
most slowly, presumably if the center is adequately treated, the remainder of the 
solid is sufficiently sterilized. To compute the surviving organisms at the center 
we need only insert the temperature-time function evaluated at that position into 
Eq. (9.93) and compute the integral. For this step, numerical or graphical means 
are often necessary since T(t) is usually a rather complex expression, such as Eq. 
(9.106). 

Another approach is to conduct the previous calculations many times in 
order to determine survivor concentrations at each point within the solid. Then 
by integrating these concentrations over the volume, the number of survivors or 
probability of survivors can be evaluated. Obviously, this calculation is some
what tedious although it is straightforward in principle. Consequently, several 
shortcut design procedures based on this whole-container philosophy have been 
developed for use in the food industry. Since their explanation requires substan
tial additional vocabulary and definitions, we refer the interested reader to 
Charm [30] for a thorough discussion. 

While batch sterilization enjoys the advantages of being a relatively simple 
process, it suffers from several drawbacks. One is the lime required for heating 
and cooling. Related to this disadvantage is another: the extent of thermal 
damage to desirable components. Many vitamins are destroyed by heating, and 
proteins can be denatured at elevated temperatures. While the destruction of 
these components orten follows the same kinetics as organism death [Eq. (9.92)], 
it is important to recognize that the activation energies for these undesirable side 
reactions are typically much smaller than for the sterilization "reaction." The 
values listed in Table 9.5, for example, arc less than the 50 to I 00 kcal/g mo) 
magnitudes which usually characterize spore and cell destruction. 

Since the desired reaction here has a higher activation energy than the side 
reaction, increasing the temperature has the beneficial effect of increasing the 
ratio of desired rate to undesired rate. This means that if unfavorable Browning 
reactions or damage to susceptible compounds are to be avoided, the sterilization 
process should operate at the highest feasible temperature and for the shortest 
time (HTST = high temperature, short time) which provides the necessary organ
ism death. The slow heating and cooling portions of batch sterilization do not 
achieve these objectives. Continuous sterilization, considered next, is much better 
suited for achieving HTST conditions. 
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Table 9.5 Approximate activation energies for some undesirable 
side reactions resulting from heat treatment 

Rcaclion 

Browning (or Maillard) reaction between 
proteins and carbohydrates 

Destruction of vitamin B1 
Destruction of riboflavin (82) 

Denaturation of peroxidase 

9.4.2 Continuous Sterilization 

Activation energy £, kca[/g mol 

31.2 

21.0 
23.6 
23.6 

Two basi~ types of c.ontinuou~-st~rilizer ~esigns are shown schematically in Fig. 
9.2_4. In Fig. 9.~4a, direct heating 1s provided by steam injection, with the heated 
fluid th~n p~ssmg through a holding section before cooling by expansion. The 
system m Fig .. 9:24b !eatures indirect heating using a plate heat exchanger. A 
number of variations in each type are possible with most featuring high ratios of 
heat-_exchang~ surface. to pr~cess volume. Consequently, continuous sterilizers 
prol~1dde relatively rapid heating and cooling so that HTST conditions can be 
rea 1ze . 

~wo differe~t design a~~roaches are available if we assume that the tempera
ture •.n the cont1~uous sterilizer is approximately uniform. This may be valid at 
least in the holding sections. In the first method we apply the dispersion model 

Steam 

Raw -i::=i------
medium Vacuum 

Ho111mg scdion 

Slcrilc 
mc<.lium 

(a) Continuous injcdion type 

Holding section 

Coolin!! Raw 
water medium 

(h) Continuous plate exchanger type 

Figure 9.24 Two different continuous sterilizer 
designs: (a) direct steam injection (b) plate heal 
exchanger. ( Reprinted from S. Aiha, A. £. 
Humphrey a11d N. F. Millis, "Biochemical £n-
11i11eeri11g," 2d ed., p. 257, U11iversity ,if Tokyo 
Press, Tokyo, 1973.) 
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described earlier. After c in Eqs. (9.81) to (9.83) has been identified with n, we 
take r1" = -kdn; then the organism concentration throughout from the tubular 
reactor with dispersion can be determined analytically. The resulting value of n at 
the sterilizer effluent is given by 

n(L) 4y exp [Pe/2] 
-;;;;- = (1 + y)2 exp [(Pe)(y)/2] - (1 - y)2 exp [ -(Pe)(y)/2] 

with 

Y = (i + 4~aY'
2 

where here the Damkohler number Da is defined by 

kdL 
Da=

u 

(9.107) 

(9.108) 

(9.109) 

For small deviations from plug flow (Pe- 1 small), Eq. (9.107) reduces to the 
simpler form 

n(f.:2 = exp (- Da + Da2) 
n0 Pe 

(9.110) 

These solutions are conveniently displayed as a plot of remaining viable 
fraction n(L)/n0 vs. the dimensionless group Da for various values of the Peclet 
number (Fig. 9.25). From this plot we can see that, as Pe - oo so that ideal plug 
flow is approximated, the desired degree of medium sterility can be achieved with 
the shortest possible sterilizer. Consequently, the flow system should be designed 
to keep dispersion at a minimum. 

If flow through the isothermal continuous sterilizer cannot be well repre
sented with the dispersion model, we can make use of general RTD theory. It is 
difficult to think of a better example of a completely segregated reactor than a 
suspension of cells or spores subjected to heat treatment. Consequently, provided 
back diffusion of organisms into the sterilizer feed line is negligible, we can com
pute the effluent surviving-organism concentration n using Eq. (9.62). Rewriting 
this equation in terms of organism concentration, we have 

n - t ",,b(t)rf(t) dt (9.11 l) 

where t (r) is the RTD of the continuous sterilizer. Recalling that nit) is the 
organism concentration at time t in a batch sterilizer with nb(O) = n0 , we can use 
Eq. (7.125) in Eq. (9.11 l) to obtain 

(9.112) 

In some instances evaluation of the right-hand side of Eq. (9.112) is facilitated by 
noting that it is formally identical to the Laplace transform of 8 with the usual 
Laplace transform parameter s replaced by kd. 
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Before leaving the topic of continuous sterilization, we should mention its 
several advantages in addition to the HTST feature already discussed. First, 
continuous processing typically requires less labor than batch operations. Also, 
continuous treatment units provide a more uniform, reproducible effluent than 
batch sterilization. This is extremely important in the food industry, where small 
changes in treatment can change the taste of the product. 

When practiced in the fermentation industry, batch sterilization is usually 
done in the fermentor itself (in situ). Heating and cooling rates here depend upon 
the surface-lo-volume ratio of the fcrmentor, and this ratio in turn usually 
changes during scale-up. The sensitivity of sterilization effects on organisms and 
medium components lo eqtilpment size can be reduced by using continuous ster
ilization. If continuous sterilization is used, it is not necessary to design the 
fermentor also to fulfill the requirements of a good batch sterilizer. 

Of course there arc some drawbacks to continuous sterilization: direct 
steam heating can add excess waler to the medium, and he~u exchangers used for 
indirect heating or cooling can be fouled by suspended solids. Also, continuous 
sterilization tends to cause foaming of fermentation media. Additional details on 
the operation trade-offs of sterilizers are available in Ref. 33 of Chap. 7. 

9.5 IMMOBILIZED BIOCATAL YSTS 

Performance of a bioreactor depends directly and critically upon the properties 
of the biocatalysts employed. Earlier, we discussed different ways in which en
zymes can be applied to provide useful catalytic functions. Also, we have already 
examined genetic modification of cells in order to improve their productivities for 
desired compounds. Now, before investigating additional reactor types, we must 
introduce another form of biocatalyst application. 

Our main topic in this section is immobilized cell catalysis. The central fea
ture of immobilized cell systems is the use of some confining or binding structure 
to constrain the cells in a particular region of the reactor. As we have already 
seen for immobilized enzymes, such immobilization methods for cells may in
volve entrapment in or attachment to small particles or might be achieved by use 
of larger-scale barriers to cell transport. 

Before considering methods to achieve cell immobilization and some of the 
experiments conducted to date with immobilized cell catalysts, we will review 
some of the motivations for cell immobilization. One benefit of cell immobiliza
tion is attainment of higher cell densities than in suspended cell systems. There 
are several other additional reasons for using immobilized cells in batch bioreac
tors. Some mammalian cell lines grow only if attached to a surface. For these 
types of cells, immobilization is a rule rather than an option. Second, immobi
lized cells can be used as the basis for specific electrodes to measure concentra
tions of nutrients, metabolites, drugs, and toxic chemicals in bioreaclors and in 
other process and clinical contexts. In addition, immobilization can be used lo 
control cell morphology and broth rheology. By confining microbial growth to 
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the interstices and surfaces of su ort . 1 properties of the broth are rela~~el paw~ e~ the rheological and mass-transfer 
during the batch process as occur y _we e ned an_d do not change as much 
Cell immobilization offers continu~u:,t~ som~ org~msms durin~ batch growth. 
genetic drift and also allows in som p ocess1~g without organism washout or 
~emoval of reaction inhibitors. As :i~:s::hcon_tmuo~~/eparation of product and 
immobilization may be appreciable a d er ,mmo I ized catalysts, the costs of 
tages. n may more than offset these cited advan-

In the case of continuous-flow biore t h . . 
lized cells is to extend the time which t:~ ors, t ~ mot1v~t1on for using immobi-
employed to accomplish a desired h . c~talyt1c funcllons of the cells can be 
quence. In contrast to immobilized ~n=~ca reacti~n . or ch~~ical reaction se
can be used to achieve a broad t y ~ catalys~s, 1mm~b1hzed cell catalysts 
tially in complexity. As sketche~p: ~~md~ cataly_t1c f~nct1ons ~arying substan
catalytic activities can be classified b e ~agram m Fig. 9.26, immobilized cell 
remains active and which i·s appl" d t aseh_ upon the level of metabolism that 

. ie o ac ,eve proces b" · 
used m a suspended state and I th s o ~ect1ves. When cells are 
ongoing growth of cells is re u~:;; . e reactor with the effluent stream, some 
increase in washout dilution ~te t order_ to prevent washout. Indeed, the 
discussed earlier in this chapt ac ieved with cell concentration and recycle 
. . . er represents a macro · r: • 
immob1hzation. By this means the th h scopic iorm of partial cell 
a way that is partially decoupl~d fro r~~g put of the process can be increased in 
cells are completely retained within ; e rate o~ growth of the organisms. If the 
of catalytic complexity diagrammed i e ;7ac~o;6 owever, t_he complete spectrum 
there is no requirement for growth Inf: ig. . m~y possibly be available since 

. n act, growth IS often undesired in some of 

Complete network-
cell growth and 
division 

j 
Maintena nce reactions: 
no cell division 

i 
Sor_ne pathways, 
active cofactor 
regeneration 

j 
Single or multiple 
enzymes 
( no cofactor regeneration) Figur~ 9._26 Levels of reaction network complexity encoun

tered tn immobilized cell catalysis. 
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these cases since growth can lead to reduced yields and since accumulated cells 
can cause mechanical and flow disruptions in the reactor. 

The simplest level of catalysis provided by immobilized cells is activity of one 
or several enzymes but without any involvement of cofactors. Here, the immobi
lized cell essentially serves as an immobilized enzyme catalyst, with the entire cell 
used in order to minimize treatment and processing costs in formulating the 
immobilized enzyme catalyst. However, possible difficulties with extra mass
transfer resistance provided by the cell envelope and with degradation of the 
desired enzyme by intracellular proteases must be considered in such applica
tions. On the other hand, some enzymes may be stabilized by remaining in their 
native cellular environment. 

Next, a nongrowing immobilized cell system can provide catalysis through a 
multistep pathway involving cofactor utilization and regeneration. In principle, 
so long as all cofactors, enzymes, substrates, and regenerating chemicals are pres
ent, there is no reason why associated synthetic reactions and cell growth need 
to occur. If the desired cofactor-using pathway already exists in an organism, it 
may be advantageous to consider using the existing functional pathway rather 
than attempt to engineer a different type of cofactor utilization and regeneration 
process. 

In the next level of catalytic complexity considered, biosynthesis and main
tenance reactions occur, but there is insignificant cell growth and cell division. 
Finally, the most complicated situation is the one in which the full metabolic 
network is active and the cells are growing and dividing. This case arises, for 
example, in the immobilized cell batch applications mentioned earlier. It might 
also be employed in a continuous reactor context as a means of regenerating the 
biocatalyst, since some organisms do not respond well to a nongrowth environ
ment and lose activity rapidly under such conditions. As we shall see later in 
examples, alternating reaction conditions between one of the less complex cata
lytic levels and full growth conditions is a useful strategy for obtaining extended 
catalyst service. 

There are two different advantages in using a catalyst which carries out the 
desired functions without a large number of additional reactions. First is the 
consideration of yield. Clearly, if a substrate can be converted stoichiometrically 
to a certain product by action of a specific microbial pathway without concomi
tant growth of cells or production of other end products, yields will be increased. 
Another potential advantage is higher overall reaction rate. The characteristic 
times to achieve significant conversion of a substrate increases dramatically as 
one progresses from the simplest, single enzyme level in Fig. 9.26 to the most 
complex, full-growth state. In the former situation, rates are characterized by 
rates of single enzyme-catalyzed steps, with time scales on the order of minutes, 
typically. On the other hand, cell doubling times, which characterize the complete 
network reaction time, are in the range of hours to days for all but the most 
rapidly growing bacteria. Thus, as one moves up the ladder of metabolic com
plexity displayed in Fig. 9.26, the residence time required in the reactor to 
achieve substantial substrate conversion will also in general tend to increase 
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significantly. Therefore, it is a substantial potential advantage to be able to use 
the enzymes and cofactors needed to accomplish a particular conversion and to 
design the reactor residence time accordingly. 

With this background framework in mind, we turn next to formulation and 
characterization or immobilized cell catalysts, after which some examples illus
trating the spectrum of catalytic possibilities with these systems will be examined. 

9.5.1 Formulation and Characterization of 
Immobilized Cell Biocatalysts 

In this section, we review methods which have been applied to immobilize cells 
and the characteristics of the resulting catalysts that are important in different 
process contexts. Entrapment in polymeric networks is the most commonly ap
plied method for cell immobilization. Table 9.6 lists different mechanisms which 
have been used to form the entrapping network. By far the most widely used cell 
entrapment method involves ionic cross-links in a layer or bead of alginate, a 
natural polysaccharide material. The gentleness of this gellation procedure, in 
contrast to chemical polymerizations, results in much higher initial viability of 
the immobilized cells. Fig. 9.27 illustrates schematically one protocol for prepara
tion of spherical calcium-alginate beads containing immobilized cells. 

When selecting a network entrapping method and the particular conditions 
applied to formulate the network, the resulting properties of the immobilized cell 
catalyst must be considered. Some of the major parameters of process interest are 
listed in Table 9.7. Both the chemical and mechanical characteristics of the net
work can influence its permeability to substrates, inhibitors, products, and other 
medium components. The mechanical properties of the network may constrain 
the type of catalyst particle geometries that are possible. Compressibility and 
other attributes of mechanical strength are much more important in large-scale 
practice than in laboratory study. Many of the polysaccharide beads commonly 
applied in laboratory research because of their biocompatibility are not well 
suited for large-scale application because of their high compressibility which lim
its the utility of these materials to shallow columns. Similarly, particles which are 
impact sensitive are not suitable for use in contacting schemes such as agitated 
slurry reactors in which the catalyst beads must withstand exposure to collisions 
without substantial attrition or breakage. 

Table 9.6 Polymeric networks used for cell immobilization 

Network formation 

Precipitation 
Ion-exchange gclation 
Polycondcnsation 
Polymcriza lion 

Cross-links 

Nonspecific 
Ionic 
Covalcnt-heteropolar 
Covalenl•homeopolar 

E:>tamplcs 

Collagen, polystyrene, carragccnan 
Al-alginates 
Epoxy resins 
PAAm, PMAAm 
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45 m LB% (w/v) alginale solution 
JO g cells (w wt) 

2% w/v 
CaCl2 solution 

Biocatalyst 
beads 

H,O wash 
3Cimin 

................. •·· ........ . . _ ........................................... · ........... . ... . .. ... . .. . ....... . . .. . .. . .. . . ....... . .. . . . . .. . . ........ . . . .. . .. . . ...... . ... .... .... . ......... . 

Drying 20h 

JO min . ·.:-·.: ................ • ......... . 
·: :·:: :·:.·: ·::: ·::: ·:: :·::: ·:: 
: :--:::- -: : :--::: : . ·. -:::- -: ::--::: 
·.=:.•.::;.=:: =::.=::.::;. 
0.1 M Al 2(S04h solution 

' ,9 

Figure 9.27 Summary of one protocol for entrapping cells in alginate beads. 

Table 9.7 Important parameters of polymer 
networks used for cell entrapment 

Mechanical 

Pcnneability 

Geometry 
Compressibility, strength 
Shear sensitivity 

Chemical 

Toxicity 
Hydrophobic/ philic 
Ionic composition 
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The ch_emical properties listed may influence catalyst activity direct) 
through_ action. on the cell's metabolic controls and indirectly by influence on th~ 
local m1croenv1ronment of the cells. For example ,·r the p I · k . . . , o ymenc networ con-
t~ms to~1c. chemicals: _degradations in cellular activities can be expected. The 
charge, ~~me comp?s1t1on, and hydrophobicity of the network may all influence 
t_ e p~rt1t1on coeffi_c,ents of reaction mixture components and alter the concentra
tions. m co~tact with t~e cells relative to the concentrations delivered in the bulk 
reaction mixture solution at the exterior of the catalyst particles. 

Another method of cell entrapment is entanglement in convoluted or porous 
structures. C:ompresse~ stainless steel screens have been used to support the 
g~owth of micro~rgamsm~. Also, mold spores inoculated into autoclaved beads 
~ porous filter aid material have been used as an inoculum for batch fermenta
tions_. Cells have also been entrapped within the macroporous regions in asym
metric hollow fibers. In addition to these local entrapment methods we sho Id 
rem~mber that complete or partial cell entrapment can be achieved ~n a mac~o
scop~c scale by use of cell separation and recycle to the reactor. Alternatively 
relat1vel_y small substrates and products may be added to or removed from a c 1i 
shuspen,1s1on thro_ugh a dialysis or other type of ultrafiltration membrane placed ~n 
t e ce suspens10n. 

1 
Many different types of cells have been immobilized by adsorption or cova

_ent att_a_ch~ent to the surfa_ces of various solid support materials. Examples of 
immobihzation ?' cells ~angmg from bacteria to mammalian tissue cells on nat-
ural and synthetic materials are summarized in Table 9.8. Further inr t' 
these and th . bT . iorma mn on . o er 1mmo 1 1zat1on methods may be found in the general im b. 
hzed ~ell ref~rences listed at the end of this chapter and in the specific refe::c~; 
associated with the examples presented next. 

Table 9.8 Examples of cells immobilized by 
attachment to surfaces 

Cells Support 

Adsorption adhesion 

E. coli, Cl. ace1oht1tyliL'Um 
Asp. ory:ac 

Streptomyces 

Lactohacilli, yeast 

S. carlshergemis 

Pse11Jomonus sp. 

Tissue cells 

Ion exchange resin 

Modified cellulose 

Modified Scphadcx 

Gelatin 

PVC 

Anthracite 

Polysaccharide 

Covalent bonding 

B. sr1hti/i.f 

E.coli 
Agarosc and carbod1imide 

Ti(IV) oxide 
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9.S.2 Applications of Immobilized Cell Biocatalysts 

In this summary of examples illustrating the different levels of immobilized cell 
catalysis, we shall proceed from the simplest to the most complicated situation. 
By immobilizing whole cells which have been suitably permeabilized [by treat
ment with lytic enzymes, by exposure to alcohols or dimethylsulfoxide (DMSO)], 
individual enzymes in approximately their natural environment may be immobi
lized for continuous process use. Many such immobilized enzyme/immobilized 
cell catalysts have been prepared and some are now in commercial use. This 
strategy for enzyme immobilization has the advantage of being relatively simple 
compared to isolation of enzyme from the cells and subsequent immobilization, 
and, perhaps of greater practical significance, this method may enhance immobi

lized enzyme stability. 
Shown in Fig. 9.28 is experimental data on deactivation or aspartase and 

rumarase enzyme activity in immobilized E coli cells and in suspended intact 
cells. For both enzymes, loss or activity is greatly retarded in the immobilized cell 
formulations. There is a possibility that some of this apparent stability may be 
due to mass-transfer limitations as was discussed in Sec. 4.4; that is, if the immo
bilized enzyme/cell catalyst is operating under severely diffusion-limited kinetics, 
observed deactivation will be substantially slower than actual deactivation. How
ever, in this particular system, further experiments by Chibata and colleagues 
point to a true stabilizing effect of enzyme retention in the native cellular envi
ronment. Intact £. coli cells were sonicated and the soluble and precipitate frac
tions were subsequently separated and immobilized. The aspartase activity in the 
immobilized soluble fraction decayed much more rapidly than the aspartase ac
tivity in the immobilized precipitate fraction. Furthermore, intact cells treated 

IOU 
Aspartasc I 1,z = 120 days 

. o ,~ 
b 
~ 
u 
"' "" = 50 ·= ;;; 
e 
'-' 
0:: 

0,'-, ----"""1'-o-----,J2oc,.....---~:m,,......---......J,41,,...,--

1ncuba1ion time at 37°C, days 

Figure 9.28 Comparison or deactivation or aspartasc and rumarase in suspended cells and in immobi
lized cells ( Reprinted by permission frnm I. Cliihara ( ed.), .. lmmohili:ed En=ymes," p. 140, Kodansliu 

Ltd., Tokro. 1978./ 
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with solubilizing agents for membrane-bound enzymes (deoxycholate or Triton 
X-10~) yield~~ pr_ecipitate and soluble fractions which both lost activity rapidly 
a~ter_ 1mmob1hza!10~. Th~se experiments suggest that aspartase is stabilized by 
binding or association wtth cellular membranes or granules. However, it should 
be n~_ted. that the opp~site effect has been observed in whole-cell ~nzyme im
mob1hzat1on. Glucose 1somerase in perineabilizcd immobilized cells of some 
organisms loses activity more rapidly than the same enzyme isolated from the 
cells. This phenomenon has been attributed to proteolytic attack on the enzyme 
by intracellular enzymes. 

The subject of intracellular hydrolytic activities is very important across the 
entir~ spectrum of immobilized cell applications. As discussed in Chap. 6, cells 
require for efficient function certain intracellular hydrolytic activities. Loss of 
enzyme activity by intracellular hydrolysis as well as loss of cellular membrane 
and transport integrity by other dcgradative processes clearly play key roles in 
determining the useful lifetime of an immobilized cell catalyst. Greater under
stand!ng _of these intracellular dcgradative processes, along with other types of 
deactivation events due to protein unfolding and membrane damage due to 
chemical attack from medium components, is required in order to optimize the 
cells genetically and to formulate the best immobilized cell preparation and cor
responding reactor configuration and operating conditions. Indeed, we should 
not~ her~ p_arenthetically that decades have been invested in developing useful 
strains wJthm the context of suspended cell cultivation and that long-term efforts 
may be needed to achieve the genetic modifications required to yield especially 
useful organisms for immobilized cell applications. 

At the next level of catalytic complexity is multistep bioconversion involving 
~ofactor use and r~gencration. The most widely studied systems of this type 
involve transformation of glucose to economically important end-products in 
anaerobic environments. Glucose conversion to ethanol by immobilized yeast 
(Sa(cliaromyws cerevisiae) or bacteria (primarily Zy1110111011as mobifis) have been 
studied extensively, and at least one process based upon immobilized cell bioca
talysis has been demonstrated at pilot scale (34). 

Studies of glucose to ethanol conversion using immobilized cells originated 
with investigations of continuous brewing, in which highly flocculent yeast 
strains permit retention of cells which could be effectively immobilized in a 
fluidizcd-b7d reactor (Sec. 9.6.4). Subsequently, yeast immobilized by adsorption 
on _a gelatm film, and by entrapment in K-carragecnan, alginate, or polyacryl
am1de have been reported. Experiments with a column of Saccharomyces 
car~sberyensis cells immobilized in K-carragcenan showed a startup transient'• 
period of around seven days after which the concentration of viable cells in the 
gel was constant as were the effiuent glucose and ethanol concentrations. 
Subsequent process improvements have lead to increased product concentrations 
exceeding 100 g cthanol/ L. 

The Kyowa Hakko Kogyo Company of Japan has announced a pilot-scale 
process for ethanol production using immobilized yeast cells in fluidized-bed 
reactors (Sec. 9.6.4). the flow sheet for this process is given in Fig. 9.29. Results 
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Air 

Fermented broth 

Cooling water Fcrmcntor 

figure 9.29 Process schematic ror ethanol production using immobilized yeast [34]. 

of three months of initial trials include production of 8.5 '1/,, v/ v of ethanol from 
diluted cane molasses feed (14 ~0 glucose concentration) at 30"C at a space ve~oc
ity (volume feed . volume gel - 1 • h - 1) of 0.4 to 0.5 h - 1. Sugar-t~-~thanol yield 
was 95 °1'. of the theoretical maximum and the ethanol product1V1ty based on 

11 
l t total column volume was ca 20 g L - h - . 

A more complicated situation arises in conversion of glu_cose to acetone, 
butanol and ethanol using the bacterium Clostridium acetobury/zcum. and relate_d 
strains. This organism possesses a complex regulatory sys!em ~or its catabohc 
pathways, details of which remain incompletely understood m spite o~ long expe
rience with this organism in traditional suspended culture fermentations. Under 
certain environmental and cell states, organic acids are the primar~ end-products 
of glucose metabolism, while in other situatio_ns the desir~d orgamc solve~ts are 
produced. Consequently, this is a more comphcated and ~1fficult system than the 
glucose to ethanol conversion accomplished by_ ~cas_t, smcc h~rc we ~ust con-
sider how to manipulate the final product selcct1V1ty m the desired fashion. . 

The feasibility of continuous, long-term bioconversion of glucose to organic 
solvents has been demonstrated in research by Forberg and coworkers (35~. In 
this study, Cl. acetob11tylicu111 entrapped in calcium alginate _gel was fe~ with a 
glucose medium which lacked essential growth fact~rs. lntermitte~tly, at mtervals 
starting at two to four hours and subsequently increased to eight hour_s, the 
culture was fed a complete growth medium in order to rcgcnc~ale de_act1vated 
catalyst. Using this operating strategy, which combines the mult1step btoconver
sion, nongrowth operation with brief intervals of full cell growth, stable _opera
tion of the system for an interval of eight weeks was reported. Ov~rall biomass 
production was greatly suppressed and the yield of butanol per umt amount of 
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Table 9.9 Comparison of butanol formation yields and productivities for 
immobilizedt and suspended' cells of C/ostridium acctobutylicum 

Yrix Yr,,s rfp 

( g bulanol ) 
g cells (dry wl) 

(g butano) 
g glucose 

ebutano) 
L -day 

Growing immobilized cells (full medium) 1.3 1.9 0.11 

Immobilized cells (inlcrmillcnt dosing of full so 0.20 16.8 
nutrient medium) 

Batch cult urc, suspended cells 3.6 0.19 6.9 

1 C. Forberg, S.-0 . Enfors, and L. Haggstrom, Eur. Appl. Microbiri/. Biotech. 17: 143, 1983. 
1 A. R. Moreira, D. C. Ulmer, and J.C. Linden, Biotec/1. Bioeng. Symp. no. 11: 567, 1981. 

glucose consumed was increased significantly relative to a comparison case in 
which immobilized cells were exposed to full growth medium. Listed in Table 9.9 
are representative parameters of the immobilized cell experiments with full 
growth medium, for immobilized cells with intermittent dosing of growth me
dium alternating with only conversion medium, and results from a conventional 
batch fermentation using the suspended bacterium. 

While further research and development is needed to improve the immobi
lized cell system, this example clearly indicates the opportunity for altering 
kinetic and stoichiometric behavior by appropriate choice ot cell formulation and 
medium manipulation, providing additional options for engineering manipula
tion and optimization of a biocatalytic process. 

These fermentation examples introduce the challenging problem of gas trans
port in immobilized cell catalysts and associated reactors. Here we shall consider 
only the local problem of transport in the catalyst. Suppose that the bioconvcr
sion can be described stoichiomctrically as a single chemical reaction and that 
the transport of substrate S and product P in the catalyst can be characterized by 
effective diffusivitics D, and DP, respectively. It is easy to show using the govern
ing material balances and boundary conditions on the catalyst that the concen
tration of product er and concentration of substrate c, within the catalyst 
formulation arc related by the following equation, in which a denotes the number 
of moles of product formed for each mole of substrate consumed 

aD, 
er = Cro + D (c,0 - c,) 

r 
(9.113) 

Here subscripts O denote conditions at the external boundary of the catalyst. 
Several useful observations can be made simply by setting c, equal to zero and 
calculating thereby, based only on stoichiometric and transport considerations, 
the maximum level of product concentration which can be obtained in such a 
catalyst. 

This simple equation has important ramifications in cases of gas consump
tion and production. First, supposing that the substrate is a sparingly soluble gas 
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such as oxygen, we see from Eq. (9.113) that only a small incre~se in pro~uct 
concentration can be expected in reaction in a single catalyst particle. Cons1~e~
ing now the case of formation of a moderately soluble gas such as CO2: 1t 1s 
evident that, using a highly soluble substrate such as glucose, a conc7ntraUon of 
CO

2 
may be obtained within the catalyst which exceeds the s~tu_rat1on concen

tration giving rise to nucleation and growth of gas bubbles w1thm the catalyst. 
This phenomenon has been reported to cause severe mcchanic~I . difficulties in 
immobilized cell reactors, resulting in bursting of networks contammg entrapped 
CO

2
-producing cells and of cartridges containing yeast cells immobilized in hol-

low fibers. 
Accordingly, we have problems with limitations on product formation for 

sparingly soluble substrates and with removal of sparingly. soluble produc~s. 
These concerns dictate use of small thicknesses of catalyst m order to avoid 
ineffective use of interior catalyst in the case of a sparingly soluble gas and in 
order to avoid excessive buildup of sparingly soluble products in that situation. 
This short catalyst thickness can be achieved either by use of small particles or 
by formulation of the catalyst so as to contain supported cells or entrapped cells 
only in a thin outer film on the outer surface of a large~ particl~ or object which 
facilitates mechanical retention in the process. Addressing requirements for sup
ply and removal of sparingly soluble compounds is a major consideration also at 

the reactor design level. . . 
Interestingly, experimental studies of ethanol product1o_n from gl~c~se usm~ 

immobilized yeast have indicated different overall convers1_on_ rates m. 1!11mob1-
lized cells compared to suspended cells incubated under ~1m1lar cond1t1ons: In 
some of these investigations, diffusion limitations and their effects are possibly 
implicated, but enhancements in specific rates of ethanol production ?f the ord~r 
of 30- 50 percent have been observed in carefully controlled compans?n. ex~en
ments under identical reaction conditions and with no mass-transfer hm1tat10ns. 
Alteration in local water activity by the presence of the supporting matrix ~r 
surface has been hypothesized as one cause of such phenomena. Other posst• 
bilities include altered chemical microenvironments due to the support as men-

tioned earlier. 
However it would not be surprising to encounter substantial metabolic ad-

justments to ~he unusual environments which cells encounter in ~he immobili~ed 
state. Binding or adherence to a solid surface may be recogmzed by spec,_fic 
receptors on the cell which alter metabolic function. Similarly, interference with 
normal morphological development by multipoint bindi~g. to a surfa~e, by fibers 
of the entrapment matrix, or by cell-cell contact may ehctt !11etabohc responses 
not evident in relatively unconccntrated suspended cell envtronme~ts. Fu~t~er
more, certain extracellular products will be present in such dense 1mmob1hz_ecl 
matrices at much higher concentrations than in suspended. eel! sys_tems. Cer!am
ly, we might expect that microbial cells ordinarily funct1onmg m a _relatively 
independent state may exhibit altered catalytic propert_ies when grown_ t~ a more 
dense tissuelike form in an immobilized cell preparation. Therefore, 1t 1s neces
sary ;0 characterize carefully the intrinsic kinetics of immobilized cell catalysts 
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Table 9.10 Examples or biosynthesis processes conducted by immobilized cells 

Substrates 

Glucose, inorganic 
ammonia, metal ions 

Pantothenic acid, 
cyslcine, ATP, 
Mgso. 

Glucose medium 

I •,;; pcplonc medium 

I •,. meal ex tract, 0.05 ':-
0 

yeast extract medium 

LB broth 

Immobilized cells 

Cory11ebauerium 
glutamicum' 

Brevibacterium 
ammrmiagenes' 

Pcnicil/ium 
chrysoge11um1 

Bacmus sp (KY 451S)' 

Bacillus subtilis 
FERM-P No. 20401 

Esc/rericlria coli C600 
(pBR322)1 

1 Entrapped in polyacrylnmide gel. 
1 Entrapped in hollow-fiber membranes. 

Product Comments 

Glutamic acid 15 g product/ Lin 144 h 

Cocnzyme A 500 µg product/ml 

Penicillin 1.5 units ml - 'h • 1 

Bacitracin 16- 19 units ml - , 

a-Amylase 15,000 units/ml 

/1-Lactamase I x IO" 11 unils/cell/h 
8 units/ml/h 

and to anticipate possible kinetic alterations due to immobilization. Kinetics 
based upon suspended ~ell studies under identical conditions may not be applica
b~e. Eve~ more_ ~~mphcatcd cellular adjustments in terms of morphology and 
b1~chem1c~I act1vtt1es can be expected as we consider more complicated biocata
lyt1c functions. 

In vie~ of the c?mplexities and early stage of development of immobilized 
cell catalysts for multtstep conversions, it is not surprising that relatively little has 
~een done ~o fa~ on use of immobilized cells to achieve biosynthesis of metabo
h~es and ~tolog_ical po_l~mers. Features of some of the experimental studies of 
b1osynthes1s by 1mmobthzed cells are indicated in Table 9.1 O. In some cases there 
~as little cell growth, while in other cases, intermittent full growth mediu~ feed• 
mg was. employed to extend useful activity of the cells. Full cell growth was 
allowe~ m some of these st~dics. Of course, if the cells arc growing at some finite 
rate, either washout or lys1s of cells must occur at a rate which balances the 
growth ra~e in order to maintain a steady-state level of functioning cells. In the 
case of animal cells cultivated on solid surfaces, regulatory mechanisms built into 
the cells arrest growth approximately at the stage of monolayer development and 
switch t~e metabolism of the cells from growth to product formation. There is 
much sttll t_o be learned to achieve the feasible ideal of immobilized cell systems 
for synthesis of complex products at high yields and high rates in continuous 
reactors. 

9.6 MULTIPHASE BIOREACTORS 

Under many circumstances it is approximately valid to treat biorcactors which 
almost always contain multiple phases in the form of cells, low solubili~y sub-
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strates or products, gas bubbles, or catalyst particles, as effectively homogeneous. 
There arc several situations, however, in which it is important to take the multi
phase nature of the reactor contents into account when designing the bioreactor 
or analyzing its performance. Our focus in this section is on such reactors and 
some of the approaches which may be applied to describe them conceptually and 
mathematically. 

9.6.1 Conversion of Heterogeneous Substrates 

Bioreactors containing heterogeneous substrates are encountered in utilization of 
starch and cellulose particles, in conversion of steroids, and in growth on paraf
finic hydrocarbons. In such cases, we must establish or make assumptions about 
the location of the reaction- with the major possibilities being either at the phase 
interface or in bulk solution using a very small amount of dissolved substrate. In 
some cases both situations arise. For example, digestion of cellulose particles 
begins by 'adsorbed cellulase enzymes followed by conversion of glucose in 
solution by microorganisms. In reactors involving heterogeneous substrates, !he 
intcrfacial area per unit reactor volume is typically a central parameter which 
depends on substrate pretreatment in some cases and most directly upon reactor 
operating conditions in others. The following example of microbial growth on an 
insoluble carbon source provides a specific illustration of the different types of 
considerations which arc frequently necessary in analysis, design, and operation 
of such reactors. 

EX11mple 9.2: Agitoted-CSTR design for a liquid-hydrocarbon fermentatio_n1 Some microorg~nisms, 
e.g., the yeast Ca,1dida lipolytica, will grow on dodccane and other paraffinic hydrocar~ons _which arc 
practically insoluble in water. Two alternative mechanisms have been proposed ror microbial growth 
al the hydrocarbon-aqueous-phase interface; {I) cells (characteristic diameter D,) much smaller than 
dispersed hydrocarbon droplets (diameter D.) cluster around the paraffin drops; on the o~hcr hand, 
(2) ir D. • D, we may presume that droplets adsorb onto the outer surraccs of the rclat1vcly large 

microorganisms. . . . 
The closing observations in Sec. 8.4 on aerated microbial hydrocarbon fcrmcntallons indicate 

that the adsorption and flocculation relations between air bubbles, cells, and hydrocarbon droplets 
change over the course of a batch fermentation. For a continuous process, however, we may expect_ to 
operate in one particular growth mode, thus u single bubble-cell-hydrocarbon droplet configuration 
may be predominant, rendering quantitative description easier. 

Moo-Young ,ind coworkers have considered these two situations and have propos~d t~~ follow
ing modified Monod growth-rate equations which include the effect of surface-a rea ava1lab1h1y: 

Case I, D, <t D• 

(9E2.I) 

1 Drawn from M. Moo-Young, "Microbial Reactor Design ror Synthetic Protein Production," 

Ca11. J. Chem. E11g., 53: 113, 1975. 
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F" 9 · . 1gure El. I This double-reciprocal plot of exper-
imental data for growth rates of C 1· I . . . • 1po ytrca yeast 
~n dodccane is cons1sten1 with the model assum
ing hydrocarbon droplet attachment to m· • 1croor-
gamsms. ( Reprinted from M M v 
"M' b' I · oo-,oung 

rcro ,a Reactor Design for Synthetic Prot . • 
Production " C J C'h em • an. · em. Eng. vol 53 p 1/3 
1975. ) ' ' • · • 

Case II, D, :1> D0 

s/ (D0)2 
µ • µ 

mH K; + s/ (D0)2 (9E2.2) 
where K ' and K" • . • , are modified K values As th L • 
cxpenmental data for the C /ipolyli;a dode. e meweaver-Burk plot in Fig. 9E2.I indicates 

Equations useful for CSTR desi~n ca~a: sJ:!:: support the ~eco_nd hypothesized mechanism'. 
persed _hydrocarbon drop size (Chap. 8). If the diameteped by relating mput agitator power lo dis• 
determined by shear at the impeller-tip re . th r D~ of t_hc substrate hydrocarbon droplets is 

gion, e correlauons m Example 8.2 predict that 

o . ... c -
(

P) • o• 
V (9E2.3) 

which was found to fit the experimental data o . 
formula into Eq. (9E2.2) yields f this Sludy when C • 0.023. Substitution of this 

s(P/V)o.1 
µ = µ 

mu K;' + s(P/ V)°·8 (9E2.4) 

Using this specific growth rate in th 'd I 
feed c i ca CSTR model with constant yield factor gives for sterile 

and 
Y[ 

DK;' (P)•o.a] X • s0 -- _ 
µm .. - D V (9E2.5) 

K '" 
Dm• 1ou1pu1 • µ s 

(p)o" 
. K';' + So V 

Figure 9E2.2 shows the biomass produc1ion rate D 
as Eqs. (9E2.5) and (9E2.6) clearly show th . x computed using Eq. (9E2.5). Those plots as well 

I • ' e importance of c 'd · · . • 
ca react1o~s and Ruid mechanics in the desi d . ons1. enn~ mteracllons between biologi• 

In spite of the changing ad t' gn an. analysis of microbial reactors. 
S sorp ion patterns m batch h d b 

cc. 8.4 and Fig. 8.14 a model assuming th h y rocar on fermentations referred to in 
droplets adsorb conti~uously on the h d abt I e cells of C. lipolytica growing on hydrocarbon 
· Y rocar on-droplet su rfac ·1 

gives some agreement with batch-ferment 1· d e un11 a cell monolayer is formed 
p k "G a ion ata (See L E E · k A ro op, rowth Models of Cultures with Tw L. 'd p . . nc son, . E. Humphrey, and A. 
Phase," Biorcch. Bioeng, JI: 449, 1969). 0 iqui hases. I. Substrate Dissolved in Dispersed 

(9E2.6) 
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Figure 9E2.2 Biomass productivity for liquid• 
hydrocarbon fermentation as a function of di
lution rate and agitator power input per unit 
volume P/V (hp/m3

) . 

Columns packed with immobilized biocatalyst particles currently enjoy several 
applications and additional uses are expected. In such reactors, which are called 
packed-bed or fixed-bed reactors, immobilized enzymes are used for glucose 
isomerization, for selective penicillin hydrolysis, and for selective reactive separa
tion of racemic mixtures of amino acids. Many immobilized cell systems have 
also been examined in packed-bed configurations. 

The simplest and often quite useful description of packed-bed reactor perfor
mance uses a plug-flow reactor model modified to account for the influence of 
the packed catalyst on flow and kinetics features. The superficial flow velocity 
through the reactor is equal to the volumetric flow of the feed divided by the void 
cross-sectional area which is the total cross-sectional area times the void fraction 
t. The appropriate rate expression for use in the tubular reactor material balance 
is based upon use of effectiveness factors as described in Chap. 4. For example, 
considering a single reaction S _. P with intrinsic rate v = v(s, p) the rate of 
product formation per unit volume of immobilized biocatalyst pellet at a point in 
the reactor is: 

v I = 11(s,, p,)v(s,, p,) 
ovcro II/unit volume of pellet 

(9.114) 

wheres, and p, arc the substrate and product concentrations at the exterior pellet 
surface at that position inside the reactor. In general, the effectiveness factor ,,, 
which accounts for intraparticle diffusion, and the rate expression v depend upon 
both s, and p,, as indicated. 

If mass-transfer resistance between the bulk liquid phase and the pellet sur
face is next examined, a steady-state material balance on substrate over the pellet 
gives for a spherical catalyst pellet of radius R: 

Rate of substrate diffusion out of bulk liquid 
= rate of substrate disappearance by reaction within pellet 
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or 

4nR2k,(s - s,) • 11tR317(s,, p,)v(s,, p,) (9.115) 

With this equatio~ a~d reaction stoichiometry, s, and P, can be evaluated in 
;~r~~)of ~he b~lk hqu1d concentration s. Substituting these expressions into Eq. 
. · t en g1~es the total rate of substrate disappearance per unit volume of 

catalyst p~l.lcts m terms ?f the bulk fluid substrate concentration. 
b d In, wrllmg the matenal balance on a differential slice of the plug-flow packed
e reac,tor, we ,must rcm~mber that bulk fluid exists only in a fraction r. of this 

volume and catalyst particles occupy a fraction 1 _ r. of th' l Th 
strate c t c • · is vo umc. e sub-

I oncen r~ mn s used m this equation is the concentration per unit fluid 
vo ume. Accordingly, the material balance on substrate becomes 

11 :; = - ( 
1 ~ ') 17(s,, p,)v(s., P.,) (9.116) 

where, as noted ~bo~e, the quantities on the right-hand side can be evaluated in 
tcrdms ofds, allowmg mt~gration of Eq. (9.116) for given values of feed substrate 
an pro uct concentration. 

. ~he situation i~ ~reatl~ simplified if intraparticle and external mass-transfer 
r~s1stances are neghg1ble, smce these conditions imply I/-+ I and ~ . 
lively In s h · •••-+ s, respcc
. . . . uc . circumstances,_ th~ governing mass balances can be integrated 
analytically, with results as md1cated previously in Table 9 2 i I fl 
reactors. · or P ug- ow 

As mentioned earlier in connection with our discussions of the d' · 
model for flow . t fl 1spers1on 

. . . re~c ors, ow around the particles in a packed bed and mixin in 
the mterst1taal voids of the reactor create a small amount of ba k · · ;. h 
may cause deviations from ideal plug-flow behavior In these case; t::xd1~g w .1c 
model with dis . ffi . . , 1spers1on 

. pers1on coe 1c1ent evaluated as discussed earlier or a tanks in 
series model may be applied. The effect of a small amount of dis crsion - • 
reactor ~erfo~mancc.r~lat!vc to ideal plug-flow behavior was discusselalread ~~ 
~onn~ct'.on with stenhzallon _reactors. Other approaches to mathematical mo~el
mg. o packed-bed systems with different levels of backmixing and different inter
actions between the fixed and flowing phases arc available in the cl1a I 
references. P er 

9.6.3 Bubble-Column Biorcactors 

By d~~bblc-colu?1n bi~rcactors we mean reactors with large aspect ratio (height 
to . iamcter ~allo) which take the form of columns instead of more squat tanks 
?pi~al of agitated vessel~. Also, in such reactors, mixing is supplied entirely by 
orcmg compressed gas mto the reactor which then rises through th r 'd 

Reactors of t~is type have been used for many years in the chemical ~n~~~t1r. 
bec~use 0 ~ their advantages of relatively low capital cost, their simple mechanicJ 
con_ gurati~n, and red~~ed .operating costs based on lower energy requirements 
While relatively unfam1har m the biological processing industries, tower bioreac~ 
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tors have been used on a large scale for beer production and for vinegar manu
facture. Also, related tower designs are essential clements of very large scale 
processes which have emerged for cultivation of microorganisms (single-cell pro
tein or SCP) for use as animal feed . 

In some cases a single column, which may contain internal plates or even 
agitators in some or all stages, is used. The reactors may be used in a batch mode 
or operated continuously with cocurrent or countercurrcnt flow of liquid relative 
to the rising gas. In several recent designs, called air lift or pressure cycle reac
tors, an external loop is used to provide fluid circulation. Such loops have the 
advantages of permilling high efficiency heat exchange, a major need for large
scale microbial cultivation on paraffinic or methanol substrates. Also, the circula
tion loop enhances definition of the flow and mixing properties in the vessel. 
Properties of bubble columns with and without external loops and single or 
multiple stages have been extensively investigated and described in a series of 
studies by Schiigerl and colleagues [36, 37]. Herc we shall only introduce some of 
the concepts which can be applied to formulate equations for designing such 
reactors and for analyzing experimental data obtained in such systems . 

We saw in Chap. 8 that for a sufficient density of rapidly growing aerobic 
organisms, the overall growth rate is typically limited by the rate of oxygen 
transfer from the gas bubbles into the liquid phase. Analysis of this limiting rate 
process requires knowledge of liquid and gas mixing within the tower. Studies on 
air- water sparged columns without any recycle loops have shown that if (a) gas 
flow rates are large relative to the liquid and (b) column height L and diameter 
d, are of similar magnitude, both liquid and gas phases arc well mixed. Con
versely, for the more typical long columns, Eq. (8. t I 5) gives the column height 
L( =z there) to obtain a desired amount of 0 2 transfer. 

For the integrated form (8.115) to be valid, it is necessary to maintain the 
interfacial area factor a nearly constant along the tower. This in turn requires 
that the gas remain in bubbling flow. Air- water experiments reveal that the gas 
bubbles rising through the liquid will coalesce into slugs if the gas volume frac
tion 1; exceeds a critical value r.m••• which is roughly 0.3. The requirement that the 
gas volume fraction remain less than cm .. can be translated into a design specifi
cation for column diameter by noting that any point in the tower 

ttd2 
Fa = Ital: / (9.117) 

where Fa and Ila are the gas volumetric flow rate and linear velocity, respectively. 
We may reasonably assume lie, is the terminal velocity 11, of a single gas bubble in 
a stagnant liquid and that Fa is roughly the same as the feed gas flow rate F Gf• 

The latter assumption is rationalized on the grounds that 0 2 consumed from the 
bubbles is at least partially replaced by CO2 • Under these conditions Eq. (9.117) 
reveals that 1: is smaller than i:m .. so long as 

(9.1 I 8) 
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which can be used to estimate sizing of the tower. Not considered in this elemen
tary analysis is rising bubble growth due to reduction in hydrostatic head. This 
may increase u, and, in the extreme, cause a transition to cap-shaped bubbles. 

Other means of providing small gas bubbles throughout the tower include 
insertion of perforated plates and/or impellers or other internal devices. These 
internals break up any coalesced gas slugs and thereby preserve a large gas
liquid contact area. Further details on alternative mechanical designs for bio
reactors are presented in Sec. 9.7.3. 

Figure 9.30 illustrates schematically the conceptual framework applied to 
formulate a 2-phase mathematical model for a concurrent flow tower-loop reac
tor (airlift bioreactor). In the tower section on the right-hand side, two-phase 
flow of gas and lqiuid occurs. After gas separation at the top of the column, a 
liquid stream is recycled through the loop on the left to the bottom of the reactor 
which is also the point of gas sparging into the system. The system is described 
by treating the liquid and gas as separate phases which ascend the tower section 
with different linear velocities uL and uG, respectively. The volume fractions occu
pied by liquid and gas are designated &Land &G, respectively, and these values are 
determined from use of gas holdup correlations or measurements. Superimposed 
on bulk convective axial transport in plug flow is axial dispersion in both the gas 
and liquid phase with different dispersion coefficients. Substrate and oxygen utili
zation occurs due to microbial reactions in the fluid phase and oxygen is depleted 
from the gas phase by virtue of oxygen transfer into the liquid. 

Examining now a differential slice of the tower section between position z 
and position z + dz (see Fig. 9.30b), we can derive the following material 
balances on oxygen concentration in the liquid phase and oxygen mole fraction 
in the gas phase by extensions of the methods already illustrated for treating 
steady-state plug-flow reactors. The final forms of these mass balances are given 
by 

Liquid phase 

iJc1(z, t) D ( ) iJ
2
c1(z, t) ( ) iJc1(z, t) ( ) ---= I l j)l - U1, l - i)-- - rl X, S, c1, Z, t iJt z z 

+ k1(z, l)a(z, t)[c1(z, t) - c1(z, t)] (9. I 19) 
Gas phase 

iJxg(z, t) iJ ( iJxg(z, t)) 
p(z, t) iJt = Dg(t) iJz p(z, t) iJz 

a ( RTc (t)) 
- 0_ p(z, t)xg(z, t)uG(z, t) - -M-...!c - - k1(z, t)a(z, t)[c1 (z, t) - ci(z, t)] 

., 02BG(l) 

(9.120) 

Combined with analogous material balances for substrate consumption and cell 
growth, and similar balances for the liquid phase in the recycle loop, these equa
tions can be used for description of unsteady-state mass-transfer experiments, 
batch operation of the bioreactor, or steady-state and dynamic behavior of the 
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tower bioreactor with continuous feed and product removal. Extensive experi
mental studies and parameter evaluation for this model are described in Ref. 37. 

9.6.4 Fluidized-Bed Bioreactors 

Fluidized-bed reactors generally are column geometries as considered in the last 
section and, if gas supply or removal is involved, require consideration of gas 
flow and mass transfer similar to those just discussed. However, in a fluidized
bed reactor an additional catalyst phase appears. 

In a fluidized-bed tower reactor like the one shown in Fig. 9.31, liquid !lows 
upward through a long vertical cylinder. Heterogeneous biocatalyst particles 
(flocculated organisms, pellets of immobilized enzymes or cells) are suspended by 
drag forces exerted by the rising liquid. Entrained catalyst pellets are realeased at 
the top of the tower by the reduced liquid drag at the expanding cross section 
and fed back into the tower. Thus, by a careful balance between operating condi
tions and organism characteristics, the biocatalyst is retained in the reactor while 
the medium flows through it continuously. 

Fluidized-bed biological reactors are considerably more complex that the 
CSTR and PFTR varieties so far examined. For example, in tower fermentors 
used for continuous beer production, there is a gradient of yeast floes through the 
unit. Near the bottom, the organism concentration (centrifuged wet weight per 
weight of broth) may reach 35 ° 0 , while the yeast concentration drops to 5 or 
10 °0 at the top of the tower. Moreover, there is a progressive change in medium 
characteristics along the reactor. Easily fermented sugars (glucose, fructose, suc
rose, some maltoses) arc consumed first, near the feed point, thereby lowering the 
medium density. In the middle and upper portions of the tower, the yeast floes 
ferment maltotriose and additional maltose. This scenario of rapid initial fermen
tation followed by slower reactions involving less desirable substrates is con
sistent with the experimental data shown in Fig. 9.32. 

A rudimentary model for such fluidized reactors can be developed by assum
ing that (l) the biological catalyst particles (microbial floes or immobilized
enzyme pellets) are uniform in size, (2) the fluid-phase density is a function of 
substrate concentration, (3) the liquid phase moves upward through the vessel 
in plug flow, (4) substrate-utilization rates are first-order in biomass concentra
tion but zero-order in substrate concentration, and (5) the catalyst-particle 
Reynolds number based on the terminal velocity is small enough to justify 
Stoke's law (recall Example l.l). Assumptions (4) and (5) arc reasonable for 
many applications, and ( l) to (3) may be adequate approximations. · 

Under these assumptions, the substrate conservation equation follows the 
form of Eq. (9.15): 

or 

d(s'!] = - kx 
dz 

els dtt 
11 - + s - = - kx 

dz dz (9.121) 

DESIGN AN!.' ANALYSIS OF BIOLOGICAL REACTORS 615 

Figure 9.31 A tower fermentor used for contin
uous brewing. ( Co11ru:sy of A. P. V. Co., ltd. } 

For Stoke's !low, the concentration of the suspended biomass can be related to 
the liquid How velocity in a fluidized bed by 

x = p{l -(E)t/4.6] (9.122) 

where Po is the microbial density on a dry weight basis and u, is t_he terminal 
velocity of a sphere in Stoke's llow (Eq. (8.34)). (Should the dry-we1gh1 or we_t
weight biomass density be used in the terminal-velocity formula?) Note t~at 1_n 
the context of the fluidized bed we assume that local biomass concentration 1s 
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slower ut1hzat1on rates. f Repri111ed from R. N. Gree11.Shiclc/ and £. L. Smith, "Tolt'er-Ferme111u1;011 Sy.riems um/ Their Applic:utio11S," The Chemic:a/ £11gineer, May 1971, /82.) 

dictated entirely by hydrodynamic factors rather than the biochemical-reaction
~etabolism features emphasized for other reactor types. Substituting Eq. (9.122) 
mto (9.121) leaves two unknowns, sand u as functions of position z in the tower. 

We complete the model by applying Eq. (9.15) to total mass (r = 0) to 
reveal 1 

d 
dz (pu) = 0 (9.123) 

Expanding (9.123) and using p = p(s) gives 

p(s) du + (u dp) ds _ 0 dz ds dz (9.124) 

To cas_t the model in standard form suitable for numerical integration, we may 
now view Eqs. (9.121) and (9.124) as simultaneous algebraic equations in the 
unk~owns ds/dt and du/dz. Solving this algebraic set, which need not be written 
out m full here, gives ds/dz and du/dz in terms of s and 11: a set of two simulta
neous differential equations to be integrated with the initial conditions 

F 
s(O) = s1 u(O) = 111 = ~ (9.125) 

A1 
wh~re A 1 !s the tower cross section at the bottom. The effluent substrate concen
tration s~ 1s s(z = L). 

All this is much si°:1pli_fied if we a~sume that whatever fluid density changes 
?ccur do n~t affect II stgmficantly. With II independent of position, Eq. (9.121) 
mtegrates directly, with the result 

(9.126) 
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where x from Eq. (9.122) has been inserted and L is the tower height. Such linear 
dependence of substrate concentration on mean reaction time L / 11 is apparent in 
at least portions of Fig. 9.32 (if we also assume a linear relationship between s 
and p). 

Unfortunately, however, the data in Fig. 9.32 suggest that our most serious 
error in this model is lumping of many substrates: the various sugars consumed 
during the anaerobic alcohol fermentation have been grouped together into a 
single hypothetical or average substrate in our model. In doing this, we have no 
way to include the glucose effect, which plays a very important role in the opera
tion of continuous tower fermentors for brewing. 

It is usually desirable to attempt to maintain plug flow of the reaction mix
ture through the fluidized bed. Instabilities in the flow patterns within the bed 
can in some situations cause significant backmixing which results in deterioration 
of reactor performance. Increased backmixing is more likely as the reactor capac
ity increases by increasing diameter and as the fluid-How rate through the reactor 
is decreased. In many instances in biological fluidized-bed reactors, relatively 
small fluid linear velocities are necessary because small catalyst particles are used 
and the density difference between the Huid and the catalyst particles is low. Also, 
lower fluid velocities give greater catalyst concentrations in the reactor. It has 
been shown that insertion of static mixing elements into a fluidized-bed bioreac
tor can substantially improve the bed expansion characteristics and reduce unde
sired Huid backmixing [44]. 

Since packed-bed reactors provide a closer approximation to plug-How, the 
question may arise as to the advantages and motivations for use of fluidized-bed 
bioreactors. One major consideration in this connection is contacting of the reac
tion mixture with gases. It is very difficult to provide effective aeration of packed
bed reactors at significant scale, and, in cases where gaseous products such as 
CO2 are produced, to prevent excessive buildup of gas in later portions of the 
reactor. A ftuidized-bed reactor provides a less constrained flow environment for 
gas- liquid- solid contacting and mas& transport. Providing good gas and liquid 
supply to biocatalysts is also a major advantage of trickle-bed reactors, our final 
topic in this section. 

9.6.5 Trickle-Bed Reactors 

Trickle-bed reactors are three-phase systems containing a packed bed of hetero
geneous catalyst and flowing gas and liquid phases. One (or more) reactant is 
provided in each feed liquid and gas phase, so that biochemical reaction depends 
on contacting of liquid, containing the sparingly soluble reactant from the gas 
phase, with the catalyst surface. Accordingly, the performance of such reactors is 
substantially influenced by the physical state of gas- liquid How through the fixed 
bed and by the associated mass-transfer processes. 

The important physical characteristics of such a reactor are the surface area 
of the packing, the efficiency of wetting of the catalyst by the flowing liquid 
phase, the gas- liquid How pattern, mass transfer of sparingly soluble reactants 
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from the gas to the liquid phase, mass transfer of both reactants to the catalyst 
surface, and, in the case of a porous or permeable catalyst, diffusion of reactants 
to the intraparticle catalytic sites. 

One of the first applications of trickle-bed bioreactors which remains in prac
tice today is the trickling biological filter used for wastewater treatment. In this 
system, which is described in more detail in Chap. 14, a rotating distributor 
sprays the liquid waste stream over a circular bed of gravel on which microbial 
films adhere. The liquid trickles down and through the packed bed in approxi
mately laminar flow, while air rises through the bed by natural convection due to 
heat generated by the microbial reaction. A very similar operating design has 
been used for manufacture of vinegar (biological oxidation of ethanol to acetic 
acid) in a rectangular column packed with wood chips. For such a laminar liquid 
flow case, assuming a simplified geometry such as a plane sheet, a detailed model 
of the flow and transport processes can be formulated and solved. This problem 
is addressed further in the case study presented by Atkinson (5]. 

In applying biocatalysts in industrial practice, other trickle-bed reactor con
figurations involving cocurrent upflow or downflow of the two phases can be 
employed. Such reactors have long been used in the petroleum and petrochemi
cal industry for hydrocracking, hydrotreating, and other multiphase reaction 
processes. When specifying operating conditions and formulating design models 
for such reactors, it is important to remember that, depending upon the gas and 
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liquid flow rate (and to some degree on other properties of the fluids), a broad 
spectrum of two-phase flow regimes ranging from continuous liquid phase with 
dispersed bubbles to continuous gas phase with dispersed droplets or mist can be 
obtained (Fig. 9.33). Also, an unstable How regime in which pµlses of gas and 
liq4id alternatively pass as slugs through the reactor is evident. The regions in 
Fig. 9.33 labelled pilot plant and commercial plant arc taken from experience in 
petroleum processing. Some bioreactor operating regimes involve slow air flow 
rate. In trickling-filter biological waste treatment, for example, the small exother-
111icity of the reaction drives aeration upftow by natural convection. 

The types of reactor models applicable here resemble those considered earlier 
in this section. Typically, the system is divided conceptually into a solid phase in 
contact with a covering liquid film in contact with the gas phase. This is a direct 
extension of the two-phase bubble-column already mentioned. Then, transport 
between and through the phases is considered along with any diffusion limita
tions on reaction rates. An excellent case study illustrating engineering treatment 
of a biological trickle-bed reactor has been reported by BrifTaud and Engasscr 
based on their studies of a trickle-flow fixed-film biorcactor for conversion of 
glucose to citric acid [ 46]. 

As is always the case in selecting a certain reactor configuration, many de
sign, construction, and operating properties must be considered. Table 9.1 I lists 
the comparative advantages and disadvantages of trickle-flow, stirred-slurry, and 
sparged-slurry-column or fluidized-bed reactors for achieving three-phase con
tacting and reaction. 

Table 9.1 I Comparison of design and operating characteristics of 
different three-phase reactor cQnfigurations. 
( Reprmte,I h1· permi.fsirm from J. F. rn11 ,le Vu.ue um/ J A. 1Yrssdi11yh, M M11/tiplmsL· 
Rcu,·wr.t," p. 561 in "Chemicul Reuuim1 £11yi1lt'eri11y : S11rvq Papers'' (4th llltemu
titmul/61/, £11rnpe1111 SJ111posi11111 ,m Chcmiwl Rcucti,m £11yit1L'<'ri1111 ), DECH£/IIA, 
Frimkf11rt, 1976.J 
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9.7 FERMENTATION TECHNOLOGY 

In order to gain some appreciation of different practical aspects of bioreactor 
design and operation and the process context in which such reaction processes 
occur, we shall consider in this section some aspects of industrial practice in use 
of microbial bioreactors (which are traditionally called fermentors). Our primary 
emphasis will be on standard materials and methods used in batch-fermentation 
processes. At the close of this section, we will examine some of the alternative 
reactor designs which have been evaluated in small scale and in some cases have 
been implemented on extremely large scales. 

Figure 9.34 is a schematic illustration of the important components of a 
typical fermentation process. Selection of a suitable medium has already been 
mentioned (Sec. 7. I .2), as have means of sterilizing it (Sec. 9.4) and any necessary 
gases (Chap. 8). Additional comments on medium formulation are provided in 
the following section. Although some influences of the inoculum on process be
havior were discussed in Chap. 7, the microbiological problems eqcountered in 
this step require further investigation here. Section 9.7.2 will conc~ntrate on the 
design of the fermentation vessel itself. Instrumentation and control are examined 
in Chap. IO; cell and product recovery operations are considered subsequently in 
Chap. 11. 

9.7.l Medium Formulation 

A variety of factors must be considered when formulating a fermentation me
dium. One relates to cellular stoichiometry and the desired amount of biomass to 
be produced. The basic concept here is simply a material balance: during the 

Medium 
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Figure 9.34 The basic operations in
volved in a typical aerobic formenta
tion. 
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course of cellular growth, small organic and inorganic molecules such as glucose 
and ammonia are converted into biomass. Nutrients (reactants) must be provid
ed in sufficient quantities and proper proportions for a specified amount of bio
mass (products) to be synthesized. Computation of the necessary amounts of 
various substrates clearly requires knowledge of the product (biomass) composi
tion. Typical elementary compositions of several different microorganisms were 
listed in Table 5.10. Also important in medium formulation is provision of neces
sary minerals (Table 9.12). 

Once the elemental requirements have been calculated, choices still remain of 
the chemical compounds used to supply the necessary elements.Many commer
cially important microorganisms are chemoheterotrophs whose energy and car
bon needs are satisfied by simple sugars. Instead of purified sugars, crude sources 
such as beet, cane, or corn molasses (50 to 70 percent fermentable sugars) are 
frequently used as carbon and energy sources in industrial fermentation media. 
In some instances process wastes like whey and cannery wastes provide cheap yet 
satisfactory carbon sources for fermentations. For example, one type of food 
yeast is grown commercially using a byproduct of papermaking, sulfite waste 
liquor, which contains about 2 percent fermentable hexoses and pentoses. 

A variety of possible nitrogen sources are available including ammonia, urea, 
and nitrate. If the microorganism produces proteolytic enzymes, however, it can 
obtain necessary nitrogen from a variety of relatively crude proteinaceous 
sources. Among the possibilities for such crude sources are distiller's solubles, 
cereal grains, peptones, meat scraps, soybean meal, casein, cereal grains, yeast 
extracts, cottonseed meal, peanut-oil meal, linseed-oil meal, and corn-steep Ji. 
quor. Especially important in penicillin fermentation media, corn-steep liquor is a 

Table 9.12 Inorganic constituents of different 
microorganisms 

g/100 g dry weight 

Element Bacteria Fungi Yeast 

Phosphorus 2.0- 3.0 0.4-4.S 0.8· 2.6 
Sulphur 0.2- 1.0 0.1 · 0.S 0.01 -0.24 
Potassium 1.0-4.S 0.2 2.S 1.0-4.0 
Magnesium 0.1-0.5 0.1 -0.3 0.1 0.5 
Sodium 0.5- 1.0 0.02-0.5 0.01 -0.1 
Calcium 0.01- 1.1 0.1 1.4 0.1 -0.3 
Iron 0.02- 0.2 0.1 -0.2 0.01 -0.5 
Copper 0.01- 0.02 0.002-0.01 
Manganese 0.001- 0.01 0.0005•0,007 
Molybdenum ............ 0.0001 -0.0002 

Total ash 7~21 2-8 5- 10 

1 From S. Aiba, A. E. Humphrey, a nd N. F . Millis, Bio• 
chemical Engineering, 2d c:d., p. 29, Academic Press, Inc., New 
York, 1973. 
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concentrated (50 percent solids) aqueous waste resulting from the steeping of 
corn to make corn starch, gluten, and other products. 

We have mentioned in earlier chapters that some microorganisms require an 
external source of some amino acids and growth factors. Other microbes which 
do not have a strict requirement for such medium adjuncts are frequently more 
productive if nonessential growth factors and nitrogen and carbon sources are 
provided. In industrial practice growth factors are typically provided by some of 
the crude-medium components already mentioned, e.g., corn-steep liquor or yeast 
autolysate. Similarly, these crude preparations often supply many of the minerals 
necessary for cell function. Other minerals arc added to the medium as necessary. 

When product formation is the major objective of a fermentation, precursors 
may be added to the medium to improve yield or quality. Generally the precur
sor molecule or a closely related derivative is incorporated into the fermentation 
product molecule. Specific examples of precursor applications include benzoic 
~cids for production of novobiocins, phenylacctic acid for manufacture of penicil
lin G, and 5,6-dimethylbenzimidazole for vitamin B12 fermentation. In addition 
to these well-defined precursors, crude media components like corn-steep liquor 
may also provide useful precursor compounds. 

Additional detail on selection and formulation of fermentation media are 
given in the References. We now turn our attention to other aspects of fermenta
tion technology. 

9.7.2 Design and Operation of a Typical 
Aseptic, Aerobic Fermentation Process 

While common features arc evident among most commercial fermentation pro
cesses, significantly different process designs as well as operating practices arise, 
often as a result of varying sensitivity to contamination by undesirable organ
isms. If it is necessary to avoid any intrusion, the fermentation must be operated 
on an aseptic basis so that a pure culture is maintained. In some situations, e.g., 
yeast growth at low pH or fermentation of hydrocarbons by carefully selected 
bact~r!al str~ins, aseptic precautions can be relaxed somewhat since operating 
cond1t1ons discourage growth of many potential contaminants. 

This section will concentrate on aseptic practices since they impose the great
e~t de~ands on the ingenuity and thoroughness of the biochemical engineer. Our 
d1scuss1on follows the general sequence of events in the operation of a batch 
fermentation, beginning with development of an inoculum from a stock culture. 

Preparation of an inoculum requires careful proliferation of relatively few 
cells to a dense suspension of from I to 20 percent of the volume of the produc
~ion fe~me~tor. This involves a stepwise procedure of increasing scale. The start
m~ po~nt 1s ~ sto~·k c11lt11re, a carefully maintained collection of a particular 
m1cro?1al strain. Smee the strain may be the result of extensive screening and 
mutation searches and may constitute a significant competitive advantage in the 
industry, it is imperative that the integrity of the production species be preserved. 
The usual strategy for achieving maximal genetic stability in a stock strain is to 
minimize its metabolic activities during storage. Microorganisms are usually 
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maintained in the desired dormant state by lyopltilizatio11 (freeze-drying) of a 
liquid cell suspension or by thoroughly drying dispersions of spores or cells on 
sterile soil or sand. Highly mutated stock organisms arc frequently susceptible to 
back mutation and other types of undesirable genetic instability. Thus, constant 
checks on stock cultures are essential. 

If we take lyophilized culture as an example, the next step in inoculum 
preparation is suspension of the cells in a sterile liquid. A drop of this suspension 
is then transferred to the surface of an agar slope or slam, made by solidifying a 
sterile nutrient medium in an inclined test tube using agar, a polysaccharide 
derived from seaweed. After incubation to obtain sufficient growth, the cells are 
again suspended in liquid and added either to a larger agar surface in a flat-sided 
Blake or Roux bottle or transferred to a shake flask . These flasks are agitated in 
machines which shake them in rotary or reciprocal patterns to promote sub
merged growth with adequate transport of gases to and from the organisms. 
Several successive steps with increasingly larger flasks usually arc required before 
proceeding to the next step. All the transfers described above must be accom
plished under sterile conditions. Rooms especially designed to permit sterilization 
and maintenance of aseptic conditions and controlled temperature arc used in 
the fermentation industry for these delicate operations. 

Further proliferation of the culture is next accomplished in one or more seed 
vessels, small fermentors with many of the instrumentation and control systems 
typical of large production units. Conditions in these reactors are chosen to 
maximize growth of the culture. 

Since at this point we have moved from conditions typical of a microbiol
ogy laboratory into the plant environment, it is well to pause and consider some 
of the special design features required to maintain aseptic conditions. First, the 
system must be arranged to permit independent steriliza tion of its components. 
As an example of the extreme care this requires in design and operations, con
sider the problem of transferring the inoculant from the seed tank to the produc
tion fcrmentor. The schematic in Fig. 9.35 illustrates the required services and 
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(b) 

Figure 9.36 ( Continued) 
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sequence of events. All valves in the system must be easy to maintain, clean, and 
sterilize. For these reasons ball valves are quite popular. Several other general 
principles of aseptic process design are shown in Fig. 9.35. Specifically, all vessel 
connections should be steam-sealed: no direct connections between sterile and 
nonslerile portions of the system should be allowed. Maintenance of a positive 
pressure on the system ensures that leakage will be outward rather than inward. 

The physical characteristics of a typical commercial fermentation vessel are 
shown in Fig. 9.36. These vessels arc usually constructed from stainless steel to 
minimize corrosion problems and contamination of the fermentation broth by 
unwanted metallic ions (recall the discussion in Sec. 5.9.2 on the influence of 
iron ions in the citric acid fermentation). Care must be taken here and elsewhere 
in the overall process to avoid dead spaces, crevices, and other niches where 
solids resistant to sterilization can accumulate and where microbial films can 
grow. All-welded vessel construction with polished welds helps to minimize these 
problems. 

The agitator assembly is designed to meet the mixing and aeration require
ments already discussed in Chap. 8. Special attention to the design and mainten
ance of the aseptic seal is essential to avoid contamination. Although only one 
impeller is required in laboratory-scale fermentation, several may be necessary in 
a large commercial vessel. 

Typically only 70 to 80 percent of the vessel volume is filled with liquid, with 
a gas space occupying the top portion of the tank. Often the combined action of 
aeration and agitation of the liquid promotes the formation of a foam on the 
liquid surface, especially if the medium contains high concentrations of peptides. 
Foam impedes gas mass transfer from the broth to the head space, forcing foam 
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out of the vessel and contaminating the system when collapsed foam reenters the 
fermentor. ln Fig. 9.36, a supplementary agitator located in the head space serves 
to destroy the foam. For especially persistent foams, chemical agents called anti
foams are added to the broth. These compounds destabilize the foam by reducing 
surface tension. As noted in Chap. 8, the interfacial characteristics of antifoams 
can decrease the rate of oxygen transfer. 

Several functions can be served by the heaHransfer coils within the vessel. lf 
the medium is to be sterilized batchwise within the fermentor, these coils must 
have adequate capacity for the necessary heating and cooling. The heat-exchange 
system must also be able to handle the peak process load, which includes the 
combined etTects of microbial activity and viscous dissipation from mixing (Sec. 
8.10). Typical heat.transfer coefficients for uninoculated medium are about the 
same as for water, while a dense mycelial broth may exhibit a coefficient more 
typical of a paste. 

Fermentation in the production vessel may take from less than 1 day to 
more than 2 weeks, 4 to 5 days being typical of many antibiotic manufacturing 
processes. During this interval, operating conditions must be carefully main
tained or varied in a predetermined manner. More details on this operating 
practice will be provided in Chap. 10. Nevertheless, i! should be evident from the 
general review already given that aseptic fermentation is an expensive, time
consuming proposition. Obviously, loss of product from one batch cycle can be 
extremely costly, so that the previous emphasis accorded sterilization is well 
taken. 

9.7.3 Alternate Bioreactor Configurations 

A number of factors, summarized in Table 9.13, hayF motivated development of 
new types of bioreactors. Many of these factors were encountered in the develop
ment by ICI of an extremely large-scale SCP process. This reactor has a total 
volume of 2300 m

3 
(a column of 7-m diameter and 60-m height within an etTec

tive reactor volume of 1560 m3
). Furthermore, in this reactor organisms are 

grown on methanol, resulting in extremely large heat release. A conventional 

Table 9.13 Factors motivaring development of new types 
of reactors [50) 

I. Cons1ruc1ion of very large rcaclors 
!.I. Design problems 

1.2. High power requiremen1 (P/ V • conslant) 
1.3. High cosls of energy and cooling waler 
1.4. Problems of heal removal 

2. Reduclion of specific capilal costs 
3. Rcduclion of specific energy cosls 
4. Avoidance of cell damage 

5. Rcduclion of subs1ra1c losses (due lo evaporation and respiration) 
6. Increase or substrate conversion 
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sparged, mechanically agitated stirred-tank fi . . 
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review article by Schiigerl [50]. In that review, bioreactors have been classified 
according to three main classes of energy input. 

One class of bioreactors employs mechanically moved internals for energy 
input (Figure 9.37). In several of these designs an internal draft tube provides a 
defined circulation pattern to achieve loop flow patterns. Design 1.6 is a horizon
tal loop with foam separator which is completely filled with the gas- liquid mix
ture. In case 1.9, pulsation of the liquid flow occurs, and in configuration I.I 1, 
viewed here from the side, disks on a rotating shaft are intermittently dipped into 
the liquid contents at the bottom of the reactor. 

Figure 9.38 shows another set of reactor configurations in which energy is 
provided by liquid circulation using an external pump. In design 2.1 the liquid 
jet is injected downward and plunges into the liquid reactor contents, while in 
design 2.7 the injection nozzles for fluid are at the tips of a rotating bar. 

The final group of reactor types, where energy input is provided in the form 
of compressed gas, are sketched in Fig. 9.39. In most of these designs, reactor 
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Figure 9.39 Submerged-type reactors with energy input by compression [50]. 
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internals are provided for redispersion of gas and several different loop-flow 
configurations are evident. Further details on all of these reactor configurations 
and additional references arc available in Schiigerl's review [50]. 

9.8 ANIMAL AND PLANT CELL REACTOR TECHNOLOGY 

Growth of animal cells in culture is currently used for manufacture of several 
products including vaccines, the proteolytic enzyme urokinase, monoclonal anti
bodies, and interferons. Such processes also have substantial potential for pro
duction of other lymphokines (a group of proteins which regulate certain aspects 
of the immune system), other enzymes, growth factors, clotting factors, and 
hormones. The advent of recombinant DNA technology introduces competition 
with animal cell cultivation for some of these products but also presents new 
possibilities for product manufacture using animal cell culture. On one hand, the 
opportunity of expressing foreign proteins in microorganisms means that mi
crobial processes can now be used to manufacture these proteins in significant 
quantity. However, as explained in section 6.4.4, protein naturally synthesized in 
animal cells are often subjected to several different types of posttranslational 
modifications which are not accomplished in procaryotes. This means that for 
molecules requiring such posttranslational modification for activity or stability, 
eucaryotic hosts are necessary. Furthermore, problems with proper protein fold
ing and proteolytic attack makes expression of some eucaryotic proteins difficult 
in procaryotic hosts. With improving methods for expression of foreign genes in 
animal cells, the prospects for industrial recombinant host-vector systems using 
animal cells are increasing. 

Many useful and interesting chemicals can conceivably be synthesized in 
cultures of plant cells. Also, cultivation of plant cells may facilitate genetic engi
neering of plants and may ultimately allow the regeneration of whole crop plants 
from tissue originated in culture. 

There are several common features in cultivation of plant and animal cells 
which complicate reactor design for their cultivation and for manufacture of their 
products. Many of the cell types of interest exist naturally as dense packings of 
similar cells. Such cell tissues in their native state are contacted with Huids of the 
organism of specific composition and containing a variety of regulatory mole
cules which can strongly inffuence cellular function. Growth rates of the cells may 
naturally be very low. The challenges faced in submerged cultivation of these 
cells is to provide an acceptable environment for growth of the cells- many types 
of plant and animal cells when placed in culture do not grow at all. Once this 
obstacle has been surmounted, the goal is to determine cultivation conditions 
which allow growth of cells to high densities in the shortest possible time, while 
retaining the metabolic capability of the cells to carry out the desired reactions. 

In this section, we will concentrate primarily on approaches to environmen
tal support of animal cells and a brief summary of some experiences with these 
organisms. Developments in plant cell culture are at a relatively early stage and 
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will be more briefly summarized at the end of this section. Because of the expense 
of animal cell cultivation, because of slow growth rates which prolong experi
mental studies, and because of some neglect, quantitative characterization of the 
kinetic properties of animal cells is practically nonexistent. In many cases, limit
ing nutrients are not known, and descriptions or growth and product formation 
kinetics as functions of nutrient and inhibitor concentrations, pH, temperature, 
and other environmental variables are not generally available. Although the in
fluence of mechanical forces on animal and plant cell cultures is recognized as a 
critical factor in reactor design, controlled studies designed to characterize in 
engineering terms the connection between mechanical forces and cell survival, 
growth, and morphological state are lacking. Instead, hardware and catalyst con
figurations have been invented which provide enhancements in growth rates, 
greater cell densities, or more product. Although substantial advances have 
been accomplished based on this empirical approach, there is room for great 
improvement based on new and improved designs once the kinetic behavior and 
engineering properties of these cells are more thoroughly understood. 

9.8.1 Environmental Requirements for Animal Cell Cultivation 

Culture media for animal cells is relatively complicated and expensive compared 
with microbial media. Antibiotics are usually included to reduce problems with 
microbial contamination. Animal serum is included in most media at concentra
tions from 5 to 20 vol % in order to promote cell replication. Some but not all of 
the functions provided by serum in animal cell growth medium have been identi
fied. Serum helps to generalize the utility of the given medium for growth of 
different types of animal cells which may have different nutritional and growth 
factor requirements. It has been observed that nutritional requirements can de
pend upon cultivation conditions, and in these cases use of a rich and very 
abundant medium component helps to compensate for uncertainties in particular 
nutritional requirements. For reasons not yet understood, cells grown in media 
with greater serum content tend to be more resistant to mechanical damage. 

There are, however, a number of problems associated with serum use in cell 
cultivation media. First, serum is the major cost in large-scale cell production. 
For example, serum, which can cost up to $300/L, contributes 80 percent of the 
material cost when used at a level of 10 percent. Serum also represents a major 
source of contamination to the culture by viruses, mycoplasma (parasitic or 
pathogenetic gram-negative procaryotes), and bacteria. Serum can contain in
hibitors which interfere with virus replication (for vaccine production) or enzyme 
production. As in the undefined natural complexes added to microbial growth 
media, serum represents a variable and somewhat unpredictable medium com
ponent. Finally, serum introduces pyrogenic (fever-producing) contaminants into 
the medium which complicate product recovery. The albumin protein back
ground contributed by serum also interferes with recovery of protein products 
present in low concentrations such as monoclonal antibodies, motivating the use 
of serum-free medium in order to facilitate recovery of the desired product. 
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Figu_re 9.40 Schematic diagram of a cell culture technique which uses filtered cow lymph to provide 
medium components. ( Repri111ed by permission uf Bio-Respo11se, /11c,) 

One novel strategy which has been proposed for reducing the cost of com
plex adjuncts for cell culture media is illustrated in Fig. 9.40. Here, whole lymph 
from a live cow is filtered and subsequently contacted with cells in the growth 
chamber using a hollow fiber ultrafilter. Provisions for adding supplements to 
complete the medium and for gas exchange are indicated. 

Substantial advances have been made in formulation of a variety of hormon
ally defined, serum-free media. Such media offer the potential advantages of opti
mal tuning of the mixture of the medium for the particular organism and 
cultivation conditions, elimination of contamination problems, and more repro~ 
ducibility. However, defined medium has the disadvantages of higher cost and of 
possible long-term effects on the organisms which are not easily anticipated or 
discovered during an initial short-term evaluation of the medium. 

Animal cells do not possess cell walls to provide mechanical strength and 
are larger than microbial cells. Consequently, there are constraints on the forces 
which can be applied to a cell culture reactor in order to mix the cells, or cell
carrying or -containing particles, to maintain uniform environmental conditions 
and to accelerate transfer of oxygen into the culture. Animal cells require oxygen 
at a level of approximately 25- 40 percent of air saturation, and design of oxygen 
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supply systems for large-scale animal cell cultivation is an ongoing engineering 
problem. The demands imposed on the reactor engineer are moderated here 
because of the relatively slow growth and metabolic rates of the cells. 

Oxygen requirements for a culture of typical density 106 cells ml - tis in the 
range of 0.05 mmol 0 1 L - , h - , to 0.6 mmol 0 2 L - 1 h - 1

• In small vessels charac
teristic of laboratory cultures, this oxygen requirement can be met simply by 
oxygen diffusion from the gas in the head space of the vessel into the bulk liquid. 
This gas overlay exchange is insufficient to meet oxygen needs of the culture in 
larger scale. Here direct sparging of gas into the fluid has been used successfully 
in some cases. In other instances, this direct sparging appears to damage the cells 
and may also cause excessive foaming, especially in media containing large quan
tities of serum. An alternative approach which has been proposed is immersion in 
the culture fluid of silicon tubing with oxygen diffusing from the flowing gas in 
the tubing into the medium without bubble formation. The overall mass-transfer 
coefficient for oxygen transfer through silicon tubing is around 0.35 mmol 
O, atm - 1 cm - 2 h - , from which the amount of tubing required can be calcu
lated. As the scale of cultivation increases, the practical feasibility of providing 
the necessary tubing becomes increasingly problematic. 

In relatively advanced technology for animal cell cultivation, the pH of the 
culture is monitored and controlled, typically at values near 7.0. Today, there is 
very little experience with highly instrumented cell culture reactors to which the 
fullest possible set of data analysis and control strategies have been applied. As 
we shall investigate in the following chapter, there are many available instru
ments and approaches from microbial bioreactors which can be applied in the 
future to improve performance of cell culture reactors. 

pH control in cell culture systems has been provided by a number of different 
approaches. Use of buffers in the medium can moderate pH changes which often 
occur due to lactic acid production by the cells. pH can also be manipulated by 
adjustment of the CO2 content of the gas in contact with the culture. Direct 
addition of base is another possible approach. In reactors with continuous or 
intermittent exchange of reactor medium with fresh medium, pH variations can 
also be moderated. 

9.8.2 Reactors for Large•Scalc Production Using Animal Cells 

Different types of animal cells can be divided into two broad classes depending 
upon their need for attachment to a solid surface for growth. Cells from the 
blood stream, lymph tissue, tumors, and many transformed cells can be adapted 
for growth in suspension culture. Other types of animal cells must be anchored to 
a compatible solid surface in order to grow. Furthermore, in the latter case, a 
contact inhibition regulatory mechanism usually prohibits growth beyond single 
monolayer coverage of the surface. On a small scale, required agitation is provid
ed by use of a magnetic stirrer and a small "spinner flask" for suspended cells 
and by use of a cylindrical "roller bottle" partly filled with medium which rolls 
on its side horizontally at about one revolution per minute. 
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Many reactor designs for larger scale cultivation of animal cells in suspen
sion resemble microbial bioreactors. Often the fiat-bladed turbine mixers com
mon in microbial processes are replaced by propeller agitators. In another quite 
effective design at the 100-L scale, "sails" of monofilament fiber are used in place 
of impeller blades lo provide mixing of the culture suspension. Not often encoun
tered in microbial cultivation, the Vibromixer has been used in animal cell bio
reactors. This mixer is a circular fiat disk containing several holes, mounted 
horizontally on the bottom of the shaft in the Huid. Rapid vertical oscillation in 
shaft position vibrates the perforated disk vertically in the fluid, creating a circu
lation pattern in the vessel. Airlift designs similar to those discussed earlier have 
also been used for animal cell cultivation. 

A different perspective is appropriate when using the term "large-scale" in 
connection with animal cell cultivation. Here, because of the high value of the 
product and the high operating expense, a reactor as small as 10 liters may 
qualify as large scale, anti a reactor of 100 liters certainly docs. 

Another factor favoring the use of relatively small reactors for animal cell 
cultivation is the relatively slow growth rate of these cells. Shown in Fig. 9.41 is 
data on growth in batch cultivation of the human liver adenocarcinoma cell line 
SK-HEP-I. Table 9.14 summarizes observed specific growth rate and oxygen 
uptake rates for several cell lines. In the first two cases, the cells were grown in 
suspension in an airlift fcrmentor. The final two cell types mentioned are anchor
age-dependence lines, cultivation of which will be considered shortly. 

Two different types of encapsulation methods have been demonstrated 
for achieving very high local cell densities. Instead of growing suspended cells, 
the cells are immobilized by entrapment using ultrafiltration membranes or 
by microcncapsulation. Although conceptuaity similar to cell immobilization 
methods discussed earlier for microbial cells; the opportunities and the require
ments are somewhat different for animal cells which are relatively large. In one 
quite promising microencapsulation process (60), cells arc first entrapped in 
alginate beads (sec Fig. 9.27). A surface coating of polylysinc is applied and cross
linked, after which the alginate gel can be dissolved and removed. In this formu
lation, the cells arc suspended within an entrapping network of polylysinc, and, 
after growth, can pack the interior to cell densities approaching that of tissue. 
These strategics offer promise of higher volumetric productivitcs in animal cell 
reactors. 

Special requirements arise in scaling up biorcactors for anchorage-dcpcndenl 
cells. The surface-to-volume ratio for a roller bottle is low, making scale-up by 
use of larger bottles quite impractical. A number of different methods have been 
demonstrated for increasing surface-to-volume (S/ V) ratio in a bioreactor and 
thereby increasing the volumetric density of anchorage-dependent cells. Several 
of the possible designs and their S/ V ratios are illustrated schematically in Fig. 
9.42. Among these options, greatest attention recently has concentrated on appli
cation of microcarricrs, small beads on which cclis grow, which can be suspended 
in cultivation fluid. A major advantage of the microcarrier approach is the op
portunity of using many of the same reactors and contacting des igns for micro-
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Figure 9.41 Time co urse or batch cul
tivation or SK-HEP- I (human liver 
adcnocarcinoma) cells in I 00 L sus
pension culture. Dashed line in upper 
frame corresponds 10 exponential 
growth wilh 62 h doubling time. Ar1~r 
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carrier suspensions as arc used for cultivatio~ of ani_mal cells which arc n.ot 
anchorage-dependent. The first dcmonstrat~d m1crocamers were char.ge~ dextran 
beads Inhibition observed with the early beads was subsequently ehmmated by 
modifying bead composition and decreasing bead surface char~c. For cxa!11t~ 
one commercially a vailablc microcarrier consists of a core matrix of cross-ho e 
dextran to which is covalently bound a surface layer of denatured collagen. Re
ported bead densities in cell culture reactors range from 3 g/ L to 25 g/ L. 
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Figure 9.43 Scale-u~ of animal cell cultivation using BHK (baby hamster kidney) 21 cells as an 
cxam~le. Numbers m parentheses denote lotal amount of cells produced at the indicated st 
( R~primed by permission from H. W. D. Katinger a11d W. Sc/wirer, "Status and Developnrem:g:. 
Ammal Cell Tec/r11ology using Suspension Culture Techniquest Acta Biotec/rnologica vol , p 3,J 
1982.) • · •• · • 

s~me_ interval of growth g_ivin~ rise to later product formation. Quite complicated , 
~metics can be observe~ m virus pro~uction in which the cells are serving essen
tially as a g~owth. medium for the virus. In fact, it is common in the literature 
con~erned wit~. amm_al eel! cul~ivat!on for virus manufacture to call the cell layer 
t~e subs~rate. The infective virus 1s often added after the culture has grown to a 
high ~enstty. ~here then follows a subsequent life cycle of growth of the virus as 
was_d1scussed m Sec. 6.2.1. This involves a lag for penetration of the virus, syn
thesis, and assembly of the virus components, followed by virus appearance in 
the cells or the medium. 
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Figure 9.44 Time trajectories of hybridoma growth and monoclonal antibody production a t dilTcrenl 
dissolved oxygen concentrations in a 3-liter fermcntor. ( Reprinted by permission from S. Re1weny, D. 
Vale:, F. Riske, J. D. Macmillan, and L. Miller, "Production of Monoclonal Amih111/ies i11 C11/t11re." 
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An example of monoclonal antibody production strongly illustrates the po
tential for reactor optimization. A mouse-mouse hybridoma line has been propa
gated in batch, fed-batch and continuous culture to produce a MAb for a surface 
antigen of Rl1izobiu111 japonica NR-7 cells.t Medium studies showed that an in
expensive medium could be used, consisting of Dulbecco's Modified Eagle 
Medium, plus 0.25 % Primatonc RL, 0.ot % Pluronic polyol F-68 and as little as 
1 % fetal bovine scrum, achieving 2 x 106 cells/ml in suspension culture with 
doubling times of 24 h. While a detailed kinetic model was not suggested, the 
results (Figs. 9.44 and 9.45) are intriguing. Maintenance of diminished oxygen 

t S. Rcuvcny, D. Velez. F. Riske, J. D. Macmillan and L Miller, "Production of Monoclonal 
Antibodies in Culture," E.S.C.A.T. Mtg., Italy, May, 1984. 
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Figure 9.45 Comparison between batch and red-balch production or monoclonal anribodies. Cells 
were grown in 100 mL spinner nasks. In fed-batch cullivation, 5- I0 percent or growrh medium was 
added for 10

6 
cells every 24 h and 30 percent of the cullure was harvesred periodically. ( Reprimed by 

permis.rimr .fmm S. Reuvcny, D. Vale:, F. Riske, J. D. Macmillan, and L. Miller, "Production of 
Monoclonal Amibodies in Cullure," E.S.C.A.T. Mtg., Italy, May, /984.) 

saturation (25 vs. 60 percent air saturation) provided a lower maximum cell 
density but a longer lived culture (Fig. 9.44) with a resultant higher final MAb 
titer. 

In both conditions, production of a cell growth inhibitor was hypothesized in 
which case a fed-batch system should improve operation by stepwise dilution of 
inhibitor. The comparison of batch vs. fed-batch behavior (Fig. 9.45) is consistent 
with this notion; both cell viability and (consequent) antibody titer reached max
imum values in the fed-batch operating mode. While MAb production for small 
quantities may be done most efficiently in the mouse peritoneal cavity, large-scale 
production points to bioreactor cultivation of hybridoma cells with emphasis on 
inexpensive nutrient medium, long cell viability, and optimization based on maxi
mal antibody production. Hollow fiber propagation and perfusion culture are 
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among the promising modes of larger-scale operation for hybridoma growth and 
product (MAb) formation. 

9.8.3 Plant Cell Cultivation 

Plant tissue dissected from the interior of plant organs after washing and disin
fection can be cultured on agar containing a suitable growth medium. Nutrient 
media for plant cells are usually comprised of a mixture of inorganic salts with 
sucrose or glucose as carbon and energy source. (Plant cells are usually prop
agated chemoheterotrophically rather than photoautotrophically.) This basic 
medium is typically augmented with particular plant growth regulators, phyto
hormones, vitamins, amino acids, and the sugar alcohol inositol. Plant cells so 
propagated require oxygen for division so that aeration is necessary either by 
diffusion from the top surface of the culture or by sparged gas. The increase of 
cell number during batch cultivation follows the traditional pattern discussed in 
Chap. 7, except it is possible to obtain only three to four doublings of the popu
lation, corresponding to an increase in mass by a factor of 10 to 15 times the 
initial inoculum mass. 

Plant tissue culture can achieve several potentially useful functions. Proceed
ing from the chemically most simple to the most complicated, enzymes and meta
bolic pathways in plants can be used to achieve biotransformation. One example 
of this class is 12-P hydroxylation of digitoxin to digoxin, an important heart 
stimulant drug, using cells of foxglove (Digitalis). Next, plant cells can be used for 
biosynthesis of complex compounds from simpler precursors. Plant tissue cul
tures can accomplish de novo synthesis of complex molecules, typically second
ary metabolites, from simple media. Plant secondary metabolites of potential 
commercial interest include pharmaceuticals (currently plant-derived compounds 
account for about one-fourth of all U.S. prescriptions), dyes such as shikonin, 
gums, a group of natural insecticides called pyrethrins, and flavors and fragrances 
like vanilla and jasmine. Also, plant tissue culture provides a technology for 
rapid genetic engineering of plants for crop improvement and potentially for 
regeneration of crop plants. Compared with alternative technologies of growing 
plants in soil and harvesting their products, plant tissue culture may offer the 
advantage of more intensive production and more reliable and predictable 
supply. 

When plant cells arc grown in suspension culture, many different cell forms 
are present, including isolated cells and large aggregates. It has been noted that 
cells in plant cell aggregates are differentiated to some degree, with some cells in 
the interior of a clump being morphologically distinct from those on the o~tside. 
In some cases product formation does not occur from isolated single cells but 
results entirely from cells associated with the aggregates. This suggests that some 
degree of differentiation is necessary in certain circumstances to achieve the meta• 
bolic conditions necessary for product synthesis. In other situations, preservation 
of an undifferentiated state of the plant cells is the desired objective. Better un
derstanding of the controls of differentiation, of the effects of differentiation, and 
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Table 9.15 Doublini,: limes and yield cocflkicnls for cullurcd 
planl cells 
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•l ( ( "I' l'ho,phatc (PO,) J-17 IX:? 
.·I« r l'hosph:llc ( l'Oj ) l.:?8 1(, 
.-1,,,,. Nitr.1tc (NO,) 0.2,,1 11)() 
I, ,·r <.,Ju..:o\c 0039 109 

of ways lo regulate diffcrenti.11ion in culture by adjustment of growth cn11di1ions 
arc the primary technical unknowns in the field al present. 

Rel.11ivcly Jillie information is available concerning kinetic parameters of 
plant cell growth in culture. An exception is !he body of results developed by 
Wibon and coworkers based upon chcmostat plan! cell cultivation. Table 9.15 
lists the yield cocllicicnls and doubling times for two different plant cell types 
grown in medi.i with different limiting components. Notice the extremely Jong 
doubling times, again a rroblcm in experimental studies of plant t:cll culture and 
in economical exploitation of plant cells as biocatalysts. Estimates of the sub
strate saturation or Monod constant Ks ror acer (sycamore) plant cells in culture 
on the limiting substrates NO.1, glucose, and PO-1 arc 0.13. 0.5, and 0.032mM, 
rcsrcctivcly [ 66 ]. 

Suspended plant cell culture beyond the shake flask scale has been conducted 
in mechanically agitated tanks and also in bubble column reactors. In order to 
obtain gre,tler volumetric density of cells, to allow reuse of cells. lo permit con
tainment and retention of cells in desired morphological and differentiation 
states. and lo allow belier control of contacting bctwcccn medium and cells. 
several research groups have investigated immobilized plant cell reactors. Plant 
cells entrapped in hollow fiber mcmlmmcs and in :1lginatc and other types of 
matrices in beads have been investigated l 67, 6X J. Many products of plant mc
taholism accumulate intraccllularly. This potential handicap for immobiliLed 
cell processes may he resolved by alternating permeahili1ation of cells and 
product recovery with exposure lo growth and production medium [ 68 J. 

J\s was noted in batch cultivation for secondary metabolite production using 
microorg;misms. it is necessary lc.H these products 10 separate in time or in space 
a growth phase from a pha~c or secondary metabolite production. 1 his strategy 
is evident in the lirsl large-scale. commercial plant cell culture rrocess. In this 
process. developed by Mitsui Petrochemical Industries, lhc dye and pharmaceuti
cal shikonin is obtained by culturing U1/111sper11111111 ery1/,rorlib111 over a period of 
longer than three weeks in three successive operations (Fig. 9.46). J\ftcr growing 
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cells in an initial aerated tank, they arc transferred to a smaller tank and a 
medium denoted M-9 is added which stimulates production of shikonin. Subse
quent transfer to a thinl tank followed by reaction for 14 days resulls in accu
muJ.1tion of the desired product in the cells. Process yields have not been 
reported by the manufacturer, but independent estimates place the productivity 
of a single batch at 5 kg product. Obviously, the use of labor. capital, and cxrcn
sivc medium in the quantities involved in this process necessitate a high-priced 
product to justify commercialization. The selling price of shikonin as of October. 
1983 was $4000 kg! 

9.9 CONCLUDING REMARKS 

In this chapter we have examined the reactor design principles and reactor tech
nologies which enjoy current applic.1tion and which will likely be used in the 
future ror product manufacture using microorg:tnisms and higher cells. We have 
tried to indicate how knowledge of the kinetics of the biological rcaclions and 
flow and mixing procc~scs in the reactor can he synthcsi,.cd lo achieve an overall 
mathematical description of the process useful for de~ign and optimi,ation. This 
is the traditional and \'cry successful strategy for chemical reaction engineering 
that has emerged from the chemical and petroleum processing industries. Unfor
tunately. due to our inadequate knowledge of biological kinetics. use o_f complex 
growth media with undefined composition and cllccts. use of reactors ~vnh poorly 
defined llow and mixing characteristics, and the lack or concerted ellort toward 
more systematic and predictive reactor design. one often docs no! find reactor 
operation or design specification accomplished using the systematic methodology 
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outlined in this chapter. Instead, process scale up proceeds through a succession 
of experimental investigations at increasing scales and costs, but with much 
smaller ~umps_ in scale from one test to the next than can now be predictably 
accomplished m other types of chemical reactors. In designing a batch reactor for 
a bi~l~gical appli_cation, for example, one is presently more likely to worry about 
prov1dmg ~ certain mass transfer capability than with calculating optimal operat
ing strategies based upon knowledge of the kinetics. 

Experience in those industries where chemical reaction engineering has been 
systematically applied shows that reductions in capital costs, lower operating 
expenses, fewer byproducts, and greater yields can be obtained. Also, it is not 
uncommon in the petroleum industry now to translate from bench to full scale 
jumping in scale by factors of 10,000 based upon solid foundations in chemicai 
reaction engineering. As opportunities for manufacture of many new products 
using new organisms and new processes increase in the future, we can expect a 
mo~e central role ~or bioreactor engineering to increase the efficiency of scale•up, 
design, and operation of these reactors, to improve their reliability, and to accel• 
erate commercialization. 

Ou_r theme in the next chapter is instrumentation and control, focusing most• 
ly on b1oreactors. Here too, our lack of knowledge about the fundamental trans
port and reaction processes in the reactor limit the types of control methods we 
bring to bear to obtain the best process performance. While the topics of the next 
chapter are considered primarily in the context of bioreactors, most apply equal
ly well to upstream and downstream processing units. Following our consider
ation of instrumentation and control, we shall examine the essential separation 
processes which are used to convert the mixture emerging from the bioreactor to 
a stream of sufficiently pure useful product. 

PROBLEMS 

9.1 CSTR analysis (a) Verify each CSTR design equation of Table 9.1. 
(h) For each CSTR case, indicate graphically how you would evaluate all terms in the rcaclion 

rate expression from an a ppropriate plot of CSTR performance. 

9.2 PFTR design (a) Validale the resulls of Table 9.2 by dirccl integration, 

(b) What variables arc most convenient to use for each PFTR design equation? Show by · 
sketches how each kinclic parameter in the reaction-rate expression can be evaluated. 

(c) In general, do CSTRs lend themselves more easily lo paramcler evaluation fhan PFTRs? 
Why (not)'/ 

9.3 Single-cell prorein produclion Mct/1)/omonos merhano/ica grown on methanol al 30"C, pH 6.0 was 
o_bscrvcd to obey lhe rollowing kinetic parameter values; µm., = 0.53 h - 1, Y, (mclhanol yield coeffi
c1en1! "" 0,48 gig. Yo, ., 0.53 g/g, carbon-conversion (cbl• m ... fcm,,honoil efficiency .. 0.57 g/g, oxygen 
quo11en~ "' 0.90 mol O, per mole CH3OH, respiratory quolienl (RQ) .. 0.52 mol col per mole O: , 
m "' maintenance factor = 0.35 g CH3OH/g. K, ~ 2.0 mg/L [M. Dostolck and N. Molin, "S1udies 
of Biomass Produclion of Methanol Oxidizing Bacleria" p.385 in Single Cell Protein II, s. R. 
Tannenbaum and D. I. C. Wang (eds.), MIT Press, Cambridg~. Mass., 1975]. The specified yield 
factors correspond to a dilution rate of 0.52 h" 1, 

. (u) Wri1e down t~c equations for CSTR grow1h which describe the rates of cell-mass produc-
llon, oxygen consumpllon, and CO2 production vs. dilulion rafc. 
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(b) Plol x, xD, ands vs. D (h" 1) and locale the predicted maximum values of x and xD when 
Stnlct a; 7.96 g/l. 

(c) Display lhe variation in 1he oxygen consumption rate vs. D on the same graph. What stirrer 
power inpul per uni1 volume would be needed to operate the reaclor at lhe maximum produc1ivi1y 
(xD ).,., ? S1a1e your assumptions. 

(d) On the same graph, plol lhe predicled heat-generation rate per volume vs. D. 
(e) The specific growth rate µ is observed to be diminished by substra1e in an approximately 

linear fashion from ifs maximum value of 0.53 h - 1 at s .. 3 g/L 10 O al 13 g/L (ex1rapola1ed estimale). 
Repeal parl (b) taking this design information info account. 

(f) Under what exit conditions would several equal 1anks be belier lhan o single lank of lhe 
same 101al volume? 

9.4 Liquid sterilization Set up lhe equation lo determine the probabilily of complele slerility (11 < 1.0) 
in a continuous sterilizer if plug flow is maintained and: 

Specific death rate - 10 min · 1 slerilizer volume = 10 L 

Medium flow rate "' 10 L/min temperature of medium = 131 "C 

Collection time = 5 min original cell concentration n0 .., 103 L - 1 

Whal would you expect lo happen lo this probability if all lhe variables given above were held 
conslanl but lhe sterilizer were shortened and widened 7 Explain your reasoning and show pertinent 
equations. 

9.5 Growth whh farlahle yield coefficient Derive equations for x(D) and s(D) analogous to Eqs. (7.14) 
and (7.15) for the case where Y is given by Eq. (7.26). 

9.6 Homogeneous ond film reactor A feed conlains a suspension of inert particles as well as substrate 
for an anaerobic fermcnlalion. The vessel agitation is sufficient to keep lhe particles suspended and 
well dispersed. The microbial (single) population partilions itself between lhe parlicles and lhe bulk 
solution by a linear isotherm: 

x,(cells/cm2
) "' Kxbulk (cells/ml) 

where K has unils or mL/cm2
• The adsorption process docs alter the maximum specific growth rate 

µm11 but not K, (assuming lhe Monod form is valid). 
(a) Evaluate over all feasible dilution rates when d(inert) "' 0.1 mm and volume fraction = I 

percent (I) the ratio of subs1ra1e utilization in the presence or inert particles 10 lhal occurring in their 
absence and (2) the influence of the suspended particles on reactor washout 

(b) How would you design a cell-recovery scheme 01 lhe reactor exit to maximize biomass 
recovery? 

9.7 Rapid K, measurement Williamson and McCarly ("A Rapid Measurement of Monod Half 
Velocity Coefficients for Baclerial Kinelics", Biotech. Bioeng., 17, 915, 1975) developed a relatively 
rapid means of de1ermining K, in microbial kinetics. A small, concentraled recd stream enters the 
microbial reactor, giving rise to a negligible volume increase over several hours. For values of s 
allowing less than the maximum possible subs1rate-u1ilization rale by the populalion, µ.,., '1Y. sleady 
slate was achieved in less than I h. 

(a) Show that a Linewea ver-Burk lype of plol (rate · 1 vs. l/s at "slcady stale") allows evalua
lion of K,. 

(b) Over what range of sampling times is the above analysis valid? 

9.8 Fed hatch reactor (a) Assuming exponential growth for cells al µ .. µm,., develop a general form 
for x(I) starting wilh Eq. (9.4). 

(b) Under what conditions will x increase, decrease, or remain constanl? 
(c) If the feed function F(t) is alternated to be F ; F O (10 < I < I 

1 
), ~ 0 (t 

1 
< I < I 

2
), F 

O 
(r z < 

I< 13), elc., derive expressions for x for I < t 1, for 11 < t < 12, and for any large 1. 
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(d} Suppose a methanol utili~ng strain has a specific growth rate given by Eq. (7.32) (Monod 
fonn plus substrate inhibition}. Why could operation in fed batch mode be superior 10 operation as a 
simple batch reactor with full charge of methanol present at 1 • O? 

9,9 Serial substrate utilization With multiple substrates, substrate consumption patterns in staged 
tanks or in towers may be complex as mentioned in the text. Consider a very simple model for 
diauxic growth on two substrates, glucose (G} and a second carbohydrate (S), such that 

'• • µ(g, s}x 

(a) For typical conditions involving glucose repression, we expect !hat µ
5 
< 11

0 
and Ks~ K

0 
• 

KR. Ske!ch the expeclcd vari~tion of g, s, and In x vs. time in a batch fermentation, showing clearly 
the relation between changes In the concentrations of biomass and the two substrates G and S. [Take 
(Uo, so) • (Ks, K o}J. 

(b} For diauxic fermentalions aimed at complete utilization of cell substrates, could you usefully 
use a plug now reactor'/, Tanks (chemostats)-in-scries? A single chemoslat? Why (not}? 

(c) Since KR ~ Ka, K5 , the growth equation can be conveniently simplified depending on 
whether ~ > KR or K,. > g ~ 0. Develop a simplified plug now description and integrate ii analyti
cally lo give;((:), g(=) ands(:). 

(d} For /lo • I h" 1 • I.I/Is, K0 • K5 • I0mM, KR 0.1 mM, x0 • 0.1 g/L, Y
0 

- Y
5 

• 

0.5 g/g, Yo "' so = 0.2 mM, plot the results of part (c) for u0 (now velocity)/L (reactor length} • I h- 1 
3 h - 1, and 5 h • 1• ' 

(e) Vertical tower fcrmentors may have microbial populations which agglomerate and slowly 
scule. How would you modify the simple equation of part (b) to account for cells which settle at an 
average velocity u,( > u0 ) (Nct settling velocity = u, - u0). 

9.IO Chemostat design from bacch data The mass balances for component C in batch (or plug now 
reactor) and chemostat (CSTR) arc: 

de 
Butch (or plug) Ji = /(c} (i} 

steady.stale chemostat D(c0 - c) • - J(c) (ii) 

Since /(c) is available from (i} by dilTcrcntiation, a plot of /(c) vs. c can be constructed from batch 
data. Simil~rly, equation (ii} indicates that a plot of D(c - c0 ) vs. c will intersect J(c) vs. c at c• 
c?rrcspon_dmg t~ the solutio~ of equation (ii). (This technique, which provides the solution c• for any 
given. D, 1s applicable mil)• 1f the fermentation can be described by a single variable; cg, c.} (This 
soluuon technique was used by R. Luedeking and E. L Pirct "Transient and Steady States in Contin
uous Fcrmcntation; Theory and Experiment," J. Bioc/icm. Microbiol. Tec/11101. E11g., I, 431, 1959). Its 
usefulness is seen in the following comparison of bacterial concentration (UOD/mL) from their paper 

Measurement 

5.37 
2.4 
8.0 

Graphical solution 
from batch data 

5.35 
2.3 
7.15 

(a} Consider the logistic equation, dx/dr = µx(I - x!xm,.}. With 11 - I h " 1, xm., • 10 g/L and 
-~o (in fee~) = 0. Solve for .~•_graphically for the cases D = 1.5 h - 1, 0.75 h" 1, and 0.25 h I using the 
method discussed above. Venfy your rcsuhs by direct solu1ion analytically. 
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(b) For fermentors in series, the outlet from one chemostat is the inlet condition 10 the next. 
Show graphically how you would evaluate xf, the biomass concentration in the third CSTR in a 
three-reactor cascade with an overall dilution rate of D • 0.75 h- 1

• 

(c) Inspect the datu for diauxic growth (Fig. 7.14) carefully. DilTerentiate it graphically and plot 
dxfdt vs. x. How does this plot differ from the shape for the simple logistic form? Sketch, using the 
graphical design procedure above, a solution for 5 tanks in series which will consume all of the 
glucose and most of the seond carbohydrate as well. 

9.11 Fluidized beds of Immobilized enzymes (a) Chinloy (PhD thesis, Princeton University, 1976) 
examined the conversion vs. reciprocal space velocity o- 1 (milliliter per gram of catalyst particles per 
second) obtained in packed and fluidized beds of protease immobilized on nonporous stainless-steel 
particles. In both cases, the data fell on the same straight line passing through the origin. Assuming 
s0 • K.,, show that the data arc not mass-transfer-influenced and that the specific rate constant can 
be evaluated directly from the data if the enzyme loading per catalyst particle (milligrams E per gram 
of catalyst) is known. 

(b} Gelfand Boudrant ("Preliminary Study of a Fluidized Bed Enzyme Reactor" Biochim. 
Biophys. Acta, 334, 467, 1974), studied hydrolysis of benzoylarginine ethyl ester (BAEE) by papain 
immobilized in porous 170 to 250 µm particles. The following parameter values were reported: 

Soluble papain: K,. • 5 x 10· 3 M 

Vmu "' 19 JU [µmol BAEE/(min • mg) at pH 6.0 and 20"C] 

Immobilized papain: K., (apparent) • 1.2 x 10· 2 M 

Vmu "" 0.05 IU [µmol/(min • mg of support)] 

The porous support was largely iron oxide particles. From the data in Fig. 9.PI I.I determine whether 
these studies were innuenced by external or internal mass transfer. State your assumptions. The 
catalyst charge in the nuidizcd bed was IO g of particles; it was fabricated from a mixture including 
100 mg crystalline papain per 30 g oxide. 

(c) Discuss how you would design a nuidized-bed reactor of immobilized proteases for hydroly
sis of (I) BAEE, (2) casein, (3) l•11m-diameter gelatin particles. 
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