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An excellent introduction to the literature on sterilization:
33. N. Blakebrough, “Prescrvation of Biological Materials Especially by Heat Treatment,” in N.
Blakebrough (ed.), Biockemical and Biological Engincering Science, vol. 2, Academic Press, Inc.,

New York, 1968,

The fictors affecting organisms’ susceptibility to sterilization are reviewed in Chaps. 20 and 21 of
Frobisher (Rel. 2 of Chap. 1); consideration of phage destruction:

34. Hango et al, “Phage Contamination and Control” in Microbial Production of Aming Acids,
Kodansha Lid,, Tokyo, and John Wiley & Sons, Inc, New York, 1973,

APPX 0237

CHAPTER

EIGHT

TRANSPORT PHENOMENA IN
BIOPROCESS SYSTEMS

The previous chapters have considered progressively ]ar.ger sc‘al.es of dis?apce:
from molecular through cellular to fluid volumes containing millions or billions
of cells per milliliter. As the sources and sinks of en.lities such as nutnent's‘, ce!ls,
and metabolic products become further separated in space, the proba!:nhty in-
creases that some physical-transport phenomena, rather than a ch;mlcal rate,
will influcnce or even dominate the overall rate of solute processing in the reac-
tion volume under consideration. Indeed, according to the argument of Wclsz
[1], cells and their component catalytic asscmblies‘operate at Thiclc moduli near
unity; they are operating at the maximum posmb"e rate without any scrious
diffusional limitation. If, in bioprocess circumstances, a richer supply of carbon
nutrients is created, evidently the aerobic cell will be able to utilize them !‘ully
only if oxygen can also be maintained at a higher concentra.lio'n in the direct
vicinity of the cell. This situation may call for incr?used gas-liquid mass transfer
of oxygen, which has sparingly small solubility in aqueous solutions, to the
culture. ) .
Evidently, the boundary demarcating aerobic [rom .anat?roblc activity de-
pends upon the local bulk-oxygen concentration, the Q; d|l1_'u§10n coeﬁc1ent, and
the local respiration rates in the aerobic region. This line divides thg viable l”roEn
dying cells in strict aerobes such as mold in mycelial pellets or tissuc cells in
cancer tumors; it determines the depth of acrobic activity near lake sul_'fgce§; anq
it divides the cohabitating aerobes from anaerobic microbial communities in soil
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particles. Thus, while the modern roots of biological-process oxygen mass
transfer began with World War I1 penicillin production in the 1940s, its implica-
tions are now established to include many natural processes such as food spoil-
age via undesired oxidation and lake eutrophication due either to inadequate
system aeration by natural oxygen supplies or 1o an excessive concentration of
material such as phosphate or nitrate.

Other sparingly soluble gases are also of fermentation interest. Mcthane and
other light hydrocarbons have been explored as gaseous substrates for single cell
protein production; in this demanding conversion, both oxygen and methanc
must be dissolving continuously at rates sufficient to meet the biological demand.
Methane transfer out of solution is important in anaerobic waste treatment, at
the metabolic cnd of which light carboxylic acids (primarily acetic acid) are
decarboxylated to give the corresponding alkanes.

Carbon dioxide is generated in nearly all microbial activity. In spite of its
large solubility, the interconversion between gaseous and the various forms of
dissolved carbon dioxide (CO,, H,CO,, HCOj3, CO2 ) couples its mass transfer
rate to the pH variation; this topic figures importantly in controlling the pH of
acid-sensitive anaerobic digestors (Chapter 14) where CO, and CH, removal
occur simultancously.

Liguid-liquid mass transfer is important in SCP production from liquid
hydrocarbon feedstocks, as well as in fermentation recovery operations; e.g,
filtered or whole broth extraction of pharmaceuticals (Chapter 11) employing
organic solvents.

Renewable resource bioconversions, such as the use of cellulosic, hemicellu-
losic, and lignin fractions of agricultural and forest wastes as fermentation feed-
stocks, typically involve rate processes (biomass solubilization, liquefaction,
hydrolysis) limited by available particulate substrate surface areas and solute
diffusion rates. Other topics also involving liguid-solid mass transfer include
various sorption and chromatographic methods for product recovery and purifi-
cation, and liquid phase oxygen transfer to mold pellcts or beads and biofilms
containing immobilized cells.

Operation at high cell densities may often result in mass-transfer limited
conditions, as observed in reactors as diverse as laboratory shake flasks or large
scale fermentors for penicillin or extracellular biopolymers (xanthan gum) or
activated sludge waste plants. The process engineer must, accordingly, know
when transport phenomena or biological kinetics are rate-limiting in order
properly 1o design bioreactors. [

Strong coupling often occurs between solute diffusion and momentum trans-
port or chemical reactions or (even more complex) both. The casc of diffusion
and reaction intcraction has been considered in Chap. 4. In such circumstances,
the Thiele modulus and a saturation parameter K5, provide the unifying
parameters needed to completely describe cell and enzyme performance; i.e., el
fectiveness factor, for such systems. Unfortunately, the variety of circumstances
under which mass transfer couples with momentum transfer, i.e., fluid mechanics,
is enormous; indeed, it is the substance of a major fraction of the chemical
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engineering literature. For this text, we content ourse_lves .wilh fundamental con-
cepts and tabulated formulas for calculation or estimation of the appropriate
mass-transfer coefficients for solutes.

A final brief section of this chapter concerns instances where heat trunsfer
may provide an important transport effect which strongly inﬂuencc:s the bio-
process system’s behavior through spatial temperature mhomogeneny.-Ex?m-
ples here include relatively exothermic fermentation processes, such as trickling-
filter operation for wine-vinegar production or wastewater treatment, ur}d that
gardener’s delight, the compost heap (municipal dump, ctc.) and other solid-state
fermentations.

8.1 GAS-LIQUID MASS TRANSFER IN
CELLULAR SYSTEMS

The general nature of the mass-transfer problem of. primary concern in this
chapter is shown schematically in Fig. 8.1 A sparlngly sqluble gas, usually
oxygen, is transferred from a source, say a rising air bubble, into a-hqp:d phase
containing cells. (Any other sparingly soluble substrate, e.g., the liquid .hydro—
carbons used in hydrocarbon fermentations, will give the same general _plclurc.)
The oxygen must pass through a series of transport rcsistnpccs, the relative mag-
nitudes of which depend on bubble (droplet) hydrodynamics, temperature, cellu-
lar activity and density, solution composition, interfacial phenomena, and other
factors. . ' _
These arise from different combinations of the following resistances (Fig.

8.1):

Diffusion from bulk gas to the gas-liquid interface

Movement through the gas-liquid interface ) o ‘ .
Diffusion of the solute through the relatively unmixed liquid region adjacent
to the bubble into the well-mixed bulk liquid o .
Transport of the solute through the bulk liquid to a second relatively
unmixed liquid region surrounding the cells ) ) _

. Transport through the sccond unmixed liquid region assocmu’:d with the cells
. Diffusive transport into the cellular floc, mycelia, or soa!'parlfclc

7. Transport across cell envelope and to intracellular reaction site

PN

&

S Lh

All of these resistances appear in Fig. 8.1. When the organisms take the form
of individual cells, the sixth resistance disappears. Microbial cells themselves have
some tendency to adsorb at interfaces. Thus, cells may prc!"_crcqlially gather at the
vicinity of the gas-bubble-liquid interface. Then, the dlﬁUS}ng_ solute oxygen
passes through only onc unmixed liquid region and no bulk l!quld before reach-
ing the cell. In this situation, the bulk dissolved O, concentration docs not repre-
sent the oxygen supply for the respiring microbes.
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Figure 8.1 Schematic diagram of steps involved in transport of oxygen from a gas bubble to inside a
cell.

Similarly, in the microbial utilization of other sparingly soluble substrates

such as hydrocarbon droplets, cell adsorption on or near the hydrocarbon-emul-

sion interface has been frequently observed. A reactor model for this situation is I

considered in Chap. 9. b
The variety of macroscopic physical configurations by which gas-liquid con-

tacting can be effected is indicated in Fig. 8.2. In general, we can distinguish fluid

motions induced by freely rising or falling bubbles or particles from fiuid motions

which occur as the result of applied forces other than the external gravity field

(forced convection). The distinction is not clear-cut; gas-liquid mixing in a slowly

stirred semibatch system may have equal contributions from naturally convected

bubbles and from mechanical stirring. The central importance of hydrodynamics

requires us to examine the interplay between fluid motions and mass transfer.

Before beginning this survey, some comments and definitions regarding mass

transfer are in order.

8.1.1 Basic Mass-Transfer Concepts

The solubility of oxygen in aqueous solutions under 1atm of ajr and near |
ambient temperature is of the order of 10 parts per million (ppm) (Table 8.1). An {
actively respiring yeast population may have an oxygen consumptian rate of the

order 0.3 g of oxygen per hour per gram of dry cell mass. The peak oxygen
consumption for a population density of 10° cells per milliliter is estimated by

assuming the cells to have volumes of 10~ '?mL, of which 80 percent is water. |
The absolute oxygen demand becomes

03g0, o cells - g cell mass
- SN =010 1 0.2
g dry mass-h(IO mL ( mk) cm?

—6x 10 *gfmL-h)=6gO0,/(Lh)

g dry cell mass
g cell mass

- .

Page 6 of 50 PagelD #: 30659

TRANSPORT PHENOMENA IN BIOPROCESS SYSTEMS

Liquid J

(3} Stuged
vounter-curremt
fermentor

(1) Rising
single bubble

(2) Bubble swarms

Packed bed
particles
Almosphere

Anaerobic

(6) Stratified, nearly
horizontal flow

Lagind 1

Air Afr
(4) Sparged air hift

Liguid

(5) Trickle filter
counter current

=)

L

(7} Naturally turbulent aeration

ta) Frecly risumg, fulling particles, Muids

Figure 8.2 Gas-liquid contacting modes: (a) frecly rising, falling particles, fluids.
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Figure 8.2 {continued) (b) mechanically agitated.

Thus, the actively respiring population consumes OXygen at a rate which is of the
order of 750 times the O, saturation value per hour. Since the inventory of
dissolved gas is relatively small, it must be continuously added to the liquid in
order to maintain a viable cell population. This is not a trivial task since the low
oxygen solubility guarantees that the concentration difference which drives the
transfer of oxygen from one zone to another is always very small.

For sparingly soluble species such as oxygen or hydrocarbons in water, the
two equilibrated interfacial concentrations c,, and c, on the gas and liquid sides,
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Table 8.1 Solubility of O, at 1 atm O, in water at various
temperatures and solutions of salt or acid at 25°C!

Temp, Water, Temp. Water,

‘C 0, mmol/L °C 0, mmol/L
0 2,18 25 1.26

10 1.70 0 1.16

15 1.54 35 1.09

20 1.38 40 1.03

Agqueous solutions at 25°C

©Q,, mmol/L
Electrolyte
cone, M HCl H,50, NaCl
0.0 1.26 1.26 1.26
0.5 1.21 1.21 1.07
1.0 1.16 112 0.89
20 1.12 1.02 0.71

t Data from fnternational Critical Tables, vol. I, p. 271, McGraw-
Hill Book Company, New York, 1928, and F. Todt, Electrochemische
Sauerstoffmessungen, W. de Guy and Co., Berlin, 1958,

respectively, may typically be related through a linear partition-law relationship
such as Henry’s law

Mey = ¢y (8.1)

provided that the solute exchange rate across the interface is much larger than
the net transfer rate, as is typically the case: at I atm of air and 25°C, the O,
collision rate at the surface is of the order of 10** molecules per square centi-
meter per second, a value greatly in excess of the net flux for typical microbial
consumption requirements cited above.

At steady state, the oxygen transfer rate to the gas-liquid interface equals its
transfer rate through the liquid-side film (Fig. 8.1). Taking ¢, and ¢, to be the
oxygen concentrations in the bulk gas and bulk liquid respectively, we can write
the two equal transfer rates

Oxygen flux = mol O,/(cm? - s}
= k(c, — cx) gas side 8.2)
= kfey — ¢ liquid side

Since the interfacial concentrations are usually not accessible in mass-
transfer measurements, resort is made to mass-transfer expressions in terms of
the overall mass-transfer coefficient K, and the overall concentration driving
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force c¥ — ¢, where ¢} is the liquid-phase concentration which is in equilibrium
with the bulk gas phase

Mcf =, 8.3)
In terms of these overall quantities, the solute flux is given by
Flux = K|(c¥ — ¢) (8.4)

Utilization of Eqs. (8.1}, {8.2), (8.3), and (8.4) results in the following well-
known relationship between the overall mass-transfer coefficient K, and the phys-
ical parameters of the two-film transport problem, k,, k,, and M:

l 1 [

=4 — 8.5
K~k M, ®3)
For sparingly soluble species, M is much larger than unity. Further, k, is typi-
cally considerably larger than k,. Under these circumstances we see from Eq. (8.5)
that K, is approximately equal to k,. Thus, essentiaily all the resistance to mass
transler lies on the liquid-film side.

The oxygen-transfer rate per unit of reactor volume Q@ is given by

(fluxX(interfacial area)
reactor liquid volume

Qo, = oxygen absorption rate =

A
=kt —c) v (8.6)

= kd'(ct — )

where a' = A/V is the gas-liquid interfacial area per unit liquid volume and the
approximation K, » k, just discussed has been invoked. Since our major empha-
sis in this chapter is aeration, we shall concentrate on oxygen transfer and hence-
forth use k, in place of K, as the appropriate mass-transfer cocfficient. The sym-
bol a, which appears in several correlations, is the gas-liquid interfacial area per
unit volume of bioreactor (gas + liquid) contents. Head space gas is not included,

It is important to recognize that Qo, is defined “at a poin,.” It is a local
volumetric rate of O, consumption; the average volumelric rate of oxygen utili-
zation (moles per time per volume) @y, in an entire liquid volume V is given by

- 1Y
Oo, = % J; o, dV (8.7

In general, (,, is equal to Qo, only if hydrodynamic conditions, interfacial area/
volume, and oxygen concentrations are uniform throughout the vessel.

For example, a complete description of the phenomena underlying the
observed average transfer rate in a bioreactor depends on power input per unit
volume, fluid and dispersion rheology, sparger characterization, and gross flow
patterns in the vessel. Figure 8.3 indicates the relationship between observed
average transler rate and the causative phenemena, Since we generally lack
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Power per unit volume
(impeller rpm, etc)
: Character and intensity
Coalescence and Bubble-size oillow:of contituous
breakup of bubbles distribution phase (turbulence)

Relative velocities and
path lengths of bubbles

Bubble residence-
time distribution

4

Dispersed-phase ‘l’ Instantaneous
holdup fraction transfer flux
9
y
‘Total bubble Average
surface area transfer flux

——)lﬂnl average transfer rate I(—

Figure 8.3 Relationships between input agitation intensity and resultant gas lransljcr.ralc. { After W
Resnick and B. Gal-Or, Adv. Chem, Eng., vol. 7, p. 295 (1968). Reprinted by permission of Academic

Press.)

crucial fundamental information on coalescence and redispersion rates, bubble
size and residence time distribution, we are typically forced to develop cor!'e[a-
tions based on appropriate averages of bubble size, holdup (gas volume fraction),
gas bubble and liquid residence times, etc. _

In Table 8.1 we saw that c} is determined by the temperature and composi-
tion of the medium. Composition influences become more complicated when the
dissolved gas can undergo liquid-phase reaction. This is the case for carbon
dioxide, which may exist in the liquid phase in any of four forms; CO,, H,CO,,
HCOj, and COZ". The equilibrium relations

_ [H*]J[HCO;] =10°%3M (8.8)
' 7 [CO,] + [H,CO4)
= [HPICO37] _ oer0as 8.9)

* IHCOT]
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Figure 8.4 Equilibrium concentrations of dissolved CO,, HCO; 3 i
e ! 25 3, COy and H,CO,;. ¢, is total con-
centration of all four forms of CO;. [peo, = 107 * atm (ambient concentration); :)H :ldjuslcd with

strong acid or strong base.] ( After W, Stumm and J. J. M, i i Sy ;
Sons, N.Y. p. 127, 1970.) organ, " Aquatic Chemistry,” John Wiley and

(values at 25°C) indicate that the total dissolved carb i
t 2. on :
carbon dioxide is quite pH sensitive: concentration, ez, us
¢y = [CO,] + [H,CO51 + [HCO;] + [CO% "]
K K,K
e 14 KKy (8.10)
- 0[ [H+] + [H+]Z:’

T_hls relation appears in Fig. 8.4, showing that below pH 5, nearly all carbon is
dissolved molecular CO,, while bicarbonate dominates when 7 < pH <9 and

carbonate for pH > 11. Only the dissolved CO, molecule is transported across, .

the gas-liquid interface, and we may again write Eq. (8.2) for the interfacial
transfer rate.

'l.‘l}e couplir_ug of reaction and mass transfer may occur under neutral to basic
conditions. While the reversible reaction (8.11) is rapid,

H,CO, HCO; + H* @.11)
H*J[HCO; ]
K (T = 28°C) = LHLI(HCO5] - ‘
a ) [H.C0,1 2.5 % 10"* mol/L (8.12)
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the important reaction

ks
H,CO,; k= CO, + H,0 (8.13)
|
is far slower, with k, = 20s™! and k_, = 0.03s™ ' (25°C). Thus, depending on
circumstances, the slow step in CO, removal Lo the gas phase could be chemical
[Eq. (8.13)] or physical [CO, {dissolved) — CO, (gas)].

8.1.2 Rates of Metabolic Oxygen Utilization

In design of aerobic biological reactors we [requently use correlations of data
more or less approximating the situation of interest to establish whether the
slowest process step is the oxygen transfler rate or the rate of cellular utilization
of oxygen (or other limiting substrate). The maximum possible mass-transfer rate
is simply that found by setting c; = 0: all oxygen entering the bulk solution is
assumed to be rapidly consumed. The maximum possible oxygen utilization rate
is seen from Chap. 7 to be X,/ Ys,, where x is cell density and Yo, is the ratio
of moles of cell carbon formed per mole of oxygen consumed.

Evidently, il ka'c} is much larger than xp,,/Ys,, the main resistance to
increased oxygen consumption is microbial metabolism and the reaction appears
to be biochemically limited. Conversely, the reverse inequality apparently leads
to ¢, near zero, and the reactor scems to be in the mass-transfer-limited mode.

The situation is actually slightly more complicated. At steady state, the
oxygen absorption and consumption rates must balance:

Qo, = absorption = consumption = xqg,

ka(ch —c) =t (8.14)

¥

Assuming that the dependence of u on ¢, is known, we can use Eq. (8.14) to
evaluate ¢; and hence the rate of oxygen utilization.

In general, above some critical bulk oxygen concentration, the cell metabolic
machinery is saturated with oxygen. In this case, sufficient oxygen is available to
accept immediately all electron pairs which pass through the respiratory chain,
so that some other biochemical process within the cell is rate-limiting (Chap. 5).
For example, if the oxygen dependence of the specific growth rate p follows the
Monod form, then

z

Yo, kia'(ct — e} = x e 8.15
o.M ( i l) Hmax KO; + ¢ ( )
A general solution to an equation of this form was given in Sec. 4.4.1, but here
for the sake of illustration we assume that the value of ¢; is considerably less than
c¥. This is not an uncommon situation in biological reactors. Subject to the

assumption that ¢, < ¢}, ¢, is easily seen to be

Ko, la
¢ =ct _Iﬂz_ﬂ_fl’,’xﬂ& (8.16)
1 - YOJC?kIH /x“mux
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Table 8.2 Typical values of €0,,cr in the pres-
ence of substratet

Cozcre

Organism Temp, “C mmol/L
Azotohacter vinelandii 30 0.018-0.049
E. coli 378 0.0082

is 0.0031
Serratia marcescens 31 ~0.015
Pseudomonas denitrificans 30 ~0.009
Yeast 38 0.0046

20 0.0037
Penicillium chrysogenum 24 ~0.022

30 ~0.009
Aspergillus oryzae 30 ~0.020

t Summarized by R. K. Finn, p. 81 in N. Blake-
brough (ed.), Biochemical and Biological Engineering
Science, vol. 1, Academic Press, Inc., New York, 1967,

Il the resulting value of ¢ is greater than the critical oxygen value c,, (about
3Kg,), the rate of microbial oxygen ulilization is limited by some other factor,
e.g., low concentration of another substrate, even though the bulk solution has a
dissolved oxygen level considerably below the saturation value. The critical
oxygen values for organisms lie in the range of 0.003 to 0.05 mmol/L (Table 8.2)
or of the order of 0.1 to 10 percent of the solubility values in Table 8.1, that is, 0.5
to 50 percent of the air saturation values, For the higher critical oxygen values
such as obtained for Penicillium moids, oxygen mass transfer is evidently ex-
tremely important,

Many factors can influence the tota] microbial oxygen demand xu/Yo,, which
in turn sets the minimum values of k;a' needed for process design through Eq.
(8.14). The more important of these are cell species, culture growth phase, carbon
nutrients, pH, and the nature of the desired microbial process, ie, substrate
utilization, biomass prodiction, or product yield (Chap. 7).

In the batch-sysiem results of Fig. 8.5, 2 maximum in specific O, demand
occurs in the early exponential phase although x is larger at a later time, A peak
in the product xu, and thus the total oxygen demand, occurs near the end of the
exponential phase and the approach to the stationary phase; this is later than the
time of achievement of the largest specific growth rate. “

The carbon nutrient affects oxygen demand in a major way. For example,
glucose is generaily metabolized more rapidly than other carbohydrate sub-
stances. Peak oxygen demands of 49, 6.7, and 134 mol/{(L -h) have been
observed for Penicillitm mold utilizing lactose, sucrose, and glucose, respectively
{21

The component parts of oxygen utilization by the cell include celi mainten-
ance, respiratory oxidation for further growth (more biosynthesis), and oxida-
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Figure 8.5 Oxygen utilization rate in baich culture of Myrathecium verrucaria { Reprinted from R. T.
Darby and D. R. Goddard, Am. J. Bot., vol. 37, p. 379 (1950).]

tion of substrates into related metabolic end products. Ir.l‘exa.mmmg metalta:hiz
stoichiometry in Chap. 5, we have seen that oxygen utilization for growmecl
typically coupled directly to the amount of carbon—sct;xrcc szbstrattﬁai«:n::qu“é
h as paraffins and me
Furthermore, more reduced substrates suc ] e
e which have
ake by the cell than substrates such as glucos :
e idati 1l. For example, the yield
i bon oxidation state as the cell. Fo ple, _
approximately the same car lts o el
ivi d per mole of carbon source
lactors Y, giving moles oxygen use : :
are 1.34 ci:‘(‘):, and 0.4 for typical microorganisms growing on methane, paraffins,
34, 1 /
carbohydrates, respectively. ) ) '
e Oxyg,eny may also be consumed as a reactant in a bmtransformqnm‘r. ij.‘
example, 5-ketogluconic acid production from glucose bydl?alch ]cul(t)n;dlilso:o:
i i in which some medium glucos -
Acetobacter begins with a growth phase in | ool
i i for both growth and product form
verted to gluconic acid. Here O, use d prod
occurs, After glucose exhaustion, growth ceases, and gluconic acid is converted to

5-ketogluconic acid with stoichiometry
CeH,;07 + 10; - CH 00, + H,O (8.17)

In the final phase of the process which involves only. this biotransfonnat_n;r‘l,
oxygen demand is directly coupled to product formation through the stoichi-

ometry of Eq. (8.17).
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8.2 DETERMINATION OF OXYGEN TRANSFER RATES

Ideally, oxygen transfer rates should be measured in biological reactors which
include the nutrient broth and celi population(s) of interest. As this requires all
the accoutrements for inoculum and medium preparation, prevention of con-
tamination, and environmenial control for the cell culture, it is an inconvenient
and troublesome way to conduct mass-transfer experiments. Consequently, a
common strategy for study of oxygen transfer rates is to use synthetic systems
which approximate bioreaction conditions without the complications of a living
culture, In such approaches, the major objective is to elucidate the dependence of
k& on hydrodynamics.

In order for such synthetic media to represent the cellular broth of interest

reliably, the following properties of the synthetic media and actual broth should
be identical:

1. Solution viscosity and other rheological characteristics (sce Sec. 8.8).
2. Gas-liquid interfacial resistance.

3. Bubble coalescense tendencies

4. Oxygen solubility and diffusivity.

In general, the usefulness of a synthetic (cell-free) situation for approximating
a bioreaction situation depends on the degree to which these conditions are met.
Experiments with oxygen absorption into pure water, for example, satisfy few
of these criteria. We shall examine the quantitative influence of fuid viscosity,
surface-active agents, and nature of mixing shortly.

8.2.1 Measurement of k,a’' Using Gas-Liguid Reactions

Considering now the transport paths in Fig. 8.1, we see that if oxygen is con-
sumed by chemical reaction in the bulk liquid at a sufficiently large rate we will
find ¢, ~ 0. Then the bulk-phase chemical-reaction rate is equal to ka'cy, from
which the k,a’ value readily follows. A common bulk-phase oxygen sink in many
previous mass-transfer studies is the oxidation of sodium sulfite to sulfate in the
presence of catalytic metal ions such as Co2*:

SO§‘ $ %02 catalyst SO}‘ (8‘18){‘

The kinetics of the rate of oxidation of sulfite solutions to suifate is complex.
The reaction orders for oxygen and sulfite depend on the catalyst used and its
concentration, apparently implying a nontrivial series of elementary steps leading
to the overall result above. Regardless of the reaction order, the condition suffi-
cient to ensure that the chemical reaction occurs to a negligible extent in the
liquid film adhering to each bubble (and thus represents the situations in Fig. 8.1)
is a negligible total reaction rate in the film compared with the mass-transfer rate

Case 1:18-cv-00924-CFC Document 399-5 Filed 10/07/19 Page 11 of 50 PagelD #: 30664

47
TRANSPORT PHENOMENA iN BIOPROCESS SYSTEMS

kic* = c). If { denotes the mass-transfer film thickness, this criterion can be
restated mathematically as

{ x rate < kfc* - ¢) (8.19)
Fiim
The rate in the film will be less than that corresponging to bulk sulfite and
saturation oxygen levels, i, rate (c*, sulfite,,), and so in telrms.ol' these measur-
able or calculable quantities (c*, sulfite,,,} a conservative criterion for negligible
film reaction is

{ x rate(c*, sulfite,;, ) < kf{c* — ¢) (8.20)
The “thickness” of the mass-transfer film is given by
i (821
ky

Assuming the reaction to be of order «, in oxygen and «, in sulfite leads to the
inequality
Do, [k (c* Y sulfite?]
ki

< ky(c* —¢) (8.22)

Thus

Jums Do, Lk (c* ) sulfite**] ]2 (8.23)
J c*=c

An illustrative example of Danckweris’ considers an experiment using 10°% M

cobalt catalyst (known to give a;, = 2) and sufficient sulfite (say 0.5 M) lor a, to

be 0. For ¢ < c¢*, the above inequality becomes

k> [Do,k,c*]1? (8.24)

Taking @o, = 1.6 x 10" 5cm?/s, k, for cobalt catalyst =0.85 x 10°®cm?/
2 -
(gmol - s), ¢* = 1.35 x 10”7 gmol/cm? gives

k; > 001 cm/s

A less effective catalyst (smaller &) would reduce the rigl:lt-ha!'ld stdt_:. o

Reference to the correlations to be presented later in this section indicates
that for large bubbles in water, k, ~ 0.04cm/s, and for small bubblgs k '~
0.01 cmy/s. Thus this inequality places a minimum size on the bubbles Whl.ch may
be used for such an interpretation. Smaller bubbles rising more slowly. will hav‘e
an appreciable reaction rate in the adhering fluid fjlm under these spec:_ﬁc cohr!gf-
tions. Similarly, larger bubbles in media more viscous than water will exhibit
reduced mass-transfer coeflicients. However, an enhancement factor E to account
for film reaction can be calculated provided the reaction-rate constant and reac-
tion order are known [3-5].
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A closing series of caveats for sulfite oxidation is illuminating; the rate con-
stant k, depends on (1) the catalyst and its concentration, (2) the tonic strength of
the solution, (3) the presence of catalytic impurities, and (4) the solution pH; for
example, in 10~% M cobalt, k, increases by a factor of 10 between pH 7.50 and
8.50 at 20°C. (The overall reaction generates H*, so that base must be added to
maintain pH constant).

In spite of these difficulties, the literature contains examples of reactors
where k,a’ determined [rom sulfite measurements for a given sparger, stirring
rate, etc., correlate closely with the k,a’ values observed in an actual fermentation
{counterexamples are also evident). Assuming that the configuration in Fig. 8.1
represents the bioreaction of interest, there is essentially no O, consumption in
the bubble liquid-side film. Thus, any chemical measure of Q, absorption at-
tempting to simulate such cell broths must, inter alia, satisfy the fundamental
inequality (8.19) above. On the other hand, if growing cells are concentrated in
the bubble liquid-side film, a different model chemical reaction situation may be
required.

We can measure oxygen transfer rates in several other ways. If the experi-
mental system is strictly a batch operation, with no addition or removal of
liquid or gas, 0y, is revealed by monitoring the gas volume or pressure changes
with time. Also, as discussed in the next section, measurement of ¢, aids in k;a’
estimation.

When gas is continuously added to and removed from the liquid, we use the
following O, mass balance on the gas phase to determine J,:

00, = [FgalPo)inict = FyonnlPo,)exn)/VRT (8.25)

Here F, is the volumetric gas flow rate and pg, is the partial pressure of O,.
[What assumptions are necessary to justify Eq. (8.25)? Are they generally valid
for bioreaction processes?]

We would like to use these Jq, values to determine k', but, as Egs. (8.6)
and (8.7) and the associated discussion reveal, this requires uniformity of condi-
tions within the vessel, so that the local and average oxygen utilization rates are
identical. Consequently, stirred vessels [Fig. 8.2b(2)] are frequently employed in
laboratory mass-transfer studies [or biological-reactor design.

When the problem of spatial uniformity has been resolved, k,a' can be
extracted from Eq. (8.6) if ¢} and c; are known. The first of these is available from
solubility data such as Table 8.1, and direct measurement of ¢, is now feasible
(even in pure microbial cultures) with the polarographic sterilizable oxygen elec-
trode. The operating principles of this electrode, which produces a current pro-
portional to local dissolved oxygen partial pressure, are described in Chap. 10.

An additional method for k,a’ estimation based on dynamic measurements with

an oxygen electrode is also described in Chap. 10.

In many reactor configurations or processes of natural origin, the local oxy-
gen transfer rate varies with position. If such variations occur in the vessel in
which mass-transfer rates are measured, the observed vessel-averaged value of
k,a' cannot properly be used effectively in scale-up, the process of transferring
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laboratory scale results into large capacity unifs. 'Design m'cthods 1‘06 suf::usgzle;
up are considered later in this chapter. Variations o[_ dissolved zh i
“homogeneous” phase (bulk fluid, mold pellet, mlcrobu:)l ﬁ‘ljm;, .etc.)r lz;lve rc;t; .
i i iniaturi he sensing head being ol the O
mined with miniaturized oxygen prot:;es, t nsi :
‘c::;alo micrometers in diameter. Applications of this instrument include study of

local oxygen profiles in mold pellets and the determination of diffusion coeffi-
cients in microbial aggregates.

8.3 MASS TRANSFER FOR FREELY RISING
OR FALLING BODIES

The rate of material exchange between diﬂ'qrent regions 1s governeq by ;}les eg:iz;;
tions of change which describe conservation of mass, u:anset.'vatu:u;‘;h’mpe e
(suchas xygen), and the mementum bancs RSP 8 e for situations
imensionless in distance, velocily, a ; ‘
l\':]t::;ret{:'nedlc?;n:ity difference between the two cor}Lactmg I:ohasesl pr:c;);ndesa ,ﬂ;:i
major driving force for fluid motion, three dimensionless pzr:;m: r:idt I?L;l;; e
the final expressions. These are the Grashof, Sherwood, and 5c :

which, for mass transfer, are defined by

Dpps — P4
Grashof number = Gr = - -L;—tz- Fe (8.260)
u (8.26b)
Sherwood number = Sh = 5;

i . (8.26¢c)
Schmidt number = Sc Do

. . . S —
where D is a characteristic dimension and  is the vPsc031ty of tl?e co?ct’lrnzu‘:h
phase Consequently, we expect mass-transfer-coefficient correlations

convective motion to involve only these three groups.

8.3.1 Mass-Transfer Coefficients for Bubbles and Bubble Swarms

The mass-transfer coefficient for a bubble, for examp]c: is the propfrtlznaF}}:‘i
constant between the total bubble flux and the overall dn_vmg Rl'»rce, ¢ ;lrgnsrcr
local flux at the gas-liquid surface is —901(.&@'62):;,,_ (v?.hd for o¥hmas

rates), where z is the coordinate measured into the liquid phase. Thus,

. ce (8.27)
¥ Cr - ?0z).=0
or, nondimensionally,
kD _ =1 QE) (8.28)
St Do, -8 (az b
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. Near the gas-liquid interface, the dimensionless concentration & has a so-
lution from the transport cquations of the form

& =f(, Sh, Sc, Gr) (8.29)

Using this expression to evaluate the derivative (9¢, i

g thi Dres | ¢ (0¢/82): in Eq. (8.28), which i
possible in principle, leaves the desired mass-transfer coef(;iéicnlqk(in tl?ne l'on(; Isr
the Sherwood number ' °

kD
Sh="1=<
o, g(Sc, Gr) (8.30)
Thus, the dimensionless mass-trahsfer coefficie i i
nt Sh is a function of only the ¢
paraénelcris Sc an? Gr. Here D denotes characteristic bubble diameter ’ "
orretations for mass-transfer cocfficients for fallin isi |

i : ! : g or rising bubbles, drop-
letsil or solids have appeared in the literature using other dimensionless grougs
5|.[|)c.‘9 as the Reyn9]ds npm!:\er A(Re = p,Du/u) or the Peclet number (Pe =
uh '01)_‘ The vgloc:ty u app!lcd here is the velocity of the gas bubble relative to
t cl: hgmd .velocny. In both instances, when an expression for the characteristic
velocity u in terms of the density difference Ap = (p; - p,) is substituted, the final
resul]:ddepends only on Gr and Sc according to Eq. (8.30). ’

ass transfer from an isolated sphere with a rigid

' i : gid interface, a reasonable
flpproxlmatmn to smal_l bubbles in a fermentation broth containing surface-active
ngepls, may be determined theoretically for the case Re = 21Dufpy < 1 and Pe =
;t ;f)az > | (Thus ub/D, > 1 » 1 Dufuy, which implies that mim@o, = Sc > 1.
’ Zl e con_v,ersc’true?) In aqueous liquids, since the kinematic viscosi!yzv = w/p, is
about 107 2cm?/s and Yy, is of the order of 107% cm?/s, the Schmidt numlr)er’ is

typically of the order of 10%, Conse -
' } quently, for Re of th 1_10-2
theoretical result of Eq. (8.31) applies. SRl (S e

Sh = 1.01 Pe'® = 1.01(uD/@ )" (8.31)

For small Reynolds numbers for which this icti i
' rediction i
velocity u, of a sphere is given by F applies. the terminal

D*Ap g
i3 (8.32)

Replacing u in Eq. (8.31) with i, from Eq. (8.32) gives

D> Apg\'» D3 1 s
b= 101( 20" oy (Dnpg\ S ) -
Wi 01) LOI( 18 ) \pa,,) =030Cr7se? @33

u, =

[The grouping (D* Ap D2, i i
. /Mg, is also known as the R :
Notice here that Sh = f(Gr, Sc),zas expected. IR nuriber i

ldl’g yn I S “u"leI, th 1 =
I or a T Re (] d € sin lc bubble IESUI[ lOl a noncircu 1m
g Tnc ]al g

Sh = 2.0 + 0.60 Re'/2§¢!3 Re>» 1 (8.34)
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Note that Sh varies as the square root rather than the cube root of the velocity,
indicating that a different hydrodynamic regime is present. Again, replacement of
u by an appropriate terminal velocity expression will yield Sh = f(Gr, Sc).

In many industrial air-sparged reactors (Fig. 8.2 configurations), air bubbles
are produced in swarms or clusiers of sufficient intimacy that single isolated-
bubble hydrodynamics and mass-transler results fail (o describe fluid motion and
mass transport accurately in the vicinity of the gas-liquid interface. Calderbank
and Moo-Young [10] report that two correlations are sufficient to describe their
data for absorption of sparingly soluble gases into liquids which consume the gas
chemically. Two distinct regimes of bubble-swarm mass-transfer are evident, the
division between them being indicated by a critical bubble diameter D,. In the
absence of surfactants D, = 2.5 mm. Bubbles larger than this are typically en-
countered with pure water in agitated tanks and in sieve-plate columns. Smaller
bubbles are frequently found in sintered-plate columns and in agitated vessels
containing hydrophilic solutes in aqueous solution.

For D < D.=25mm

sh = P _ 031 GriAse!® = 031 Ra!P? (8.35)
Zo,
For D> D, =25mm
Sh = "T'D = 0.42 Gr'/38¢!? (8.36)
Do,

Thus Eqs. (8.33) and (8.35) indicate that in bubble swarms, the mass-transfer
coefficient for the same Schmidt and Grashof numbers is reduced about 20 per-
cent compared with the isolated single-bubble case with an immobile surface.
Equation (8.36) has also been verified for air-lift operation, Fig, 8.24, using a
coefficient of 0.50 rather than 0.42.

The change of Schmidt number expenent in Eq. (8.36) indicates a changed
hydrodynamic regime from Eq. (8.35). For Newtonian flvids, i.e., viscosity =
constant, independent of shear rate due to stirring speed, bubble velocity, elc., the
transition from the D < D, region to the D > D, regime is accompanied by a
change of bubble shape from nearly spherical (small bubbles) to hemispheric and
caplike shapes. For further discussion of bubble hydrodynamics in these swarms,
see Rel. [10]. The transition value of D varies with surfactant; values as high as
7.0mm have been reported. In some non-Newtonian fluids, which will be dis-
cussed further later, transition with D is much more gradual than the abrupt
change observed for Newtonian fluids.

Mass-transfer results for small particles show that as the density difference
Ap diminishes, the Sherwood number approaches 2.0 as a lower limit. For indi-
vidual cells, clumps, flocs, eic., as well as for gas oil or other hydrocarbon disper-
sions, a more accurate form of the Sherwood number is

13
= 2, = 2.0+ 031 Ra’ (8.37)

Sh
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or

2

k20 Apyg ]"’3
—— == 4031 =£L 8.38
Py, D [#190; .

Thus the relative importance of the pure-diffusion result (Ap = 0, ki = 2.02,,/D)
vs. the buoyancy term diminishes as particle size increases. For an isolated cell,
224,/D is of the order of 10! ¢m/s compared with 10”2 cm/s for the Raleigh
number term; the mass transfer near its surface therefore resembles that for a
sphere in a more or less stagnant medium. Larger diameters due to flocs, films,
etc, lead to greater relative contributions from the second term.

8.3.2 Estimation of Dispersed Phase Interfacial Area and Holdup

Having evaluated k; [rom the appropriate previous formulas, we still must deter-
mine the interfacial ared o per unit volume. The value of &' can be estimated
from sparger orifice diameter, overall reactor information, or photographic data,
among other means. If bubble residence time in the reactor is ¢,, volumetric flow
rate per erifice is Fy,, and total number of (equal) orifices s n, then the interfacial

area per unit volume &' (neglecting coalescence and change of D with hydrostatic
head or absorption) is given by

A nD*  nFut, 6
r -_— F — gm0 Y ,
© = Volume "Fots D6 Vv D (8.39)

In the following discussion, then, we consider the factors which appear on
the right-hand side of Eq. (8.39). In particular, we will cxamine in detail the
physical processes which determine bubble size, Based on these, we will explore
the feasibility of predicting bubble size as a function of operating conditions,

in bioreactors (similar comments apply also to dispersion of a sparingly soluble
second liquid phase). These are bubble formation, bubble breakup, and bubble
coalescence. Bubble formation is dictated by instabilities in the gas stream enter-
ing the liquid phase which result in this stream breaking into discrete bubbles
rather than flowing through the vessel as a continuous stream. Bubble breakup
depends on the competition between surface tension, which stabilizes the bubble,
and local fluid forces, which tend (o tear the bubble apart.

The probability of bubble cbalescence depends on the properties of the gas-
liquid interface. In the predomlﬂénlly aqueous mixtures commonly encountered
in bioprocessing, coalescence properties are determined primarily by liquid phase
solutes such as fatty acids, polyalcohols, electrolytes, and ketones. Addition of
these components suppresses coalescence. In subsequent discussions, it will be
useful to consider two limiting cases; coalescing dispersions (e.g., air-pure water)
and noncoalescing dispersions (e.g., air-water with electrolyte),
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1 te Fg through a single ori . e
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w55 (8.43)
H

; . .
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In some circumstances, the bubbles found in the gas-liquid dj i
s|-11'aller than those formed at the gas distributor, Thisgoccu:ls Sec:ﬁs: rzl[oir:lsz::
bility of bubbles unfler the forces applied on the bubbles by the moving contin-
uous phase. .For a d!spersed liquid or gas phase in a continuous liquid phase, the
maximum size 01: dispersed-phase diameters for either freely rising (fallin ,)
agitated configurations is due to a balance of opposing forces: oot

1. The dynamic pressure t (the sum of shearin
tends to draw out the droplets into shapes w
smaller pieces; this subdivision process is resisted by the following two forces

2. The s_urface-tension forces /D of the particle tend to restore the droplet t.
sphen_cal shape (minimum surface-energy configuration). pee

3. The viscous resistance of the dispersed phase to deformation is proportional

t d ’
W HPa T
o the te““ ,ll D /T p whele SLIbSC lpl d Il’ldlcales a dlSpelSCd phaSC

g.and normal stress differences)
hich eventually disintegrate into

In gas-liquid systems, term 3 will be ne

glglgihqt;ldgc;r}u:;tors the last term should be relatively larger, but a later result
mpie 5.2 indicates again that the forces in term 2 a i
. . e
even for these all-liquid systems. RERRPIS precontiogss
The last two restoring forces diminish as D7? whe
Thus, at some critical diameter D,,
countering resistances and rearrange
At the critical diameter,

gligible compared with term 2. In

) re B is a positive number.
the dynamic pressure will override the two

the bubble or droplet into smaller portio
. ns.
evidently the following equality holds: ° ’

G - T 1/2

n,y b +my-u,D [’;":I =1 (8.47)
d

where m, and m, are constants,

IT the surface-tension force igni
s are much more significant than the vi
forces, as argued, then at the critical bubble size viseots

L D
nt, D~ T o m=r1 6—‘ or D, = mTlo' (8.48)
Equation (8.48) states that the maximum 5
constant (m,) times surface tension divide
greater dynamic pressure, increasingly small
Theoretical relations or correlations de
maximum stable bubble (or drop) size an
employ a dimensionless group based on
number We is defined by

table bubble size is a dimensionless
d by dynamic pressure. Thus, with
er bubbles will be broken up.

scribing the relationship between the
d fluid and flow properties typically
the form of Eq. (8.48). The Weber

D
We =1
e=1 (8.49)
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The critical Weber number We, is the value of We for D = D, which, according
to Eq. (8.48), is a characteristic constant. Experiments for clean air-~w.ater systems
and theoretical calculations indicate that We, is approximately unity {actually
1.05)1.11 order to calculate the maximum stable bubble size using these concepts,
we need to determine a suitable value of the dynamic pressure 7 for different flow
situations. For freely rising bubbles, 7 is given by

Lo P (8.50)
2

where 1, is the bubble terminal velocity, given by Eq. (8.32)' for sphericg] bgbbles.
In a complicated turbulent flow, estimation of the dynamic pressure 1s difficult.
Turbulence is expected in bubble columns, for example, near aera_tmn nozzles.
Faced with this problem, we now consider some general concepts in turbulence
which will be useful in several contexts which follow.

In the statistical theory of turbulence formulated by Kolmogorov and others,
the turbulent flow field is regarded as a collection of superposed eddies or veloc-
ity fluctuations characterized by their fluctuation frequel}cy (or length scale) and
magnitude. The largest vortex elements or primary eddies ha_ve the scale of t_he
main flow. These largest eddics are unstable and disintegrate into smaller c.ddl(.:s
which are unstable and disintegrate into still smaller eddies and so on..Kmetl_c
energy flows through this cascade from largest eddies to thf: smallest eddies until
ultimately this energy is dissipated as heat. As the energy 15 Fransl‘er;ed through
this cascade, the directional character of the primary eddies, which depends
on the geometry of the vessel, entering jets, mixers, and tbe likt?, decays. Kol-
mogorov’s theory asserts that the smalier eddies are statistl‘cally independent of
the primary eddies and are locally isotropic (spatially uniform). 'I:he smallest
vortices which dissipate the turbulence energy have length scale 2, given by

_mhre 8.51)
Ao = p:‘"’(Vr) (

where P/V, is the power input per unit volume. ‘

In examining the effects of turbulence, we commonly_usc tlme-qveragcd
quantities. The rms velocity i, = s () Ral (D) denotes time averaging over
the instantaneous velocity Auctuations) reflects the typical average magnitude of
the local velocity variations. For length scales [ much small;r than the' sca]e‘of
the primary eddies and much greater than o, the rms velocity of vortices with

characteristic size [ is given by

1/3 1/3
Wsia = a(f) (i) (8.52)
|eddies of scale ! Vl Py

where « is a constant.




480 BIOCHEMICAL ENGINEERING FUNDAMENTALS

Returning now to a suitable choice of dynamic pressure for use in the Weber
number in turbulent flows, we can use

2%
T= P:(Um: :ddl:snf) (8‘53)

scale B,

since this gives a measure of the turbulent shear stress which acts on a bubble of
size D,. Combining Egs. (8.49), (8.52), and (8.53), we obtain

0.0.6

0.4 0. .54
P/V)*4p02 .5}

,

D, =a-
(

where ' is a constant, Thus, the maximum stable bubble size is reduced if the
power dissipation per unit volume is increased.

It is significant that, according to the theory of isotropic turbulence, the
power input per unit volume is a key parameter in determining the scajes of
eddies obtained and the intensity of turbulent velocity fluctuations of length
scales comparable to bubble and drop sizes. Local isotropic turbulence is an
idealized situation not always obtained in Practice; however, it is important to
remember this physical view of the mechanism by which energy input to a pro-
cess in the form of gas compression or mechanical agitation is ultimately trans-
mitted to bubbles, drops, flocs, and mycelial pellets, Furthermore, Egs. (8.52) and
(8.54) above prepare us wel| to expect important effects of P/V; on mass transfer

impelier or two, etc.). Again, this is an idealization, but jt js one that is consistent
with experimental observations in some cases,

Having considered coalescence, bubble formation, and bubble breakup
separately, let us now examine the different possible outcomes of interaction of
these processes in a sparged column. First we shall suppose that bubble (or
droplet) coalescence is slow in the two-phase dispersion considered. If the initial
bubble diameter Dy is less than the maximum stable bubble diameter D, eval-
uated under conditions of greatest dynamic pressuge (typically in the region of
bubble formation in a sparged column), the characteristic bubble diameter is D,
(Table 8.3). If D, exceeds this maximum stabie diameter, bubble breakup tendirig
toward a characteristic diameter equal to D, is expected.

On the other hand, if coalescence occurs rapidly, bubbles initially formed wil|
coalesce and grow in size until they exceed the maximum stable bubble size after
which breakup occurs, In this case, except in the region of the sparger, the initial
bubble size Dy has little influence on bubble size in the vessel, Remembering that
turbulent velocity fluctuations generally vary from point to point in the vessel so
that D, does also, the coalescing system js characterized by a tendency at each

point toward iocal coalescencc-breakup equilibrium with characteristic bubble
size given by D..
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Table 8.3 Characteristic bubble diam.eter D de-
pends on bubble coalescence pro!)ertles and on
the relationship between bubble diameter at for-
mation (D,) and the maximum stable bubble

diameter (D,)

Condition Noncoalescing Coalescing

; s d
D~D Transition luwar_ s
e ! dispersion equilibrium

Dﬂ > Dc D~ D: sparger D~ D,

{nlrrer) focal

B ; . TR
These observations have important 1mp11callgns l'o_r eq'u1pme:|te %t::s;:zgnl:]y e
noncoalescing system, energy dissipated lor gas dngpzfsmn is mc;jnirorm oot ik
i initi formation and dispersion.
at the point of initial bubble per pa:
EETZ? energy l}or dispersion is best when coalescenqe is lmp?rtanl. 'I:lltt;srenaﬁve
i i i ization, and application of many
e motivated invention, characteriza : ; g
It:‘lzl:tacting and mixing configurations for bioreactors as we shall se:nltntE: ;f]ost
These points and other related qualitatiye ones may bef at plfesisrns o
ractically useful results from the preceding discussion o meg a:nd a o
S atial inhomogeneities in flow patterns, turl:!ulenf:e properties, o [ige ki
l:'lume fractions are so complicated in most situations that quan lfal ;:n edic
:’i?:n is difficult, requiring recourse to correlations to obtain huse{: bgl;ler[ u;
Armed with the physical insight just gainedl; l;owever, I;V;. ;otﬁesm OL;\ Lyt
i i i efore app : )
he basis for various correlations ‘ oo
;I::::; ;n data from a clean air-water, and hence coal.cscmg SYSten;’S:;‘::[ h(wo)j
have little relevance for a process containing a relatively noncoale
ixture. ‘ o 1 e
phaslgt::lurning now to the factors in Eq. (8.39)‘wh1ch c.ietcrtmlr_;fahil?tg::;c:ﬁllay &
i g ider the bubble residence time ¢,. ‘
er unit volume ', we consider but L)
lc)s(imatt:cl from the bubble rise velocity integrated over the reactor heig

bz b, o
L Y )
where in the approximate expression on the right-h}md side_ th: bt(ljbblea:;sa :;tl;?:;
ity has been taken to be the bubble terminal veloc&ty. F'.or isolate 2sm pubble
:ny small Reynolds numbers the terminal VCIOCilt-,};, lgwt?:i in li:tr(ig; i)ncglew:oniar;
ical- haped bubbles (diam
In the case of large, spherical-cap s | ter D
ﬂ?xids, the terminal rise velocity to be used in these calculations is

8.56
u =0711(gD)"? = 2226./D  cm/s (8.56)

For bubble clouds or swarms, calculation of t_he characterlilsnchb::?;i 1?:1:
velocity is more difficult, since neighboring bubbles influence each othe
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and since bubbje coulescence and breakup may occur. As a crude approximation,
comparison of T'gs. (8.33) and (8.33) suggests that for identical S and Sh.

t (bubble cloud) '3 .34 .
. (8.57)
1, (single bubble) 0.39
so that
i, {bubble cloud) =~ 0.50u, (single bubble) (8.58)

Any real dispersion will generally contain o distribution of bubbie sizes. This
raises the question of suitable definition of g characteristic o mean size, The
valee of P for [gs. (8.35) to (8.38) is the surfucc-uvcrngcd, or Sauter mean bubble
diameter b, :

y . > oD}
o Z Hfjl)f

where m, is the number of bubbles of diameter D,

The quantity my ofn i Fq. (8.39) is the total bubble volume in the reactor,
The bubble volume Per reactor volume is known g the holdup # (volume gas
per velume reactor). |1 the holdup value is available from other luboratory, plant,
or hiterature correlations (Example 8.1y, it js used directly in

6

£ 8.60
“ ”D (8.60}

(8.5%

When writing mags balances on the liquid phase volume only, it was conve-
nient (o define an interfacial greq per liguid colume, o', ag in Eqs. (8.14) and
(8.15). A second common quantity is 4, (he interfacial arey per liquid + pas)
volume. These (wo interfacial measures are related through the hotdup #:

al My- g {(8.61)

Thus, in using correlations for Mass transfer, care myst be taken 1o note whether
the original reference caleulated kg or Ky,
Example 8.1 Holdup correlatinm,

Bubible oty

HA uy 02Boy M Gay (110

where Bo Bond no, gdip @

Ga  Galileo no, ogdl!

Fro Troude no. LA

He:  Ras superfic] veloaty
d tower (ank) dameter

't Chakravargy, S, Begum, 11 1 Singh, J. N, Bargah, and M. S fvengar., Biotech, Biveny,
Svap 4303, 1973

APPX 0250

483
LIANSPORT PHENOMESA IN BIOPROS ISS SYSTEMS
inte raft tube (sparged):
Laberaioryscale gas-ift cofumn™ - iloldup interior to d
733 < 4, 4 HE 1Hr| 2)
1, l(u ,u“,.,)" R KO 240 10 24
Haoldup in annulus
’ J732 e o A P o &1
23« 10 - " J
Mo 150 293 o™ |,
Holdup above baflle: B _
Hy 15x 10 Yo
Totl column holdup
0003
sty (s
where g hguid viscosity at column temperature (’.:))
,t : water viscosity at column temperature (cf?)
. : . >
:; gas-lguid surface tension (dyae cm)
selicial gas velocaty (ems)
te superlicial pas ve o
k cross-scctional area of dralt tube (LI1II ]
1 N cross sectional area of annulus (cm?)
-
Laboratory-scale gas dift colunm® in drafl tube
Y (8115

void fraction

i 10650, + u,

ey s The superiicel gas velocly r be a sug volumetric flows,
1 the s licial B cloaity i draft tube and, usi (s t Y
WHCTe dog o w

gas flow raie

5 gas + higuid Now rale

PRons P 043
i {35?{, 043 £ 32 ¢ -0

. fl » L2 B IUJ
ditmcter = hewht Tor Rey (N D, 1) 3%

. PUALRE g
7 ;‘: 005, and s S
bR

Lagsdietodd tand,

-2« 108

Por Re' (N D )

o Ny emse,
aof b,

N DA
23 asf e
g™ " 195 % 10 %R ( “ )

4y

aind

HLA N o PR 05 1 . <IN yCHga T Biocig .\'IHI,H.
i 51 TR, el 1

1 Chakravarty, 8. Begum, H 1D Singh, 1. N, Barrah, and M ngar. Biorcd

h S

ALLTL, Nl SLIChee ion. 3 HELH Y <lts Tostitute of
T 1 “ tch, PhaD. Thests i Food Science and Nutrition P 150, Massactius
R ! b 7 3

lechnology, Cambridge, Mass., 1973 A
L Calderbank, Trans, huse, Chem, Eng.. 36,347
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where o, iterfacial are per umit volume of broh
Re,  impeller Revnolds number  pA B
o superficial gas velocity (empty-tank husis)
i, bubble rise velocity

and N DL b e are as in the text (see See, 8.d).

lyitated vessels! For air i water Richards’ data can be represented by

Pyna
(' ) 763 + 217

where P horsepowey (hp)
b ungassed hguid volume, m®
w superficial velocity, m h
0 volume void fraction (valid for 0 02 = ff < 0.2

8.4 FORCED CONVECTIVE MASS TRANSFER

Vigorous mechanical mixing of air liquid dispersions is often necessary (o obtain
cconomic rates of biomass increase, substrate consumpiion, or product forma-
tion. The concerns of this section are again relationships between appropriate
variables allowing estimation of mass-transfer coefficicnts kp and/or a or o, the
imterfacial area per appropriate volume,

8.4.1 General Concepts and Key Dimensionless Groups

The functions served by mechanical agitation augment (and in some cases dom-

inate) the influences of convection driven by freely rising or falling dispersed
phases:

I. The high dynamic pressure near the

impeller tip or other mixer devices pro-
duce smadl bubbles, thereby increasi

ng o locally. Provided that the rate of

bubble coalescence is not correspondingly increased clsewhere in the vessel,
the result is an increased value of the volumetric average value of ¢,

2. The fermentation fluid miy contain a suspension of solid or other tiquid
phases which may tend 1o rise or fall in the vessel. Mechanical mixing pro-
vides & more uniform volumetric dispersion of these phases in the bulk liquid.
For hydrocarbon dispersions, &, contains a lerm proportional (o the cube
root of the phase-density difference o Pk [recall [q. (8.38)]: the
resulting small mass-transfer coctlicient for hydrocarbon-substrate-limited
fermentations is increased by agitation,

3. For gas bubbies of given size in vigorously agitated vessels, ky does not vary
significantly with power input since the relagive gas or fluid velocity is dom-
tnated by density diferences, {(Why is this true?) The agitator turbulence,

YW, Richards, Prog. fnd. Microbiof, 3: 143, 1961
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i ! agi ; that
however. will decrease D and thus increase ¢ for a given |]0I|dup‘,|]:0:ﬁc iy
this result will change the size of the bubbles and thus &, throug
Muence of D. N il slimes. mold

4. The maximum size of loosely uggrcgal.cd .myculm. mn.r.obllfll.slvln:!csqmu”cr
. cllets, etc. may be diminished by agitation, thus maintaining .‘ .l er
&icrc;l‘)i‘ll ’i‘hielc modulus {Scc. 4.4) and again rcntilscrmg |llu. vruzie_:crcrgscc[
n H M [FTVAY it 11N 0

] ixed wi espect (o the liquid phase. Examples reas
uniformly mixed with respec b aetor

i Sire ; have been reported at relatively higl i
cids of desired products have ‘ ly high 4 o
l!!"lllCS' these may be due to cellular or extracellular enzyme Qiamagc.. mixing
iltncrfcrcncc with morphological development ul?d dllflcrcn(l’lcal:?lc:lr;;:]lc;gimion

iquid-cell suspensi ay be so viscous that only mecha H

5. The liquid-cell suspension may ¢ S0 " ' G

providctl:s any degree of bulk-liquid mixing (considered further in Scc. 8.8)

i i :chanic oduces some
In forced convection. the action of the applied .m(.chamull)l \&f(?'rlllderm e
characteristic velocity against which other motions can be sca ;m.d b
agitation, two scales exist: the rms fluid velocity ﬂl‘luclu.;\t;o.n :i{’é‘}mpcucr e
l ‘ ich i ion: D, where N; is
i i ] s proportional to N, D, v i
tip velocity 1wy, which is prop o ehotis Hois e i
rur:c in revolutions per unit time, and D, is the lmp(.][lc.r fl.h‘:‘l:cmu“ I
i -convection balances for (ot 58, s,

Reduction of the forced-con : i . ol e, A
momentum produces the following dimensionless groups using u,,,,, as the chs
acteristic velocity:

Sherwood number = Sh = f/‘:,) (8.624a)
Schmidi number = Sc = /¢, (8.62h)
Reynolds number = Re = pDu,. /iy (8.62¢)
Froude number = Fr = w2, /gD (8.62d)

istic dimensi ay be taken as
Alternately, in stirred systems, the characlcn:\uf. d@c;algn _rll:lhtg ?:bl.,-crjpl.,» i
i iameter Dy, he reference velocity is N D,. subs 5
impeller diameter Dy, and ( r ‘ Di- Th P
:E:nindpuq ihat the scaling s to the impeller rather than the £as. llltgn:ud.)(l)drq i
particles \pre*;cm in the dispersion. In this case, the appropriate Reynolds ¢
Froude numbers are given by
2 N3D.
ke, =P Penp =0 G e N (8.63)
e i
. mo 1y {
nitions ass transfer into a
The Froude number has received other dchmuonb..For mass “:|l'mr|::q Lo
suspension of “neutrally buoyant™ particles, the following relationship has
SIS -y «
suggested:

NiD?

(8.64)
gL

Fr, =

er represents the contribution
where L is the reactor height. As the Froude number f«.prcscnl; :::: comribution
of free-surface dynamics vs, mechanical mixing, the distance o surf:
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i ; o
rc;: ::r:l; ?ﬁtton} f:ould logically enter in its description. When the stirred volume
¢ mixing of two phases (continuous and dispersed) of different den-

sities, e.g., hydrocarbon droplets in a i
e e use?ulit::ous phases, the following definition of a

Fr.. o PNiD}
wo phase Ap gL (865)
It is clear that close attenti
ion should be paid to both i
3 't :  pai oth the form of corre|
ncveieéimt:ons of l‘he grgups involved in literature reports; a correlatiit:):}? ﬂl:g
¢ used or cited without carefuj group definitions, >

8.4.2 Correlations for Mass-T, .,
and Interfacial Area ss-Transfer Coefficients

The mass- i
. hl:;l]s; :irl?.:s::l rc?lc:lﬁtc)legl of gases depends largely on the hydrodynamics of
tion buoyancy forces Zn: [:];3;(::?;”1]1;;:1 f; s e e L
bubb!e residence time; thus correlations for l‘?r}ézf;i?siﬁumber s o most of the
asso;laled w::th the Reynolds number of Eq. (8.62¢)
wnhi: :}L:‘t:ﬁcclgr:é{mlarge r;]:aclors fitted with baffles (o maximize mixing rates
(Froude morsom b'.E:gus phase (Chap. 9), the influence of [ree-surface cffects
ol oy bc?mcf ummportant.‘ Free-surface gas exchange can be signifi-
rencton wopeh-scal mIreactors, but this contribution fades to insignificance as
e ases. In 'the absence of such surface influences, the dimension-
olutions for the velocity and concentration fields yield Ho

¢ = f(z, Re, Sc, Sh) (8.66)

s that the dependence of the Sherwood number js

kD
P, g(Re, S¢)

Data of Caiderbank’s [11] give the correlation
Sh (turbulent aeration) = 0,13 Sc!3Re3 (8.67)

In terms of power in i
put per unit reactor vol i i
show that the variation of k(Sh) with p/¥ is0 T S eation (B2} 8 ean

P\ i
Sh o -
* (V) (8.68)
Thus
3 / /
k=013 v P V-) l 4Sc‘2.f3
mD (8.69)
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Once turbulence has been achieved, so that the previous equation applies, the
specific increase in k, with P diminishes rapidly, as is seen by evaluation of

ldk, 1
kdP ™~ 4P (®.70)
From the previous discussion of bubble breakup, we expect to be able to
correlate the maximum stable bubble diameter D, as a function of ¢ and the
variables dominating dynamic stress. Since this value is closely related to the
characteristic actual bubble diameter D,,, in many cases, it is not surprising that
correlations for D, have a similar form. The inclusion of additional terms

depending on the gas holdup H and dispersed phase viscosity g, in these correla-
tions indicate important but not dominant contributions from other processes.

The earlier caveat about comparing coalescence properties in the correlation
basis experiment and the system of interest stands also in connection with the

correlations in Example 8.2

Example 8.2 Correlations for maximum (D,) or Sauter mean (D,,,} bubble or droplet diameters
For frecly rising bubbles, experimental values” are

12
D, = (1.452 x 1072 A"p) cm (SE2.1)

For agitated vessels, on a power-per-unit-volume basis we list the results of several experiments:

Experiment | liguid-liquid-*

0.6 0.2%
D, = 0224 ‘%mﬁ HMG—‘) (8E2.2)
| / 3
Experiment 2 gas-liguid electrolyte 3
P PALES
D, =225 W H° ‘(;‘:) (BE2.3)
Experimen: 3 gas in alcohol solutions:®
g6 0.3
Dm =190 FQW HO'M(%) (8E2.4,
1 ]
For gases in viscous liquids,”
g0 6 AL
=07 - 8E2.5
=07 s (1) .

tS. Hu and R. C. Kintner, “The Fall of Single Liquid Drops Through Water,” AIChE J., 1: 42,

1955.
! P. H. Calderbank, Trans. Inst. Chem. Eng., 36: 443, 1958.
*J. A. McDonough, W. J. Tomme, and C. D, Holland, “Formulation of Interfacial Areas in

Immiscible Liquids by Orifice Mixers,” AIChE J., 6: 615, 1960.
¥S. M. Bhavaraju, T. W. F. Russell, and H. W. Blanch, *Design of Gas Sparged Devices for

Viscous Liguid Systems,” A/ChE J., 24: 454 (1978),
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For agitated vessels, impeller variables [26]

F const &N-'J L *
- 5 for  Re 2 10 (8E2.6)
D, ( g \0be
- ={const)| ~;-5—
b )(N D} ﬂx) BB
For wrbuleat pipe flow [11]
L3N (constWe, 2. %Re %) = (const ’ N & o
D plpe pipe } = (CONSLY ———or i D
e ; ’(p.<u‘>D...,z) (Dp.p,u,m.p,) e
where
o o
We e S (__ = d 5 lﬁvlﬁurm-ﬂl
o M(ltz)me,) i chlm N PJ——' (B2
For flow through an orifice in pipe ow {measured one foot downstream)t
D D 3,73
plpe -3 orifice a -
5 -1.6( D ) HO-121We 0.722R 0 0 063 (8E2.10)

whcrt:G We, e and Rey,i. are as in Eq. (8E2.9).

tven D or D, and the holdup ¥, the value i

- : sw AN : of a is caleulated from Eq. (8.60). F

situations lke those applytng te most of the macroscopic conlactor situmionsqin(Fig )!;2 ul:' c::l.r:;ll)[g:

measured directly or oblained fro i imil
m correlations for similar configurati i i
of such correlations was given in Example 8.1. WIS mepmesacyiie S

85 OVERALL ko ESTIMATES AND
POWER REQUIREMENTS FOR
SPARGED AND AGITATED VESSELS

In this section we summarize different experimental findings on the volumetri
mass transfer coefficient ko', Experimenial results are ofien reported in this for]C
because of .]ack of knowledge of «' directly. Also, in some cases this combi lg
parameter is used to account for other effects such as long residence time nel’
small bubbies in highly viscous fermentations. These bubbles become deplet ; Of
oxygen and thercfore contribute little to oxygen transfer. Thus, an E liecalf
determined ¢’ value may not represent the interfacial area per u’nit volﬁme J;'
oxygen-containing bubbles. °
We havq already noled that increasing power input can reduce bubble si

fmd th_ereby increase interfacial area. Here, we cite methods for calculatin o“lf::
nput in terms of the gas sparging and agitation parameters. Also, we cgoﬁsider
the common case of simuitancous gas sparging and mechanical agiialion,

tJ. A. McDonough, W. J. Tomme, and C
s D , WL . D. Holland, * ati i
Immiscible Liguids by Orifice Mixers,” AIChE J., 6: 61(;)5, 3'["960 vl of toieriags] Aets
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Many studies of gas-liquid mass transfer in low viscosity fluids in agitated
vessels have been reviewed by Vam't Riet [9]. Results of many experiments in
many different vessels with different mixer configurations are all fit within 20 to
40 percent by the relationships

Stirred vessel, water, coalescing:

0.4
ka =26 x 10'2(1};) () 7 H (8.71)

(V < 2600L; 500 < P/V < 10,000 W/m?)

Stirred vessel, water, noncoalescing:

P
o -3
k,a 20x 10 (V)

(2 < V < 4400L; 500 < P/V < 10,000 W/m?)

0.7

(1, s (8.72)

Here u,, is the superficial gas velocity which is equal to the gas feed volumetric
flow rate divided by vessel cross section area times the gas holdup. The ranges of
vessel volumes and volumetric power input considered in obtaining these correla-
tions is indicated with each.

It is significant to note that, consistent with the concepts of turbulence dis-
cussed earlier, these correlations have been applied (within the indicated 20 to 40
percent) regardless of the type of stirrer (turbines, paddies, propellers, rods, self-
inducing agitators) and the number of stirrers. Stirrer position also seems to be
immaterial unless the stirrer is close to the bottom of the vessel (less than the
stirrer diameter), which decreases dissipated power, or close to the surface, which
results in air entrainment and lower power consumption.

Similar examination of mass transfer data from bubble columns shows:

Bubbie column, water, coalescing :
ka= 0.32(11‘,,)“"' (8.73)

Hf noncoalescing conditions exist in a bubble column, no general correlation can

be presented since sparger construction influences k,a'.
As indications of the other types of corrclations which have been proposed,

and because a priori determination of power consumption or gus superficial
velocity may not be simple, we summarize next several additional correlations.

For gas transfer in a bubble colump, Akita and Yoshida [12] reported
ky(ad?)

D
where the Bond number (Bo = gd2p,./¢) and Galileo number (Ga = gd7/u) are

referred to the tower diameter d,. This equation is found accurate for d, < 6Gcm,
and also useful if, for d, > 60 cm (0.6 m), the value of 0.6m for d, is used in Eq.

(8.74).

= 0.6(Sc)'2Bo®**Ga®* H'! (8.74)
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In the same spirit, the volumetric mass transfer cocfficicnt, k;a, for an airlift
column is given by Bello ¢t al. [13] as Eq. (8.75)
ot 0.0005-(P/V)°8
=TT AJA, 8.7
where A,/A, = ratio of areas of downcomer and riser sections and P/V =
acration power input/velume. This correlation is uscful, but hides the fact that
mass transfer, holdup, etc., are not the same in the riser headspace and down-
comer portions of the air lift equipment.

All correlations have a limited range of applicability. For example, the strong
dependence of k@’ on P/V indicated in Eq. (8.75) vanishes at sufficiently small
P/V values (P/V < [) since bubble Muid dynamics are here dominated by natural
convection driven by bouyancy.

A motionless mixer may be used (o subdivide and remix repeatedly the liquid
phase, as well as to maintain the upward bubble flow and reduce or eliminate
large bubbles or air “slugs.” Wang and Fan [14] suggest the volumetric mass-
transfer correlation

kya = 01200624 Yo - _
= (1.99;4,,+47.1)(s ! (8.76)

where u,, 1 are gas and liquid superficial velocitics (cmy/s).

A polential shoricoming of using any correlation is the frequent implicit
assumption of uniformity of power dissipation and/or k,a' in the contactor in
which data underlying the correlation was taken or in the vessel to be designed
or analyzed. As an indication of potential difficuitics in this connection, consider
the variations in mean flow velocities measured in a standard agitated, baffied
tank. The lines in Fig. 8.6 indicate circulation patierns and the numbers give
local average velacities as a fraction of the impeller tip velocity.

Several studies of sparged column contactors vividly illustrate important
spatial variations in k,a'. Figure 8.7 shows experimental measurements of dis-
solved oxygen axial profiles in a bubble column and in a three phase fuidized
bed containing particles of diameter 0.1 cm. In both cases, there is an entry zone
near the sparger in which oxygen transfer rates are relatively large and a later
zone of much smaller transfer rates. This may be due to a transition from bubble
sizes dominated by sparger conditions to bubble sizes dictated by coalescence-
breakup equilibrium. Other indicated points in Fig. 8.7 are calculated from a
mathematical model which assumes plug flow of gas through the column through
two zones with different volumetric mass-transfer coeflicients for cach zone. The
interface between the two zones was estimated to be around 33 cm above the
sparger. Decreasing ko' values over the first 27.6cm above the sparger, then
conslant k,a" were successfully employed in another model for a dificrent bubble
column contactor.

A clear pitfall exists here for scale-up. The entry region identified above will
contribute significantly in small laboratory systems but will constitute only a
small fraction of the vessel volume in a tall, large-scale column.
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Figure 8.6 Average flow velocitics (as
fraction of impeller tip speed =
5.21t/s) and circulation patterns in
waler in a 12" high tank stirred at
200rpm, (W. L. McCabe and J. C.
Sntith, Unit Operations in Chem. Eng.,
Jd od, 1976, p. 234, McGraw-Hill, New
York.)

Swirl

Next we consider calculation of power requircments to achieve dfzsircd gas
sparging and mechanical agitation rates. Qur emphasis hf:rc _is on important
overall concepts and trends; more detailed treatments considering energy losses
in process equipment components are available ip the references. For gas sparg-
ing into a column, the power used in compression L0 SpAFEC a4 gaS volumetric
flow rate Fg, at pressure py, is

RT _p ud
Pg = quo[(MW) in p: + « :2'] 8.77)

where p, is the pressure at the top of the vessel and i, is the pas yelqcity at
sparger orifice. The fraction of gas kinetic energy transferred to the liquid, a, is
typically about 0.06. _ _
The power consumption for stirring nonacrated ﬂ_u1ds depends upon {luid
properties p, and g, the stirrer rotation rate N, and diameter D, apd t'he drag
coefficient of the impeller Cp,. The latter is expected to vary with |m}?t*:llcr
Reynolds number in a different manner for cach flow regime: laminar, transition,

e ———y
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or turbulent. A well-known study by Rushton. Costich. and Fverett [26] is
summarized in Fig. 880 for three impeller geometries. The data are plotted
as a dimensionless power input. the power number P, vs. impeller Reynolds
number Re;:

Py
" NID}

)

(8.78)

In the turbulent regaime. the power input is independent of Re,.

P v NID? P, const

"o

whereas in laminar flow. the relation is more nearly given by
R S O

The propoerticnality constant in cach case depends on the impeiler peometry. 115
interesting to note the strong similarity between this figure and the plot of the
friction factor in tube flow. In the latter case, the friction factor varies as 1 Rein
laminar flow (as does the power number vs. Re)). and, in wrbulent flow, f tends
to a nearly constant value which has a larger magnitude lor pipes with rough
walls. Similarly, as the agitator geometry becomes less “smooth.” Fig. 8.8a. the
power number reaches o higher wrbulent plateawn value, The lauer case is more
comphcated since the presence of the tank walls and baffles will also exert an
effect on the measured power input P.
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When the agitated vessel is simultaneously aerated, the power requirements
for agitation decrease. The ratio of power requirements in aerated vs. nonaerated
vessels, P,/P vs. a dimensionless aeration rate N,

F
N, =—£&
*=N.D? (8.79)
(where F, is volumetric gas rate) has been correlated, as shown in Fig. 8.9,

Except for the most rapidly changing part of the curve, these forms can be
fitted to

Pa(Nn)_ Pa(Na = CD) _
P—P{N, =)

where m = const. An alternative form which is also useful in turbulent aeration of
non-Newtonian fluids is due to Michel and Miller [28]:

) P2N‘D13 0.45 ) PZ(N D3)0.44 0.45
Po=m (7:0.56 ) =m (* [\;o.?:'s'_) (8.81)
[} &

where m’ = const. In both the above correlations, P is the nonaerated power
input of the earlier chapter formulas.

From the relations of the previous paragraph, at constant N, and D,, the
power input diminishes with increased N, that is, increased air flow F,. This
effect appears partially due to the decrease in average density of the fluid being
agitated. Uniformity of bulk mixing diminishes with increasing N,.

In several bioreactor designs, mixing is provided by injection of a liquid

Jet into the vessel. In this case the power dissipation may be estimated from (see
Rel. 29)

g~ mN (8.80)

8p, F}
PP 8.82
n2 D?'“ ( )
where D, is the jet diameter.
1.0
NN
08 ~—
3 \ y {
06 NG w ~ —
a igure 8.9 Ratio of power require-
a® \%\\ ment for actated vs. nonaerated sys-
04 ns F"‘---..__."“"- tems as a Manction of N, (see text): A,
..______\ flat blade turbine (8 blades); B, vaned
E disc (8 vanes); C, vaned disc (6 vanes);
a2 D, vanced disc (16 vanes); E, vaned
disc (4 vanes); F, paddle. ( Reprinted
by permission from Y. Ohyvama and K.
¢ Endoh, “Power Characieristics of Gas-
0 2 L 6 8 10 11 Liquid Contacting Mixers," Chem.
N, X 10% Eng., Jupan, vol. 19, p. 2, 1955.)
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8.6 MASS TRANSFER ACROSS FREE SURFACES

Gas transfer through gas-liquid free surfaces (Fig. 8.10) plays a major role in
oxygen supply and CO, removal from animal cell cultures. Surface mass Franst"er
is also important in shake flask and small-scale stirred bioreactors for microbial
cultivations. Transport across free liquid surfaces is essential for stream reaera-
tion and respiration of aerobic life near the sea surface and in lake communities.
Free-surface mass transfer is also important in many industrial microbial pro-
cesses employing trickle-bed reactors, e.g, wine-vinegar manufacture and
wastewater treatment. In the former cases, the depth of oxygen transfer depends
on the scale of eddy motions near the liquid surface. Mass transfer into or out qf
falling-liquid films has been studied frequently, though not often 'under condi-
tions appropriate to microbial processes. This circumstance is considered ﬁrs‘t.

The area-integrated absorption rate for a falling laminar liquid film of thick-
ness I, length L, and width W and with zero initial concentration of dissolved gas
is given by

, 4D o n \M2
Integrated absorption rate (moles/unit time) = WLc;"( —':i—) (8.83)

-\ oy =1 /

(a2) Quiescent surface (still lake)

Adherent microbil film =——=

No entramment With vortex entrainment

() Stiered vessels (¢} Falling Hlm

EUSy e @ e e,

Flow Flow
E— -5 —J
Well mixed bulk

5
e el Z
{¢/) Turbulent stream flow

Figure 8.10 Frce surface operation configuraticns: () quiescent surface, (b) stirred vessels, (c) lalling
film, (4) turbulent stream flow.
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i W_’heg the agitated vessel _is simultaneously aerated, the power requirements
ot agitation decreas_e‘ Thg ratio of power requirements in aerated vs. nonaerated
vessels, P,/P vs. a dimensionless aeration rate N,
et

N, D}
(where F, is volumetric gas rate) has been correlated, as shown in Fig. 8.9.

ﬁuedEfcept for the most rapidly changing part of the curve, these forms can be
o

N, (8.79)

PAN) ~ PN, =)
P-P(N,=c) —°¢ (B39

where m = const. An alternative form which js also u i
: 0 al seful in turbulent i
non-Newtonian fluids is due to Michel and Miller f28]: At aetation of
., -PZN‘D? 0.45 PI(N 03)0.44 0.45
P,,_m(— ) =m(ﬁ‘-‘— ) (8.81)

0.56 =
£ NO-56

where m' = const. In both the i i

input of S8 o romﬁ::ac;\'re correlations, P is the nonaerated power
Frqm the .relations of the previous paragraph, at constant N, and D,, the

power input diminishes with increased N,, that is, increased ajr tglow F "This

eﬂ‘?ct appears partially due to the decrease in average density of the ﬂuic; .bein

agitated. Uniforn?ily of bulk mixing diminishes with increasing N ¢
In several bioreactor designs, mixing is provided by inject;c;n of a liquid

jet into the vessel. In thj o .
Ref. 25) el. In this case the power dissipation may be estimated from (see

P= 8p,F7
2 Do (8.82)

where D; is the jet diameter.
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8.6 MASS TRANSFER ACROSS FREE SURFACES

Gas transfer through gas-liquid free surfaces (Fig. 8.10) plays a major role in
oxygen supply and CO, removal [rom animal cell cultures. Surface mass transfer
is also important in shake flask and small-scale stirred bioreaciors for microbial
cultivations. Transport across free liquid surfaces is essential for stream reaera-
tion and respiration of acrobic life near the sea surface and in lake communities.
Free-surface mass transfer is also important in many industrial microbial pro-
cesses employing trickie-bed reactors, e.g., wine-vinegar manufacture and
wastewater treatment. In the former cases, the depth of oxygen transfer depends
on the scale of eddy motions near the liquid surface. Mass transfer into or out of
falling-liquid films has been studied frequently, though not often under condi-
tions appropriate to microbial processes. This circumstance is considered first.
The area-integrated absorption rate for a falling laminar liquid film of thick-
ness h, length L, and width W and with zero initial concentration of dissolved gas

is given by

4D, Upa\ 12
Integrated absorption rate (moles/unit time) = WLc;"( %L‘ ) (8.83)

ﬁ Uy = 0 /

.

(a) Quiescent surface {still lake)

Adherent microbal film ————

No entrainment With vortex entrainment

() Stirred vessels tc) Falling film

D @ Eley oy e

—f =
Well mixed bulk

57777

{d) Turbulent stream flow

Figure 8.10 Free surface operation configurations; (a) quicscent surface, (b) stirred vessels, (¢) falling
film, {d) turbulent stream flow.
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y 1 b . 2. Stream surface
where u,, is the free-surface velocity, In the derivation, it is assumed that the
solute concentration near the solid boundary never departs from zero; ie., the
diffusing soluge does not “penetrate” the entire film thickness during the falling-
time interva] [5].

‘ : . f circulating
We define the Reynolds number for the situation as Fvaty R

eddies near a free liquid surface,

Re = umu: th
4

where the hydraulic radjys Ry is used as the length scale

Wh h

: with identical
d elements with i
igbiet ued that for fiui -t b dionld
rivati fe Highie Mg X coefficient k,
early derivation ‘:Ltlethe gas-liquid surface the mass-transfer
residence times

e —

be e (8.86)
| Do,
| k-l = [ ]

nT
From the definition for the mass-transfer coefficient !

lhls lo“" has bee" EXtended by Dallck werts lDl dlSl[lbUthl‘lS 0[ Sur laCC leSldenCe
I" g] Ing '] ( 02) ! . A ﬂ lng t ul nt stream g
tlmes, the IBSU]I Sll]l Vv E o 9 ow u]b € 01 average

ime t equal to the ratio
locity <u,,> has been suggested to have a renewal time T eq
w velocity {u,, ' :
g?stream depth h to average velocity {u,.>

Integrated absorption rate = ket ~ c)WL (8.84)

For ¢, approximately zerg relative to ¢, Egs. (8.83) and (8-84) can be rewritten in
the form Sh = J(8c, Rey:

h

stream = —<—u;"5

Sh= ;—’ll = 2b(Sc Re)”2 35) | .

0z

where J1 is the length scale for the Sherwood number and b = (L/p)t/2, Thus, Sh
varies as Re!/2

Livansky et al. (18] studied Co, absorption into aqueous films moving
down a slope of known area using water, algal Suspensions, and nuirient medjum |
as absorbing flujds. The vajue of Kiat Re=710 8 10? was the same for alj
three fluids; only the algal Suspensions were studied at differen; Reynolds w(l) 1
numbers. (These films may have been turbulent,} Thejr results can be described W(l )@) =
by

ki =4 x 1075 Re2/3 for 2000 < Re < 8000

thus predicting - (uw> "
f (T h

Il lllc stream |laS wldth "[, the ll‘ltel'faClﬂl area a pet stream Voluule 15

Thus (887)

Yo, <““’>)”2 {O’Connor-Dubbins)
ka = (— i

. kA A fdc _
N

where 7 and W gre dimensionless coordinates scaled by A, and K is the average
value over the eddy length,

The rate of mass transfer is uitimately dependent on Do, locally ang on the
rate at which fluid peqr the surface js renewed by the circulation pattern, An
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Onab]c succe: r blng reaeration 0[ Oxyge“'
a ioll" Wh]ch ]las had reas S8 lO deSCH

11 . Olllel‘ treatment aCCOLll‘lllllg fO[ l]le variation 0[ k
deﬁClent lakes al'ld streams A" {

with position w in the eddy provides

SRR (8.88)
- 1.46(——/\*—“)

' R. Higbie, Trans. AICKE, 35: 365 (1935).
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where u,,.. is the rms velocity in the eddy circuilation, In general, it appears

reasonable to take A and Umme Proportional to mean stream depth and mean
stream velocity, respectively:

7 % depth = A ¥ X mean stream velocity = u,_

with the same constant of proportionality y.

The motion of waves at air- water interfaces is known (o influence gas
transfer strongly. Here, in confrast to the preceding treatments, the gas-flow pat-
terns, e.g., average and turbulent velocity components of wind which drives ocean

waves, are of major importance, However, the general topic is too complex for
this text (see the references).

8.7 OTHER FACTORS AFF ECTING k,a

From the definitions of k, and o' and consideration of the factors responsible for
the thickness of the mass-transfer resistance zone near bubble and droplet sur-
faces, & and & will be influenced by alteration of the values of liquid-phase solute
diffusivity 2, continuous-phase viscosity ., and the gas-liquid interfacial
resistance. The liquid “viscosity”™ may vary with shear rate; this non-Newtonian
behavior is of sufficient importance to be discussed separately (Sec, 8.8). The
remaining influences are summarized in this section,

8.7.1 Estimation of Diffusivities

The Wilke-Chang correlation is a useful means of estimating (usually to better

than 10 to 15 percent) the diffusion coefficient of small molecules in low-molecu-
lar-weight solvents:

7:(_)(_,,M)“2

P =174x10"" yes  omls (8.89)
"

where M = solvent molecular weight

V. = molecular volume of solute at normal boiling point, cm?/g mol
# = liquid viscesity (cp)

The parameter Xa Iepresents the association factor for the solvent of interest; -

some values for x, are 2,6 (H,0), 1.9 (methanol), 1.5 (cthanol), and 1.0 (benzene,
cther, and heptane).

The diflusion coefficient will
Table 8.1) and with concentration
Provided that the solute -solve
relation

vary with ionic strength (as does solubility,
of solutes which change the solution viscosity.
nt interactions are not altered in the latter case, the

9lnutl - @rcf.u:.rer

provides a useful scale to correct for changes in solution viscosity from a refer-
ence point, say that of pure water, with temperature held constant.
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Table 8.4 Diffusion cocfficients in microbial film

Dypeenr Y5 % 0f H,0

Biomass Reactor x 10° value
i ati 1.5 70
cterial slimes Rotating luhc' 0
. Submerged slide 0.04 g
Zoogloea ramigera Fluidized reactor 021

i i 4 at in
The diffusion coefficient in microbial aggregutr;:‘s bl? usszarlly Le:;gte}:]anAl?:mm
“3 em?/s), as summarized in Table 8.4 for - A recer

re water (2.25 x 1077 em?/s), as for coent

Ell:ldy exam(ining other variables concluded that the O, dlﬁ'us;;)r:r) cszmzui:n -

waste-treatment microbial aggregates decreases l:rom.thc pure H, S
range 20:1 to 5:1 with increased aggregate lifetime in the reactor an

creased C/N ratio of the entering wasted substrates,

8.7.2 lonic Strength

The precise resolution of ionic-strength mﬂucmfes into all pcrlm‘cm] l:dtc):st::sli (f)n
pears difficult. An examination of Newtonian fluids gives the physical-absorp

result .
M CAVEAY P?""E -?%,_) (8.90)
@ = A V, A O‘ﬂ' )

w — lar weight
here M = solvent molecu 3 _ :, |
¥,, = molecular volume of solute at normal boiling point, cm”/g mo
m

i, = liquid viscosity (cp) 2 '

i = 1 . i = y

An empirical fit for 2, n, and m vs. ionic strength I( = 1Y Zie,, i = specics
Z, = species charge) is possible:

28.7r ! if 0<I=<040gion/L
A=189~- . '= {

0.276 + I 040 if I>040gion/L
0.8621'
. I'=1<04
. 0404 o
0.90 1>04
monotonic increasing
m =14 from 0.35 I=0
to 0.39 =04

: : s s .
for Ka in s~', P, in ft-Ib,/min, ¥} in ft% F_ in ft*/s, A in ft?, and physical
properties in cgs units.
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8.7.3 Surface-Active Agents

As discussed in Chap. 2, many biochemicals are amphipathic, ie, contain
strongly hydrophobic and hydrophilic moieties which tend to concentrate at
gas-liquid and quuid-liqﬂid interfaces. In various phases of fermentations, cells
secrete species such as polypeptides which may behave like surfactants, at times
leading to foaming tendencies in aerated vessels. Addition of chemical antifoams
also affects interfacial resistances to mass transler, though typically in a manner
opposing that of surfactants.

Adsorption of surfactants at the phase interface is a spontaneous process; the
interfacial free energy and thus the surface tension ¢ is reduced relative to the
original value. From the correlations in Example 8.2 the values of Dg, i, and
D, are expected to decrease, leading to higher values of the interfaciai area per
volume o',

This tendency for a’ to increase is countered by the effect of surfactant films
on the mass-transfer coefficient ki. The adsorption of a macromoiecular film
results in a stagnant, rigid interface. The decreases in k, discussed below are
thought to be due to either or both of two mechanisms: (1) the ease of liquid
movement near the interface is reduced due (o the decreased mobility of the
interface; thus, the variety of mass-transfer theories based on estimating exchange
rates of small fluid elements between the surface and the bulk will predict a
decreased mass-transfer coefficient (see Refs. 3 and 4 for further discussion);
(2) like the cell membrane itself, the molecular film is expected to contribute
a resistance of its own, which may cause a departure from the presumed gas-
liquid equilibration in the plane of the interface,

Addition of 10ppm sodium lauryl sulfate (SLS) reduced k; for oxygen
transfer by 56 percent versus pure water. A constant or plateau value of k, was
observed at all higher surfactant concentrations. The surface area per volume o'
increased slowly throughout the range of S8LS concentrations from 0 to 75 ppm,
with a minimum of k,a' at about 10 ppm surfactant.

The product k;a" has been observed to increase continuously with surfactant
addition in a turbine aerator. Inspection of the data for the reported ratio of &'
(surfactant)/a’ (no surfactant) and the corresponding ratio for the product ka'
shows that while ¢’ increased 400 percent for addition of 4.0 ppm sodium dodecyl
sulfate, k,a’ increased only about 15 percent, implying a decrease of about 71
percent in the value of k,.

This reduction observed in both sets of data is in agreement with results of
others. For a variety of sparingly soluble gases, the average plateau values of £,
upon surfactant addition correspond to reductions of k; by a factor of 60 percent.
The sodium dodecyl sulfate data of Benedek and Heideger [33] suggest that
turbine-agitated aeration corresponds Lo the transition region between the two
correlations presented earlier in Eqs. (8.35) and (8.36); a similar result appears (o
be the case for aeration with sieve trays (Danckwerts). This serves to warn the
reader that such correlations are useful estimates but should be replaced by
experimental values from more pertinent equipment when possible.
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£8 NON-NEWTONIAN FLUIDS

For fluids, the ratio of shear stress 7, to the ve]ocity grz}dient du/dy is d]f‘:ﬁneg- as
the viscos;ty 1, (the subscript v distinguishes the viscosity from the earlier effec-
tiveness factor ). Thus,

T, = —1) i (8.91)

5 1] dy

A plot of 1 vs. du/dy for a Newtonian fluid is linear and passes through the

origin. A variety of non-Newtonian behaviors has been'observed in steadg' ﬂgc\la's.
for liquid solutions of polymers and/or suspensions of dls_pers‘?d sqllds or2 1quhle :é
the features of the more common of these are summarized in Fig. 8.12, w
shear rate 7 is used rather than du/dy.

8.8.1 Models and Parameters for Non-Newtonian Fluids

The dilatant, Newtonian, and pseudoplastic bt.:haviors are examples of the gen-
eral Ostwald-de Waele or power-law formulations for fluids
1, = —Ijol$I"" 'y = —(apparent viscosity}(y) = — .}

(8.92)

> | =+ dilatant
where n{ = | - Newtonian
< | — pseudoplastic

Bingham plastic

Casson eq

Ditatant

Shear stress, r(N/m?)

Newtonian

Figure 8,12 Stress vs. shear-rate behavior
of Newtonian and common non-Newton-
Pseudoplastic ian fluid models. (Reprinted from J. A.
Roels, J. van den BRerg, and R, M.
Voncken, “The Rheology of Mycelial
Broths,” Biotech. Bioeng., vol. 16, p. 181,
1974.)

Shear rate, 4 (s=1)
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Some systems appear not to produce & motion until some finite vield stress
to has been applied. For Bingham plastic Auids, the form

= fam 0
T =Ty el

¥ where =l #0,7,>1, (8.93)
is useful.

The last form with finite Ty and # less than unity would give a curve similur
to the Casson equation, which js given by

I,\! ‘e I'(l) = K('}"' %) (8.94)

In the subsequent discussion of mass-transfer coefficicnts, power input, mix-
ing, etc., we shall refer 1o various fermentation or other fluid systems of interest
as being (apparently) pscudoplastic, Newtoniun, etc., and indicate correlations
between the Nuid-model parameters and the former quantitics of interest, The
fluid descriptions in Fig. 8.12 refer to behavior in steady shear Nows. Under
unstcady-state conditions, such as follow a step change in the applied shear rate,
time-dependent responses in apparent viscosily 1, are often obscrved, thus de-
manding a more structured fluid model (in the same sense as the Chap. 7 cell
kinetics models) 1o describe transient situations. Such transient states may more
accurately apply to turbine agitation and turbulent mixing in non-Newtonian
systems. These more structured models are a relatively difficult and undeveloped
arca of mechanics: we simply insert the caveat here that our understanding of the
factors responsible for non-Newtonian behavior and their description is weaker
than the theories for the previous sections of this chapter.

Non-Newtonian behavior may arise in at least two distinct cases: (1) sus-
pensions of small particles and (2) solutions of macromolecules. 1t is apparent
that the two cases become similar ag molecular diameters increase above 50 (o
100 A or as particle diameters fall from the order of micron sizes,

8.8.2 Suspensions

Various theories predict that

a dilute suspension of spheres should remain New-
tonian, the clfective viscosily

fh..cir Of the suspensions being given by
'l'r.cl'f = 5 2
+oah+ b 4 (8.95)
"]\.nlvcul
where ¢ is the volume fraction solids and b is of the order of 6 10 8. For a
bacterial density as high as 10" cells per milliliter and a cell diameter of 3 x
10 *em, the value of ¢ is aboul § x 10 3: the effect of the cells is apparently
negligible. Higher volume fractions oceur in filiration operations such as de-
walering (in product recovery from cell broths) and in fermentations producing
the mold pellets or mycelia of previous discussions.
At higher volume fractions, solid suspensions may exhibit a yicld stress: c.g.,
aqueous slurries of nuclear fuel particles with diameters in the micrometer range
appear usclully modeled by the Bingham plastic model. Mycelial fermentations of
Strepronivees griseus appear to follow a Bingham form exeepl at very low shear
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rates; this may be importamt in aeration. From Eq. (8..’30) note that l!?c ma;umu!n
stress for a rising bubble is associated with !hc terminal rise Yclocnly. ‘T hus, r|‘n
Bingham fluids, a sufficiently small bubble “:flll not exert lhg yield slrcs? oni L 13
surrounding fluid and it will remain ﬁxcc! in the samcﬂund clcr!'lcn} or (;'n;:
times; i.e., it would be expected (o circulate mblil;lc vessel with the fluid rather than
ing the usually rising path of larger bubbles. o

fOIIO"I'YIL'(?:C'Jssmn cq{mlionglf)as been Ffruitfully upplic‘d loldgsgnpuon.s o‘f b]O-ij
flow. Red blood cells form aggregates, the sizq of vylnch d!mlqlshcs with lnt‘:rca':,-
ing shear forces. The apparent viscosily e diminishes wu.h 1ncrcuscd‘ S.th]', as
seen from Fig. 8.12 for the Casson equation. In ﬂoc-fgrmmg fermgnl.g}f)ln;, w‘c‘
may expect stirrer shear forees to control .lhc average size of the microbial focs;
hence the Casson equation may be useful in some such fermentations. e

A study of rheology of penicillin broths vs. time over a large range ofs? cur;
rates used a turbine impeller for viscometry sil{dlf:s rather than ‘u l'Old'lli‘l&
cylinder, the two cited advantages being (c.:) l.h.c stirring prcvclnls phas‘c s?phar:;
tion, which otherwise would affect the reliability of the mcasurcmcnll'. c\lml 'o y
stirring a thin “cell-free” layer of quui(}i is formcd.ut the wul} of the cy mdclr. :ln'
(b) the shear rate of the impelier is a swpplc function of the lmpcllgr splcc 3asn is
independent of the rheology of the liquid as has been shown prc.:vnous 3(:1 [] 4 E:)c
188 189]. This rescarch revealed that the Bingham and power-law models \&; ;
inadequate to represent the results over the I'uI]. range of sh.car rates investigaled.
A reasonable modification of the Casson cquation was derived:

‘ 0.69(M )2 1.1 3 8.96
1z - 1/2 | o4 n 3 (Na) ( ! )
(M) (M,,) ( (M )2
where M, is proportional to stress: M, = 64D}/2zK, N, is the impeller rolfmoz
rate (revolutions per second) and K is the ratio of sbcur rate lo 1mpcllcr spee
(constant). The data agreed well with the above equation though a slightly better
fit resulted if the second term on the right-hand side was modified Lo

O.I‘)Z’;(M“.)“'15 + 0.1
(M )2

The imporiance of the result is threefold: (l)'Thc rheological dulu‘wc]rﬁz llulfcn
over a sufficient range of shear rates to discriminate between models which m:c
similar over restricted shear-rate ranges. (2) The results show'cd that 'l!lc.kpcl)w«.r
and Bingham laws were most inudcqual.c at ]mjv ShCL.lI’ ru.lcs; this 'rungl%c is 1 cry”l::
be important in determining lank-mim?g uniformity: ie., c.xlra‘p(,) aucTn n(:mn‘
Bingham and power laws to this situation 'would Icac'l to I'argn. errors (1- [ion%
problems in vessels are discussed in Chap. 9 in conncction with Auid cn'rc.u a -
time and residence-time distributions). (3) The modified Casson cquallor:l wlm:
shown to predict a factor dependent on the mold'mm-plmlagy (shape) t}l\r‘ou.gj lﬁ;t;
ratio of length to diameter of the filaments. This rt':sull (und‘ plllc; lluo.ncb‘uc-
nonspherical particles) provide an important potential connc.(.llon“ Cl,WClL: ]l:ucr
tor-design calculations (analysis) and morphoilogy (obscrv'uyon‘)‘smcu 1‘1‘ gty
subject has been examined for a range of species and conditions in the literature.

(N.')I":
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The power-law model appears 1o fit data for mold filaments over the higher

range of shear rates, It also describes suspensions of paper pulp; 4 percent paper
i pensions have power-law parameters n = 0,575 and g, =

0418 1b, - s"/ft2. Investigations of oxygen transfer wi
been used to simulate some ferm
is determined by mass-transfer limitations in high shear regions, this may be
useful. The previous paragraph casts more doubt on such simulation studies
where bulk mixing influences O; uptake by the microorganisms).

In continuous-flow systems with several reactors in series (Chap. 9), the tank

8.8.3 Macromolecular Solutions

A number of microbes secrele extracellular polysaccharides and related biopoly-
i i , polyalginic acid, and pullulan,
in stabilizing
suspensions, and as a major ca
secreted biopolymers render the
characteristically described by a
h < | (pseudoplastic),

The time-varying biopolymer concentration in a batch fermentation gives
rise to time-varying fluid and hence transport properties (mass and heat transfer),
As correlations for trans i ian Auids are typically
expressed in terms of the power law parameters, r and 75, we seek a relation
between biopolymer concentration and rheological parameters.

For xanthan gum, the polymer concentration, [P}, and the power law
parameter, 1, are related by a correlation of the form

o= A-LPY 897)
where B ~ 25,

For a number of microbial exobiopolymers, the time-varying power law ex-

ponent i and consistency », do not vary independently in a fermentation but are
related by a correlation of the form

Inny(t) =cC + D-n(t) (8.98)
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8.8.4 Power Consumption and Mass Transfer in
Non-Newtonian Fermentations

' L t
An instantancous impelier Reynolds number Re; may be defined according to
Calderbank [11]:
L DINET (Y 8.99)
Rei=~01Kk, \6n+2

-1
H eof 1575,
where K s the CODSiSlCl‘lcy index, equals the shear stress 7 at a shear rat
¢

For the nonaerated non-Newtonian broths of Endam):ces, the pm_r«re:: pun;t;gr
[Eq. (8.78)) was correlated with the Reynolds number R.ef as _shown in Fig. 8.13.
The.curves plotted there can be represented by the relationship

Diy(Wy 100
P = ke () (8.100)

where D; = impeller diameter
Dy = tank diameter
W = impeller width

and k, y, and z depend on the range of Rej:

:
Re;

<10 10-50 >50

32 11 9
-09 -04 —-0.05
-1.7 -1.7 -1.2

04 0.5 0.9

The similarity of Fig. 8.13 to Rushton’s data and the pipe friction factor in Fig.

8-8“,111: ;ififﬁn studies by the same group, the correlation of Michel and Miller

(used earlier for Newtonian fluids) fitted the results in the turbulent regime
(Rej > 50): .
P, & (P—;f‘,f‘:-) (8.101)
! -
The laminar and second regimes (Re; < 50) appear reasonably approximated by
use of a smaller exponent:

B (PZN;D?)O'TJ (8.!02)
&

T 0.56
Fy

; = : -
The two curves meet at a value of PzNiD?,th:""’ =2 X 10“2, ande:illghtly differ
ent proportionality coefficients result for the different impellers used.
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B ’ /Dy 0.0570.106] 0 166
leT ol a
D/By =4

= 5 AN

|

10 102 10?
Figure 8.13 Power number vs, im
nonacrated systems, ¢ Reprimed
Newtonian Fermentation Broth”

f[:;il’::riljugzlis’ r.mm‘?c.sr‘, I;:} (see text) for three diflerent impellers in
& 3 ioand 5. Mivamoro, ‘er Reguirene i
Biotech. Bioeny., vol. 8, p. 43.J196:f. ;” B e

The diluti .
perceng dlrl:élon of r}'lYCelldl cul!ure; by small volume percents of water (10 (o 25
produces marked changes in &, and power-number parameters. The jm

phcd“oﬂs ‘Ol powe[-lllpul Ud“d“ons Wl[h
dllullon rate m Conlll'luous Cullure

The influence of the microbial

which applies (floating si
g single cells, cell :
bubbie surface, etc.) and the in o

gas-liquid interfuce in such g way &
! ; Y as to decre; : i
the adhering fluid fiim near the bubbie [44]. ) .

Cmbiﬁ;l tllu. vhiglh shear rates needed 1o mix phases and

al activity have C

o n{ﬂ:;:\;;!;cqu;n't'ly been obscrved. For example, the viability of a relatively large cell, th

et .Jh‘ a, cgan (o be seriously aitered by disruption at shear rat _,g cc. ,'l o
cxpeniments the maximum shear aracteri i ller 4 Pl

more tmportant variable than the rbulent Re — i e i g
Thg impeller can have other effeets: .

as mentioned carlier. Taguchi and Yoshida! divided the

promote mass transfer, diminutions in mi-

t ik ;
H. Taguchi and T. Yoshidu. J, Fermen:, Technol, 46:814, 1968
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lial pellct size into twe phenomena: (1) chipping small pellicules off the larger pellet and (2) directly
rupturing the spherical shape of the pellet. The time evolution of particle diameter D due to the first
process appeared to be governed by

dD
lf[ = “kl(NIDl)s ip*? (8."}3)

while the second process could be described as a first-order decay

dN
P= =k N

" N, (8.104)

where N, is the number of nondisrupted pellcts remaining. The rate cocflicient k, was correlated with
D, Ny, and D Lo give
k, = +{const(D* 2N} ¢*D}"%) (8.105)
Assuming that the turbulent Reynolds stress rather than the viscous stress is responsible for pellet
rupture and that the pellet resistance depends disectly on the measurable tensile strengths of the
pellets, Taguchi ct al. argue that the last equation may have some theoretical basis,
Regarding the oxygen transfer rate in paper-pulp suspensions, impeller and tank geometry were
found to be important, in agrecment with the carlier results of Taguchi and Miyamoto [42] for
acrated and nonacrated Endomyces suspensions. In 1.6 pereent pulp suspensions, the product ko was

described by
s Dk 1437 sial B0
e I (—H—/mi’l?)) (Nt} (b—r) (8.106)

where ¢ characteristic mixing time of vessel

B = liquid height
W = impcller width

and D;, Dy, und L are as before.

In summary, a number of factors including bubble and cell dimensions, fluid
properties and rheology, agitator and tank geometry, and power input determine
mass-transler coefficients and surface area per unit volume. The combination of
these estimates with cell kinetics of the previous chapter and notions of mixing
and macroscopic reactor configurations of Chap. 9 is important in assembling a
complete reactor design. This state of knowledge is obviously wishful; the previ-
ous relations in this section are but the beginning of work nceded to design
confidently such reactors from first principles. As a closing example of some of
the complexities yet to be unraveled, we note the time changes of the relations
between bubbles, particulate substrate, and cells that accompany the fermenta-
tion of Candida petrophilum on n-hexadecane, as shown in Fig. 8.14. The descrip-
tion of this gas-liquid-liquid-cell system by the authors’ is illuminating:

During the first period of fermentation, oil droplets are relatively large and cells attach to oil
droplets rather than 1o air bubbles. Air bubbles are unstable and easily renewed. The ka value
can be kept at the maximum level associated with the fermentor. Duning the second phase, oil

* A. Mimura, [, Tokeda, and R. Wakasa, “Some Characteristic Phenomena of Oxygen Transfer in
Hydrocarbon Fermentation,” Biotechnol. Biocng. Symp. 4, pt. 1, p. 467, 1973,
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droplets become smaller and cells are adsorbed onto the surface
dense flocs. The Noes tend o attach w0 the surface of the air bub
separated with agitation,

af the oil droplets, forming
bles, but they can be casily
The ki value is decreased continuously as fermentation proceeds. The third phase is (he
last haif period of the logarithmic growil pluse, in which yeastis growing rapidly, although we
ot observe any o1l droplets microscopically in the culiure liquid. At this point the ki value
reaches is migimum throughout the fermentation. . ., LAir] bubbles are covered with yeast ceils,
and the bubbles come together with cells as an intermedium. They arc very stable and float on
the surface of the culture liquid. n-Paraffin 1 completely exhausted i the fourth phase. The cells
are dispersed umformly throughout the culture liguid, In 1his period the nature of the culture
lquid may be similar (o that in a carbohydrate fermentation, and ket recovers s mitial levels.

An analytical model including a few of the features of this fermentation lype is
considered in Chap. 9 (Example 9.2),

8.9 SCALING OF MASS-TRANSFER EQUIPMENT

As discussed by Oldshue,! the various quantities which may influence the
product ka in an agitated industrial reactor do not scale in the same way with
reactor size or impeller rate.

1. The turbulent Reynolds number Re, determines Ueme a0d thus bubble mass.

transfer cocflicients &,
D BipyIR
Big =V o 720 (8.107)
! it p\pl

2. The impeller tip velocity N, D; determines the maximum shear rate ¥, which

in turn influences both maximum stable bubble or microbial floc size (Sce,
8.3} and damage to viable cells (Scc. 8.84),

3. The power Input per unit volume Py’ through Re, determines mass-transfer
coellicients and  particulate sizes. In laminar and transition regimes of
aerators

Pz NiD!  from Fig 88b

For turbulent regimes. the power number is constant; thus

P« N}D}
Then taking 1, .. (o scale with D} gives
7 N} laminar, transition acramion
» I .
i NID?  turbulent acration

"X Oldshue, Biotech, Brovig. B:3, 1966
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@ ¢ Figure 8.14 Dillerent relationships among ar huh‘hlfs

(B). n-hexadecane droplets {O). and veast cells (Cy at

¢ different stages of bach cullurcl of the yeast C‘mr(’lff't:

@" s petrophtium (1 log phase. 2 first half of exponentia

i phase. 3 second half of exponential phase, 4 ‘ul’lcr

: .t n-hexadecane exhaustion).  Reprineed from L. -\f'rn.'uru‘

) . I Tukeda, amd B Wakasa, ™ Some Characieristic Phe

°° b @ ** wewmena of Ovvgen Transfer me Hydrocarbon Fernen-
L . tation.” in B Sikvia. 1. Profop, and A Novak (edy.),

° ¢ - * Adv. Microbwal Eng.. purt 7. p. 467, W dev-Interscience,
3 3 New York, 1973

4. The power input during acration is

. _m,‘ Pz(N;Dq;‘)" B, ]" - (8.108)
i N,(,)" [
Thus,
5 4 45
Py PP ONDY (8.109)
1 ~ jr2a N:.).Sf'

which will determine the motor size needed during I“crmf:nyulu.)n. Lo time

5. I the vessel liquid is well mixed internally, a charuclcfl.sllc circula e

’ - T » 3 L 4 ll

exists. The liquid recirculation flow rate F, lhrougl? the impeller region Yd‘l‘ "

as a cross-sectional arca nD? and tank average impeller velocity varics as
N;D;. Thus

1

F,  NDP -

ST, ; time
i

a quantity of importance since it is inversely proportional lo'lhc :;mc that
fluid may spend away from the homogenizing influence of the impeller.

iti i influenc process : hich
Given all these different quanutes which can inflluence the I‘O(.;lhs l.]l']d wi e
; i itati dri SIETS. hich one(s) shou C use
iflere b p NCICS agitation parameters, wi d b : d
have different dLPL[]dLlILILh on d k > 54 s
asis Cale- we mean Lthe guantity
asis scale-up? Here by “basis for scale up : ;
as the basis for scale up: i ) } . ' o
i iti ] C Ie > vill be mantained ¢
i “hot H conditions in the I‘ll'gl.l‘ unit, v d
which, by chotce of operating co . he
: i it. For ex: >, if we scale-up on the
S > smaller scale unit. For LX.!I'I'IPIL, 1
the same value as in the smalle P e X - ) -
basis of constant powcer per unit volume, for mechinical agrlators In the turb
4Ly -
lent TCgi]’HL‘ this means o
'\ D? 8.
Nl“l £:I Nll 2 (

N . o » O W ..‘v,lv'
where | and 2 denote the values in the small and lasge scale vessel, ruhpucliln;l]‘
= .o . . . : e i G . N oE l p(‘)‘vcr
3 *nic bioreactors, maintaining constan
In scale-up of the carly penicillin slilng conslan’ Pamacian.
per unit volume (around | hp per 100 gal} plus vcsacll gwlp(l,(llru. ?lmll;li:'.lill{m ore
T 25l T pecie
5 indicate 15a this gives very similar yie
used. As indicated in Fig. 8. ‘ elds o
vessels from 5 liters to 200 gallons. However, from the curves in Fig. 8.154q,
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2

i

=]

£

E

=

&

S

z —— Original

2 I design

be , region
|

3 I 1

0
i 2.0
hp/100 ga|

S o Ny
o, -
/@
s
E] /
el
& /I
o
= /
E 4
£ Symbol Condition
® V= 76L Wisconsin 1 i
5 s Wi ype agitator
2 ://: 76L, Mllxco flat blade aggitalor
2 & - 5 420 L‘ ngco fat blade agitator
A 2.7 m Mixco flat blade agitator
. | = 45.5 m* Mixco flat blade agitator
. é | ] | 1 |
3 4 5 [ 7 é

k;alp (g mol Oz/mL/m) x 194

put in various sized vessels ( After E. Gaden Sci. Rep. Ist

» Gol. L, p. 61, 1961 ). (b) Vitamin B, yi
: Yyield . .
(After W, H, Bartholomew, Ady. Appl. Ml‘cmbil:.’:gy, vm(':ug,/ ![;r) ‘.;589m;l;;l;jansrcr R Gt )

that, at different P/
scales.

Another frequently applj i
: | pplied basis for scale-
coeﬂ‘_icuent ka. Fig. 8.15b shows vitamin B :

y . :
values, there are significant differences in yield at different

up is constant volumetric transfer
12 Yields from bacteriaj fermentations
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below those for fermentation in larger vessels. Notice also that, in contrast to
earlier discussions emphasizing oxygen transpott limits on growth and the need
for large kja values, these data show a distinct maximum with respect to k,ap.
This probably occurs because at the same k,a value, other mixing and flow
characteristics such as maximum shear rate or circulation time are generally not
the same in vessels of different scale.

Therefore, if we scale up on one basis, we must be aware that other mixing
and flow properties are different. This point is dramatically illustrated in an
example of Oldshue' which considers scale-up from an 80 L to a 10,000 L agi-
tated bioreactor. Here, D, increases fivefold and V increases by a factor of 125.
The 1.0 in each column of Table 8.5 indicates the property which is kept the same
in the large tank as in the smail tank. Values for each property have been norma-
lized by the values for the 80-L tank, so the “small-scale” column shows all 1.0,
For example, scale-up based on constant P/V will increase the maximum shear
rate by 70 percent (N,D; = 1.7) and increase the circulation time about threefold.
On the other hand, scale-up based on circulation time (that is, F)/V) requires
3125 times more power in the large tank!

The different dependencies of important transport properties on agitator de-
sign makes scale-up of agitated vessels something of an art. We must try to select
as a scale-up basis the transport property most critical to the performance of the
bioprocess. This is not easy given the potentially sensitive and diverse responses
of cells to each of the transport phenomena influenced by the mixer size and
rotation speed.

The total oxygen consumption rate of the vessel is found by combining k,a
with an appropriate macroscopic description of the vessel. If the bulk liquid
composition is uniform and the bubbles are uniformly dispersed throughout the
vessel, the mass-transfer rate is simply

Via(c* - ¢y ), = oxygen consumption rate, mol O,/s (8.111)

Table 8.5 Relationship  between  properties for
scale-up!

Smalt
Property scale, 80 L Large scale, 10° L
P 10 125 3125 25 02
PV 10 1.0 25 02 00016
N, 1.0 0.34 0 02 04
D, 1.0 50 5.0 50 50
Fy 1.0 25 125 25 5.0
Fyv 1.0 034 10 02 004
N.D, 10 17 50 10 02
Re; 1.0 8.5 25 50 1.0

'S, Y. Oldshue: Fermentation Mixing Scale-up Technigues,
Bimech, Bioeng., 8: 3, 1966.
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;hgm SUbSCI’Ipl. v rcfcrls lo gas exit compositions (a consequence of the perfect
IXing assumption is that exit-stream compositions iti

$ ons equal reactor ¢ 3 5

e q actor compositions,

y WI}cn the hubblf:s. rise in plug flow through the vessel but the impeller still

(rjn.aml.llr!s. perfect mixing In the liquid phase, ¢* varies with position. Qver a

ifferential reactor height d=, the instantancous loss of oxygen from the bubbje is

HAd- dpo. |1 _ Basvol differential cone. rate of
di RT  reactor vol \ reactor volume /\ change in bubblc) @.112)

which cquals
kya(c} - ¢)A d:= (8.113)
the mass transfer rate into the liguid. Si i
quid. Since pgy, = McF 5 s law ¢
s s Fo, < (M is Henry's law con-
H dp,, _ HM dcf

RT &t ~ RT a4 = ket ) (8.114)

For constant bubbie-rise velog

b H T8¢ ‘lLlOLlly 1 dt = d-iu and the = variag .

h+ - - iz vd l.l R o

cett L b b o nation of ¢* is
(F o) kaRT -

In =
((.:k Clines HM L (8.115)

or

(8.116)

(Cf f.‘,): = (¢* el % ) l'\',thT:
L ! tlinter CX P Hl'”-",,

The overall mass-transfer rute in the volume Al is therefore
b
Hfu AR
ke e i) d= - E ) ! ( KT
g i . inter # ex
J:) R T i ) ley P .HAIH,, (X.I |7)

Tllc IlllCl‘ilCFl(?l‘l of mixing, lermentation kinetics, and mass transfer is considered
m the remaining text chapters.

8.10 HEAT TRANSFER

In thlOgI"i!' feactors, heat may be added or removed from a microbial Nuid for
the following reasons:

L It is desired 1o sterilize a liquid reactor feed by heating in a batch or contin-
uous-l'low vessel. Thus, the temperature desired must be high enough 1o kil
essentially all organisms in the 1otal holding time (Sec. 9.9.‘1) ¢ l

2.0F l_hc heat generated in substrate conversion is inadequite io maintain the
desired temperature level, heat must be added. For example, the r *uclér is ;1:1'
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anacrobic sewage-sludge digestor which operates best between, say, 55 and
60 C (See. 144.7).

3. The conversion of substrate generates excess heat with respect to optimal
reactor conditions for, ¢.g., maintenance of viable cells, so heat must be re-
moved. as in most microbial fermentation processes.

4. The water content of a cell sludge is Lo be reduced by drying.

The first three relate to cell viability and metabolism and will thercfore be of
concern here. The last example is a unit operation, drying, which is covered in
most {exts on engineering unit operations.

The heat is translerred between the bioprocess NMuid Lo or from a second fuid
in several ways, i, with externally jacketed vesscls, coils inseried in a larger
vessel, flow through a heat exchanger, or by cvaporation or condensation of
water and other volatile components of the cell-containing fuid. Fxamples of
such configurations are shown in Fig. 8.16. Temperature fluctuations belween
atmosphere and thermally stratified lakes and land also clearly involve heat
transfer, the resulting temperatures determining the habitable niches for species.
The present section focuses on heat transler in process reactors.

Assuming that transfer rates and changes in other forms of energy are neg-
ligible, the fundamental steady-state equation in heat transfer relates the total

Coolag
Qutict I Inlet ] flnd
‘ - <« n
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Figure 8.16 1 vamples of heat-transfer conligurations: (@) sacketed vessel, () anternal cotls, () heat
eschanger, (F) phase change of aiss, and (¢) natural emperature oscilliions,
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rate at which heat is

generated to its rate or remoy
Ml al through some heat-

transler

Net generation rate = removal rate = ha AT (8.118)
where AT = characteristic tem ‘
or heating fluid
A= heat-transfer surface area
h = overall heat-transfer coeflicient

As with mass transfer, most of the resistance to heat (ransfer resides in a

relatively quiescent thin fluid near the solid heating-cooling boundary, the bulk

fluid bein:g fregucnlly well mixed and thus approximately isothermal, Our main

pment of an overal energy balance and review

interest. Methods for estimati i .Sterll_lzcl' il growth
have already been consi[:i?rz;;oi?'n gl::;.h;m foud TR iTobial growth

The heat-transfer coefficients (Table 8.6
vapors (steam, typically) make such fluids convenient in sterilization “reactors”
(Sec. 9.9.4). Where lower temperatures are needed, as in heated anacrobic sll::::-;c

digestors, a nonboiling we i i
; B waler stream is uscful. Viscous Jj ui ibi 4
heat-transfer resisiances than water: : T 58 Sxtibi i

perature difference between bioprocess and cooling

) for boiling water and condensing

transfer area 4 which varies as the tank diame

_ " ter (say i i 2
volumetric heating or cooling demand of g o T 8 T eLoF The

Teactor scales as D? if the overa]

Table 86 General magnitude of heat-
transfer cocfficicnt /;!

I, keal{m?.h.°C)t

Free convection:

Gases 32
Liquids 100-600
Boiling water 1000- 20,000
Forced convection: i
Gases 10-100
Viscous liquids 50 500
Water 500 10,000
Condensing vapors: 1000- 100,000

. "Data from H. Graiber, S, Erk, and U, Griguil
armeiibertragung, 3d ed, p. 158, Springec-Verlie
Berlin, 1955 R b PG Serlop,

} Multiplication by 0204 gy . .
= es
Btu/(fi*. h. °F), Bives I in units of
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microbial reaction rates and power input per unit volume are unchanged. Thus,
Jjacketed vessels, sufficient in rendering laboratory reactors isothermal, must [re-
quently be replaced by reactors with internal or external coils in heating, c.g.,
anaerobic sludge digestion, or cooling (e.g., hydrocarbon fermentation for single-
cell protein production) of large-scale reactors.

The presence of such internal piping clearly alters mixing patterns, fluid
velocities, and perhaps bubble-coalescence rates, The complexity of such a situa-
tion reminds us of the need to perform measurements in reactors approximating
the desired configurations, as we may expect a priori design of such reactors to be
more uncertain than for simpler systems. (Problems of vessel mixing patterns are
discussed in the text and problems of Chap. 9). For example, the correlations
in Sec. 810.1 indicate that the heat-transfer coefficient h[Btu/(ft>-h) or
keal/(m* - h)] changes as we shift configurations from a single cooling coil per-
pendicular to fluid flow 1o a set of staggered rows of coils in a tube coil perpendi-
cular to the fluid-flow direction. Thus, the presence of the first row of coils alters
the flow pattern past subsequent tube rows.

In very large scale systems with large heat loads, such as bacterial growth on
methanol in a 1500 m® reactor, internal coils become inadequate for cooling.
Then, circulation through an external heat exchanger, or through an exchanger
integral to a loop vessel configuration, is necessary. Here is an example where
cooling loads, in concert with other considerations such as required power input
for acration and mixing, dictate a nced for bioreactor designs substantiaily differ-
ent from traditional agitated tank configurations. Several alternative vessel, con-
tacting, and mixing configurations are summarized in Chap. 9.

Heat generation and removal rates are known with sufficient accuracy for
some detailed heat-balance considerations to be possible, provided we clearly
understand the basis on which such calculations are made and take appropriate
precautions in terms of overdesign to allow for some uncertainty. The following
section discusses the estimation of the heat-transfer demand {analogous to an
oxygen demand); the subsequent sections discuss the conductance ).

Determination of the process heat transfer requirements begins with con-
sideration of an overall energy balance. In a constant pressure system with neg-
ligible changes in potential and kinetic encrgies, the cnergy balance can be cast in
terms of enthalpy changes, i.c., the heats of chemical transformation or phase
transformation (e.g., evaporation, condensation), the sensible-heat flow in mass
streams, and the heat transfer to or from second fluids acting as heating or
cooling devices. Let

Qe = heat-generation rate from cell growth and maintenance
@, = heat-generation rate due to reactor mechanical agitation
Qqns = heat-generation rate from aeration power input
Q... = heat-accumulation rate

Qcxen = heat-transier rate 1o surroundings or exchanger

Q.wap = Tate of heat loss by evaporation
Q.. = 1ate of sensible-cthalpy gain of streams (exit — entrance)
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Then

Qmet + Qng + Q;u = anc + Qexch + Q:vnp + Qun (8“9)

Cooney, Wang, and Mateles [52] have utilized such a balance to calculate Qe
from measurement of @, through monitoring the initial transient temperature
rise of a nearly isolated fermentor. Under such an experiment, Q...p and Q,,, are
quite small, and Qeren, tEpresents an important term compared with the difference
of the larger individual rates Qocc ~ O, As just mentioned, Q,.. was monitored
calorimetrically, while 0., was calculated at each gas flow and impeller rate from
the correlation of Michel and Miller (Eq. (8.81)].

In a fermentor design, Qace = 0 for a steady-state system [although tempera-
ture programming a batch reactor for optimal product yields (Sec. 10.7) may
provide an additional complication]. Q,, is estimated for ungassed or gassed
Systems using the appropriate power correlation presented earlier.

Neglecting Q... (Which may be an important mechanism in trickle reactors)
and Q... for the moment, the important remaining quantity js Orei- Methods for
estimating or measuring Q... were presented in Chap. 5. In design of larger-scale
reactors, the choice of an operating temperature and flow conditions will deter-
mine Q... and Q,,,, as the choice of agitator speed and diameter will determine
Q,; (corrected for the chosen aeration rate). Sparger design and gas flow rate wili
determine Qgss- The remaining terms are Ouce and Q... Whether or not the
reactor is operated isothermally, at each instant

Qexch = Qm:l + Qn[ + Qsas - anc = (Q sen Q gvap) (8 120)

Heater Generation Accumulation Removal by other
or cooler

than 4 solid heat
duty exchange surfuce

This last equation sets the heat-transfer magnitude needed to maintain the de-

sired temperature and rate of heat accumulation, if any.

We can use Eq. (7.35a) to represent the instantaneous mass-generation rate
per unit volume in a batch reactor

%J: o (7.35a)

and the corresponding instantaneous microbial heat-generation rate Qe (heat/
time) is evidently gjven by

1
thl = '/;cm:turlux '17 (8-121)
a
where Y, is the heat generation coefficient (g cell’kcal) considered in Sec. 5.104,
Methods for estimating Y, are presented there as are illustrative data showing

Ereater metabolic heat generation for utilization of more reduced substrates
(Table 5.12),
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Table 8,7 Effect of substrate and yield cocfficients on operating costs of
fermentation

Cost, cents per pound of cells

Substrate Substrate O, transfer Heat removal Total
1.2
Maleate (as wasle) 0 0.43 g;fi b
Glucose equivalents (molasses) 39 0.2 1.4 o
Paraffins 40 0.97 1.9 3:1
Methanol 50 1.2 3.7 P
Methane 1.6 33 1.3 ke
Ethanol 8.8 {2];5 3'| o
I[sopropanol 11.6 ; |.| i
Acctate 16.7 0.62 i .

tB. 1. Abbott and A, Clamen, The Relationship oI'_Subsu"nlc, Gro.wlh Ralc', an;l
Mainte.mmce Coefficient to Single Cell Protein Production, Biotech, Bioeng., 15: 117,

1973.

The corresponding equation for a continuous-flow isothermal reaction at
steady state is

YAcht = VreeactordtX = (SO (. S) YXISF - xk‘-‘ (8122)
One [ —oyyup_ Xke ]/y (8.123)
Vl’e.clﬂr - (So S) xjs I/l'ﬁ.c'ﬂr o

Recali that, as before, ¥y,s may depend on the culture age in a batch reactor
and upon dilution rate D in a continuous-flow system. The dependence of Yuss
i in Eq. (7.26).
and thus Y,) on a cell maintenance appears in o
( Some eéc))nomic estimates from Abbott and Clamen [4?] as of 1973 mdlca}tei
that both heat-transfer and mass-transfer (oxygen) operating costs _o[’ bactenal
cell production from the substrates in Table 8.7 are appreciable fractions of tota

costs.

8.10.1 Heat-Transfer Correlations

From Eg. (8.118) and the overall heat balance [Eq. (8.119)] for’heaFing, cooling,
or sterilizing, the general working equation for heat-transfer design is

Qeeer = A AT (8.1184)

An expression for the overall heat-transfer coeﬂicicgl h, anfilogous to th«zi eailut:;
overall coefficient K; for gas-liquid mass transfer, is rgqunred. For stea y-s‘;1 a'd
heat transfer through a flat wall of thickness L,, separating the ferm;;ntat‘;lo:;l ! :(lj !
at Tyu, from heating or cooling fluid at 7;,,,, , continuity of heat flux de

Twall.l =i Twall.Z
hwl('ﬁmlk.l i wnll.l) = k; '_'T_‘_

- th(TwnII.Z — Tbum.z) kcal/(cmz-h) (8.129)
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where k, is the thermal conductivity of the wall in kilocalories per centimeter per

second per Celsius degree. In terms of an overali heat-transfer coefficient , de-
fined by

heat flux = I(T, 5 — Toun.2) (8.125)
rearrangement of the previous equations yields:
L. L + . + - l— (planar wall) (8.126)
ﬁ . hwl ks th P )

In clear analogy with our mass-transfer discussions, the overall resistance 1/h is
the sum of three resistances in series. For heat transfer across a cylindrical-tube
wall in heating or cooling coils, the cross-sectional area for heat transfer changes
continuously through the wall. In this instance the appropriate equation for # is

I _ ! In@d/d) 1
Eodn B ho‘lo Zk, + hid‘ (tUbe Wa”) (8‘ 127)

where d; and d, are the tube inside and outside diameters, respectively. Note the
use of subscript o for h, since it reminds us to use the outside tube surface as the
basis for a heat-transfer area. The thermal conductivity k, of the solid depends on
the material; eg., at 100°C, k,=0.908 cal/(s-cm-K) (copper) and 0.107 cal/
(s-cm-K) (steel): k, increases slowly with diminishing temperature. Appropriate
values for different heat exchanger materials are found in standard engineering
handbooks.

The analysis of momentum and heat transfer at cither fluid-solid interface
gives the individual-side heat-exchange coefficients {hy1s By3) or (h,, h) in Eq.
{8.126) and (8.127). Where such individual coefficients vary along the heat-
transler surface, an overall local heat-transfer coefficient is defined by equations
such as (8.126) and (8.127), and a detaiied integration over the heat-transfer area
is needed to calculate the total heat transferred.

For fluid-wall heat transfer, the important dimensionless groups are the
following:

}
Nusselt number = Ny = I:d (8.1284a)
7
Prandtl number = Pr = Cr¥ (8.128h)
‘s
2
; Lt
Brinkman number = Br = = — 8.128¢
kf(Timlk =L Twall) ( )
2
Froude number = Fr = .Zd (8.1284)
and Reynolds number = Re = p_:d (8.128¢)
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where &k, = thermal conductivity of fluid, cal/(s-cm-°C})
C, = heat capacity, cal/(g-°C) .
d = distance (tube diameter or spacing, cm)
u = viscosity (poise)
1 = velocity (cmy/s)
g = gravitational constant (g-cm/s?)

As discussed elsewhere [5], the Brinkman number represents heat production by
viscous dissipation divided by heat transport by conduction and may usually i?e
neglected at the heat-exchanger surface for our purposes. (In the impeller-tip
vicinity, this number becomes important.) Similarly, in a l:fa!ﬂed vessel or one
with an off-center stirrer, the Froude number is usually negllglble._ )

The heat-transfer coefficient A, rendered dimensionless as Nu, is a function of

Pr and Re:
Nu = f(Pr, Re) (8.129a)

As hydrodynamics may vary with the aspect of the excl'.nange .surl'ace, ie., the
length L to diameter d ratio, L/d, correlations are also available in the form

Nu=f '(Pr, Re, f;) (8.129b)

Temperature variations induce variations of fluid properties.at different points
near the heat-transfer surface. As liquid viscosity is the most important of these,

the ratio

Hy/ttg = viscosity (Tyuy eruia)/Viscosity(T,.p)

is a useful correlating variable:

Nu = £ Pr, Re, £, f'—") (8.129¢)
d’ po

As h (and therefore Nu) may be defined as a local lran§fer coefficient or as
one which has been averaged over the surface in several possible ways, care must
be taken to use the appropriate AT, or AT, with Nu,,. or Nu,, [rom literature
correlations, o

For fluids of viscosity near that of water, a useful correlation in turbulent
flow (heating or cooling) is'

hd

Nu= 7= 0.023 Re® 8P4 (B.130)

''W. H. McAdams, Heat Transmission, 3d ed., p. 152. McGraw-Hill Book Company, New York,
1954,
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which appears valid when

10* < Re < 1.2 x 105 turbulent

0.7<Pr<120 valid for all liquids except molten metals
L
J =60 long tubes

A modification due to Seider and Tate! incorporates an allowance for larger

temperature differences; it appears useful for estimating heat transfer with viscous
fluids (such as oils):

0.14
i {Ei . Reo.apro.as(y_b) (8.131)
Ho

When natural convection is also important due to the presence of nonuniform
fluid density, the Grashol number

e (8.132)

appears in the correlation? for the liquid flowing in horizontal tubes:

d d 0.7571/3 f 0.14
Nu = 1.75[ [PrRe+ 0.04(— Gr Pr) ] (—") (8.133)
L Ho

(For vertical tubes, the viscosity ratio is replaced by 1.0 and the constant 0.04 by
0.0722)

When the fluid is known to be non-Newtonian, the forms change. Two
equations® which have been used for pseudoplastic fluids (Sec. 8.8) are

hd d Y3y (bulk) /3 + 1/n\ 177014
Nu = k— = 2.0([. Re Pr) [n,,(Tall)' (_'4—) 2:' (8.!340)

hd d Y3/3n + 1\/3
or Nu = yobe l.75(z Re Pr) (_Tn-) (8.134b)

where 1, is the apparent viscosity (Eq. 8.92) evaluated at the bulk fluid or wall
temperaturc. Note that for a Newtonian fluid (n = 1) without large bulk-wall
temperature differences, Eq. (8.134b) reduces to Eq. (8.133). The viscosity varia-"
lions with temperature, however, are explicitly represented in Eq, (8.134a) in the
same form as Eq. (8.133).

A wide variely of reactor heat-transfer surface and flow configurations are
possible. Some correlations for several of these are given in Example 8.3; others

' F. E. N. Scider and G. E. Tate, “Heat Transfer and Pressure Drop of Liquids in Tubes,” fnd.
Eng. Chem., 28: 1429, 1936,

t R. C. Martinelli and L. M. Boelter, AIChE Mig., 1942 (cited in McAdums, op. cit.).

¥S. E. Charm and E. W. Merrill, “Heat Transler Coefficients in Straight Tubes for Pseudoplastic
Food Materials in Streamline Flow,” Food Res., 24:319, 1959,
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can be found in standard heat-transfer texts and in Chap. 3 of .Charm ‘(jrehf.e :t()
of Chap. 9). Some example calculations for hcat-trapsfer cc.Jef’ﬁm_v:.rlits‘;1 ags hea
exchanger duties are considered in the problem secflon. Mlcrln?bla fui s oces

sionally deposit a residue on the heater surfa.ce leading to fou ing (time-varying
wall heat-transfer coefficient) and a decrease in h for the fluid-side.

Example 8.3 Heat transfer correlations

Natural convection from verticat plane or cylinder:!
Nu = ’% = ¢(Gr Pr)* (8E3.1)

where Lis the plate length or cylinder diameter, all parameters are evaluated at (T + Toaul/2, and

3.5 x 107 < Gr Pr < 10*? ¢ = 0.13, a = 1 (turbulent)
10 <GrPr<35x 107 ¢=0.553 =} (laminar)

Heat transfer in concentric annuli:

Streamiine flow:

as gy 048
Nu = ’%1 = (‘f;) (Re Pr)® "(E) Gr* (BE3.2)
1

where d,, 4; = outside and inside diameters

Turbulent flow:
0.23 Pr™23(u,/pta)***

M B s v "
—= : (8E3.
&G | 023X08THEMN S L
i(d, - d)G/m1™*
Graviiy flow over horizontal tube surfaces:
¥ " Fy i (SE34)
k GS(ELJ,) Biu/th-f1-°F} if L < 525
where w = liquid fiow rate
L = ube length
d, = outside diameter
Turbudent flow in tubes
Nu = hkﬁ = 0.023 Re®® Pr* {8E3.S5)

04 for heating
- {0.3 for cooling

i ion,” x 32.
t W, 1. King, “Free Convection,” Mech. Eng., 54:347, 19 .
FCHE. N;o%\‘md and J. F. Pelion, in W. H. McAdams, *Heat Transmission,” McGraw-Hill Book

Company, New York, 1954.
'[1)". \‘YV Dittus and C. M. K. Boelter, Univ. Calif, Publ. Eng., 2:443, 1930 (sec McAdams, Heat

Transmission).
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Flow perpendicular 1o isolated cvlinder

hd
Nu = i (Pr)(0.35 + 0.56 Re®3%)

Flow perpendicndar to one row of tubes centered 2d aparr -

hd

Ny = e 021 Re® Pr'? (8E3.7)

where Re, is Re evaluated at u,,, and 24 is defined as

direction
of flow

Staggered successive rows of the above type!

Sume as Eq. (8E3.7), but cocflicient 0.21 replaced by 0.27 for 3 rows, 0.30 for S rows, 0.33 for 10 tube
rows or more.

The subject of transport of heat and mass is, we reiterate, an enormously
developed area. The present chapter has provided some conceptual guidelines for
estimating the quantities of interest. The literature contains a vast number of
references for heat- and mass-transfer correlations under a variety of experimen-
tal conditions, as indicated in some of the peneral references of this chapter.
Where possible, use of correlations from experimental configurations most apro-
pos to the situation of interest should be practiced, always taking note of the
margin of (un)certainty of the correlation.

8.11 STERILIZATION OF GASES AND LIQUIDS
BY FILTRATION

Previous sections discussed use of elevated temperature o effect the desired level

of sterilization of a liquid. High temperaturcs can damage medium components,

and heat sterilization of gases is not cconomical. A common alternative approach
applicable equally to gases and liguids is the use of appropriate filters to remove
undesirable viable cells and, where possible, viruses from the appropriate process
stream.

_ Filters may be made from sintered porcelain, asbestos fiber mats, or synthetic
microporous polymer membrane. While the first two categories are important
historically, nearly all filtration today associated with sterilization relics on the

'S. B Charm, Fundamentals of Food Engineering, 2d eq., Chap. 4. Av1 Publishing, Westport,
Conn,, 1971,
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use of polymeric microporous membranes. These filters may now be routinely
used to render sterile a gas flow or dilute liquid suspension entering a bioreactor.
The value of these membrane filters derives from several characteristics:

1. The porous membranes formed, typically from stable gels, have extremely
uniform porosity, thereby providing absolute retention of all particles above
a certain size (controllable by pore size modification).

. The extreme porosity (often 70-80%;) and thinness (ca. 100 microns) provide
low flow resistance, thus allowing a high solvent (waler) flux. For example,
one liter can be passed through a fiiter having 0.2 micron pores and 10 cm?
of filter area in 2-3 min.

. The membrane filter materials (including cellulose nitrate, cellulose acetate,
vinyl polymers, polyamides, and fluorocarbons) are all steam sterilizable and
stable against most aqueous suspensions and many organic materials.

. The quality of the manufactured membrane is easily tested by challenge with
a suspension of nearly uniformly sized viable microorganisms. For example,
0.22 micron pore filters are tested with a suspension of Pseudomonas aerugin-
osa bacteria, and Serratia marcescens effectively probe a 0.45 micron pore
membrane. Viral strains may be used to test filters with very small pore
diameters, but uncerlainties in virus culture techniques weaken this test for
quality control.

The filters of this section are used to remove trace particulates from air or
liquid streams, typically to render them sterile (pharmaceuticals) or at least free
from pathogens (beverages). Filtration for removal of particles from concentrated
suspensions such as fermentation broths is discussed in Chapter 11.

PROBLEMS

8.1 Oxygen diffusivities in protein solutions Stracve [53] noted that an 1881 derivation of James
Clerk Maxwell's (Treatise on Electricity and Magnetism, vol. 1, 3d ¢d.) for diffusion through a fluid
containing spherical obstructions simplificd to the form below when the obstructions were imperme-
able:

® A=y
Vu_ z'f

where & = apparent diffusivity in suspensions
%o = apparent diffusivity in purc Buid
f = velume [raction of obstructions

He found that the form pave reasonable fil to experimental data provided that f was defined as
f= f, + I, where f, is the volume fraction of protein and f, the volume fraction of water physically
immobilized on the protein surface. Taking the dimensions of the protcin to be those of hydrated
hemoglobin (spheroid 65 by 55 by 55 A), calculate and plot 2/, vs. f, (net [} assuming no, one, or
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lu»u mun-oluycrs of 1n1}11()h|lizcd water around the protein (range of f, is 0.1 10 0.5), Compare your
results with the following measured values for methemoglobin and comment

5ty I 0.69 l 043 I 0.17

o l 0.l I 0.2 I 4

8.2 Mass-transfer coeflicient Determine k; for the following conditions:

Liguid volume 101

Turbine impelier diameter 10 ¢m

Vessel drameter 50 em

Speed ¢rev min) 200

Air - medium binary difusion coeflicient 0.5 x 10 5 em s

Airflow rate . 2L min

Medium density  1.2g'om’?

Medium viscosity 0,01 g (¢m -5)
83 Oxym.:n transfer, nonzlgilut.cd Consider a 0.5L unstirred acrated chemostal with 10 orilices
mounted in the bottom. Ifeach is 1 mm in diamerer and has an aielow rate of § mL min, what specific

cell growih r:qu will be maintiined il oxygen is limiting? Neplect breakup and coalescence and
assume the medium s sulliciently dilute for it 10 behave like pure water,

Hpa  0S5h ! Ko 01lmM & T2dvieem
g 9B0em st g 2010 Y giemes) sS85 = 10 foemfs
fug 10 fgiemesy op 1dpL H, 10c¢m
Ty 120, gl v L0geels L
:N “\’:Airiulion“ of La \:ith temperature Surface renewal theory provides that the mass transfer cocl-
icient kp vanes as (73" % For diffusion in liquids, the Stokes-Finstemn relation gves sl

Thus the varidion of Ay with temperature s predicted 1o follow that of (F 1
() L sing any reference test for the viscosity of water ve temperature, Gileolite and plot the
expected variation of k(T k(I 15 Cyin the range 15 w0 60 €
] _(h) The equilibrium c.hssnl\Acd oxygen fevels (Table 8.0 vary with temperature Assuming that
the mt.w.lrt'uuu! arct volume @ 15 ot temperature-dependent. caleulate and plot the ratio
Lkyac (T goe* (T 15 Oy as in part {a). J
) Comment on the uulity of the nearly constamt value of predicted in part (b} Cxperunentally
this constancy has been confirmed. [54 .

constant,

8.5 Dateh reactor: growth vs. mass ransfer limitation A batch fermentation is conducted at 35 ¢

crmetits with sodium « S Ox i indicate . (LS e s
Fxpe L h s i kd'e? T
P m suifite oxidistion indicat It ST 0.1 mol (] h) h ulture has a

doubling time. in exponential growth. of 30 min, and an oxygen yield cocllicient of 0.6 g cells pO

(a} Culeulate the exponeatial speditic growth rate, o ’ HREASRES
M) Use Fg. (814 w0 calenlate the dissolved oxygen level. ¢ as the cells increase from
10 “g ml‘. Plot ¢y vs v AU what biomass level is o, predicted 1o become zero? ‘ o
(e} o reality, o does not become zero, Rather, g becomes a function of ¢ al low diss ved
oxyeen levels as in, for example, Py, (8.15). Us \ o
caleulate o vso v Take Ky,

AT

Eq (8.15) and the same parameter values as above to
0.05 m mol L. (Lasiest o assume op and Girleulate v
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() For ¢ - 09, we have a grondh-limited condivon, while ¢« 0.0} gives a mass-iransfer
limited condition. Use Fq. {8.15) and your graph in part () 10 deduce the ranges of x values corre-
sponding to growth and mass-transfer limited operation.

() The right hand side of L. (8.15) 3 simply (dvidi). Plot (dx df) vs. x on the same graph as

parl {¢). What expression gives v at (v diy,,,?
8.6 Effcct of pressure Oxygen transfer has been increased by sugmenting the oxygen partial pressure,
Po.- as may be easily done by use of pure oxygen in place of air feeds. Operation at higher pressures
tias also been proposed. Unfortunately. cultures may exhibit oxygen inhibition due, for example. to
the formation of cxeess active forms of oxygen within the cell which may damage functions which
require a local reducing atmosphere.

() Assume that growth-dependence on oxygen can be represented as

Hanan 4y

i " e
B K b HEIR

i ¢
or 3
,'lh,‘! I + L + }1 z

2

where » — Ko, K;and ¢ ¢ Ay . Show that the maximum specilic growth rate occurs dt

(") Usig Ly, (8.15), modified (o include the oxygen mhibition teem in part (a) above, derive an
cquation that will predict what oxygen pressure, po_. should be used at any x vilue to maintain
maximum cell growth, Since pmax)  constant, give also the required time dependence for pn £r).
£.7 Metabolic product export (@) At umes 1.2, 3 and dhin an p-aspactate producing fermenti
ton. the extracellular product levels are measured as 1230 and 4 gL, respectively. §f the surfuctant
cetylpyridinium chloride is added atr O, the correspending measured product levels in the medivm
are 12,2230, and 35 g L. Can you say what fundamental process(esh kinctically govern the appear-
anee of product in the original fermentation? in the surfactant-moditicd medium? (data from Rell 55).

() Amino acid export in some £ coli appears W be a balance between simultancous passive
wransport out of the cell and active transpost into the cell. Write a rate cquation for amino acid
export which 15 governed by these two phenomena. Using radiolabeled carbon in the amine acid,
outline some nitial rate measurenment experiments by which vou could determine abl of the param-
eters i your proposed rate cguation.

Mutation programs to eliminale catabolite repression and active transport uptake can lead 10
transport-himited product export (Sce Ref. 56).
$.8 Microbead immobilized mycelia The adsorption of spores of a Peaicifliun cheysogesntin strain te
3000 500 pm porous particles was used to create an immobilized mycelial catalyst, the characteristics
of which are compared below with a myeelial suspension cultore. Both were propagsited in the same
bubble column bioreactor

{a) Assuming {roughly) that A, varies as () 1% what was the catio of viscositics in the cultures:
g {suspension), ptimmobilized)? What, in your view, allows a broth with a higher biomass level o
exhubit it fower viscosity”?

(b) Discuss the trade-offs m costs of suspension culture vs. immobilized culture which would
lead 10 chotee of tie most cconomic process |57

Suspension Immobilized

Nanlg B) 17.0 290
Panli LY 20 53
KA (m moles O L-h-atm) 50100 10 350
Basis: Power mput (kW m") 2.3 BT
Oxzgen transfer ccopomy

(ke O, KWh) 0.21 (1R H]
Specific energy consumption

(hWh g pen G) 0.12 007
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8.9 Scale-up Methods Table 8.5 provides a scale-up basis under various circumstances (e.g., constant
PV

(a) Discuss the (un)desirable effects on other operating variables resulting from scaling-up at
constant reference of (P/V), Ny, F/V, N.D,, or Re,.

(b) It has been suggested that scale-up is best done by keeping k;a and fluid shear (tip velocity}
constant, in particular D,/T ~ 0.25 — 04 and N, D, = 0.5 m/s. Use the correlations of this chapter to
indicate how (P/V), N,, F/V and Re, would vary under scale-up with these mass transfer and shear
guidelines [58].

8.10 Scaling parameters in acration (a) In agitated aeration, Sh = aReSc™ according to many
correlations. Assuming constant bubble size, show that achievement of identical values of k, in two

different vessels, e.g., small (E) and lasge (I1) requires that the impeller speed in revolutions per minute
N, scale as follows:

NAD) ~ | Bl
(b) Consequently, establish that constant k, implies

{P/Vu [Du(l) ]"’f"“

(v~ | pan

N(IL) [ D,(I):r “lm

For the turbulent corcelation in the text, what fortuitous resull arises in the previous equation?

(¢} For conditions where the bubble size itself is determined by impeller conditions, what rela-
tions hold for NI1)/N(I)?, (P/VI/AP/V)?
8.11 Bubble-column performance (a) Estimate a, H, and k, for a bubble column under the following
conditions:

Gas flow = 20 std {t*/min
Liquid flow = 25 gal/min (water)
Column ID = 16 in
Average bubble diameter D = 0.25in

(b) An alternate correlation [59] for bubble swarm (liquid or liquid-liquid mass transfer) is

Sh =20+ 001s'ﬁr[me"-"“s-:‘“3"(9"m)(“m:lmI
" * 9113

Compare the explicit dependence of cach physical parameter with that of the text formula. Evaluate k,
apain and the percentage difference between the two estimates.

B.12 Stream rencration (rapids and ponds) A moving stream might be approximated by alternating
deep and shallow segments of the same width. If the “deep™ and “shallow” segments have depths hy,
hg and lengths I, I

{a) What is the ratio of aeration mass-transfer coefficients for the shallow to deep segments?

(b) Lumping biological activity into a single species, develop an analytic description for sub-
strate utilization by aerobic specics of this pends-rapids configuration, assuming oxygen transfer to be
limiting. State your assumptions clearly.

(c} Develop expressions (making simplifying assumptions if needed) for the fraction of total

microbial growth occurring in the pond and the fraction of total oxygen transfer occurring in the
rapids.

v

ty -

8.13 Simplified stream reaeration: (Strecter-Phelps equation) Stream reaeration can be described as a
simple plug-flow phenomenon under conditions where organic sedimentation, sediment reactions, and
loss of organic volatiles is unimportant. A balance on organic matter S in a stream of velocity u gives

os ds

L e uaz = Hmua ¥
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and the oxygen balance is

de 6 . =
2= t = + ku,(cl‘); =) CD;) = #mnSYOIS
&t oz
Gradient Gainby mass  Lossby ;niquhinl
transfer oxidation
+ photosynthesis rate — algal respiration rate — sedimentation rate

(a) If oxygen is always in excess for the microbes oxidizing the nutrients, show that
u

H
#Z) = 5.0 BXP(“#mu _)

(b) At steady state, neglecting photosynthesis, algal respiration, and sedimentation, show that
the oxygen-concentration profile satisfics the Streeter-Phelps equation

YoisHmanS: =0 2\ _’f-mf

ko,2
+(c3, — €oyz=0) cxp( T

where Ky, = Ko/l
Ezi = e:j)dy-avcmged oxygen-transfer coefficient [from (8.88)]
1 = stream depth

(c) Establish znalytically that for the Streeter-Phelps treatment, c§, — cq,(2), known as the
oxygen deficit, hos a single minimum at

YorsHmasSz= =
g, — Col2) = 'O_M%TLL—OCKP( = Yostmm u)

L¢ F]

What is the downstrcam distance 2 corresponding to this point of mnximu::n oxygen deficit? Repeat
this derivation including constant photosynthesis, algal respiration, and sedimentation rates.

8.14 Heat transfer, bubble size For the stoichiometry given in Prob. 5.13, (a) suppose that 1"“ balchl
aerobic fermentor is run in a cylindrical tank of 6-ft diameter with 130 ft of l-.m-dlameler €00 lggbc;I
arranged on 2-in spacing. Assume that all heat transler if.s through the .cogls and ;hnl the uﬂm;
sparger always maintains a sufficient K,a valug so growth is not o.xygcn-llmlllch If t' c avel:algc. n
velocity perpendicular to the coiled tubes s 10 pereent of the lmpgllcr-tlp velocity, wrn l]'.i 4
minimum speed in revolutions per minute needed for hca} transfer i tlhe average coo u:g |qu]
temperature is 18°C and the fermentor should operate no higher than _ZE‘C? Repeat this caleu alEm
for cell densitics of 10°, 107, 10%, and 10° cells per milliliter (impeller diameter = 4.5 1, thickness = §
i i = 6 in, single paddle). ) )
" he(ls;“Al ?0"’ c::llsgpm['J milliii)lcr, the aeration tate is such that !0 pf:rCt:nt of the cniering oxygen 1;
consumed by the cells. For a poorly designed sparger, bubble size is too-lurgc. What .rsnrrl:rhs'pct:d
(revolutions per minute) is needed to give adequate bubble size? Can this rca.sonuhly be Z(;l:e.vel
with one large paddle? Would a better design include a second much shorter, high-speed paddle jus
above the sparger with, for example, B, = 02D, N; = 10N,? ‘

8.15 Dimensionless groups: Buckingham r theorem In heat transfer l?y.forccd ﬂowf ol"[luld overa lu::c
surface, the parameters which are physically important in dclcrmm!ng the ﬂuld-f-tde hl:a_l-lr:ms e;
coefficient (a conductance k) are the characteristic diameter of the pipe D, !he fluid vclocuydu. an-
viscosity  (in poise), densily p, specific heal at constant pressurc C,(in calonfzs per mole per egl:lc:-;),
and the thermal conductivity of the Ruid k; (in calories per second per cenumgl?r per dcgree'). ¢
Buckingham = theorem states that “the functional relationship between g quantities whose units can
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be given in terms of p fundamental units can be writlen as a function of ¢ — p dimensionless groups,
The fundamental units in heat transfer are mass m, length J, time r, and temperature T,

(a) Express b, D, u, # p5 Cy, and k in terms of such units, ie, variable = mePrETe,
(&) Four dimensionless groups are commonly formed from these variables: Nu (= hDjk,), Re

{ =pDu/p), Pr( = Couk ) and Stanton number St (= hiuC,p). Comment. By inspection, what does
the Stanton number represent?

8.16 Power-law fluids: starch hydrolysis Pastes resulting from cooking 1% wt/vol amylopectin in
waler are pseudoplastic, thus following the power law, = ", with n < 1.0, For batch a-amylase
hydrolysis of this paste, the {ollowing changes with increasing time were observed. [60]:

1, dyn-s%em? ’ 0.32 , 0.26 l 0.20 l 0.14 l 0.10 | 0.03

n l 0.73 l 0.75 l 0.78 ’ 0.83 ’ 0.85 l 0.98

(@) Show that these data can be described by
To =y} where 14, %, = const

(b) Establish with an appropriate graph that alf 1.
through a common point,

(c) How would the power input at fi
used for on-line batch-process control?

8.17 Power input vs. impeller speed in hon-Newtonian fluids For agn.
law indices n less than unity, the shear rate 7 may be taken to be Propo
rate N, [61]. Show that:

(a) For a fluid between concentric cylindri
inner-cylinder rotation speed varics) changes according to (dr/dN ) o NeoLL

(b} The Reynolds number, Re-—-D,‘N,p;r,-,,, where #, is the apparent viscosity {shear-rate.
dependent), varies as Re o Ni=»,

(c) For Reynolds numbers defined above, the data for power number (= Pg/DiN?p) vs.
Reynolds number fall op or just below that correlation for the Newtonian-fluid values, Thus if P,
varies as Re?, establish that the power input P varjes ag N+aid-m

(d) From the previous information, how woul
iween y and N, fora non-Newtonian fluid?

8.18 Hydrocarbon-fermentation phases (@) For the quotation o

scribing the time course of 2 particular hydrocarbon fermentati
of growth and substrate(s) utilization in eych

vs-y curves at cach degree of hydrolysis pass

xed rotution speed vary with time? Could this parameter be

Newtonian fluids with power-
rlional to the impeller rotation

d you evaluate the proportionality constant be-

I Mimura et al. (and Fig, 8.14) de-
on, write a mathematical description
phase of the batch lermentation. For each “phase,”

B resistance(s) to growth may lie, ie., hydrocarbon solubi-
lization, oxygen transfer, cell metabolism, etc,

(5) Postulate various reasons why the ce[[-hydrocarbon-droplel-
adopts each configuration mentioned by the authors,
direct observation? How would you discriminate bet

air-bubble-solvent system

What obvious experiments are suggesled by (hjs

ween or prove the hypotheses advanced?

al. [*SCP Production from Methane,” p. 362 in

s $. R. Tannenbaum and D. 1. C, Wang (eds)), MIT Press, Cambridge, Mass.,
presence of oxygen in a continuous-flow contin-

uously sparged fermentor can be described by the double Michaelis-Menten form of cell growth:

£ €z
re= ———
x umllxKl +CI Kz +c1
where 1 is oxygen, and 2 methane.
(a} Assuming constant yield coeflicients, ¥y and ¥, ¢

grams of cell per gram of substrate i,
£ = 1,2), write down the steady-state balances for g sterile-

feed system for cells and substrates 1 and 2.
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- b

Take the overall mass-transfer conductance to be Kya and assume both liquid and gas phases to be
: dl . . I3

ﬂﬂmp(';;eg’sﬂ:;:: dilution rate increases, wash-out will again occur. llShow by graph:c:lv?l:u:::fll’);ucil

£ ~! for the following paramete K, =

ion that washoutl occurs at about D = 0.72h P e % B
?am:':cnloi g/L, ¥, =125gcell/g O;, Y; = 2.0gcell/g substrate, Kjya = Kjya=100h~", ¢?

2= 3 =
0015 g/L, ¢3 = 0.007g/L, p,, =08 h™1,
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CHAPTER

NINE

F
DESIGN AND ANALYSIS O
BIOLOGICAL REACTORS

i i con-
Knowledge of biological reaction kinetics and mass trall:sfer,bci);llrogil'cl:al;yacmrs
in Chaps. 7 and 8, is essential for under‘standl_ng ow i
work. T der to assemble a complete portrait of biological reactor oper ;
ol it efle:essary to integrate these two fundamental pt,enomena \fnth th;
ho:" zrlfir’li‘ctu;?d mixing and contacting patterns in the unit. Dlﬂ'erednt q:?;gnc [?:;-
f:ale-up procedures are required for reactors wrlth dlﬂ'erer}t PO\]:] ::d ::;se \%arious
teristics. Consequently, our major task in this chapter is to blen el
?:gredients to obtain a coherent overall strategy and analysis ol g
P ics i iphase,
l’eaClI?ll' our considerations of cell kinetics in (_Zha.p. ’I,d tl;e cl(l)lr;p(l:e(:)xn thL:ln:v)zaex-
interactive nature of cellular bioreac!ors was md:caltg b ]:lntroduced ox E)rder -
amined different types of approximations which cou :e 1a e I o
simplify the kinetic description of the f:e}l _populauor.l to duf;)ed - “;e ey
Jevel while at the same time trying to minimize errors :n ro e o
mations. Similar problems and needs_face us in bio oglca“umr L LR
analysis. Now, we examine the intera?uon of th‘c complex‘Cf:n i Kiflaths A
discussed carlier with an also complicated fluid flow, mixi o%[he L lieat temssler
situation. We must now consider the effect of scale or size e e o
ixi d heat and mass transfer patterns ms[de the rea . o
Hfléﬂng,lﬁg:‘; aa:-]nd transport fields will influence and interact with blocalta yin
ﬁ;n::iecns. In this chapter we shall focus on different descriptions of contacting
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the reactor and the interaction of contacting patterns with biochemicat reactions,
In & fashion analogous o that considered carlier for cellular kinctics, we will
need (o apply approximations Judiciously in order 1o obtain a workable reactor
deseription,

In addressing questions which shall arise in this chapter of approximation
stritegies for describing biorcactors, il will be extremely useful to consider refy-
tive time seales and relative length scales. The spectrum of time and length scales
which we encounter jn biorcactor design and analysis is cxtremely farge as sugp-
gested by the characterisiic times and lengths in Figs. 9.1 and 92. A key to
analysis of biorcactors js identification of the (jme and length scales for (he
phenomena of central interest in a particular reactor design context. Then, it is
often possible 10 analyze phenomena with time or length scales much smalfer or
much larger than those characteristic of (he process of main interest using relu-
tively simple approximations. We hyve already encountered these ideas in our
discussion of the quasi-steady state approximation in Chap. 3 and of structured
models in Sec, 74,1, Here, comparison of length and time scales shall be used
repeatedly in formulating @ clear conceptual picture of the bioreactor processes
which are most important in the reactor description for 4 particular design or
analysis objective,

Also involved in decisions on appropriite reactor descriptions is the avail-
ability of experimental methods for characterizing the transport and reaction
processes of interest, and the ability (o solve the mathematical models based on
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reactor to another. Alternatively, if the catalyst particles circulate through differ-
ent regions of the reactor very rapidly with respect to the characteristic response
time of the catalyzed reaction to changing conditions, then calculating reactor

rganisms or organisms
producing extracellujar polymer, however, highly non-Newtonian conditions are

encountered in which, even in smali benchtop reactors, ideal mixing is not
approximaied.

Examination of the theory of ideal completely mixed bioreactors is impor-
tant for several reasons, First, such reactors provide well-defined conditions for
kinetic studies in the laboratory. Second, such models may frequently be used
with reasonable success even when the conditions required for validity of these
models are not well satisfied. Finally, such ideal mixing configurations provide a
starting point for examination and characterization of nonideal mixing and reac-
tors with significant spatial nonuniformities in reaction conditions. As we shall

tors. In this section, we first elaborate on the ideal batch and ideal CSTR reac-
tors discussed in Sec, 7.1. F inally we consider an ideal plug-flow reactor in which

9.1.1 Fed-Batch Reactors

It is often desirable to add liquid streams
process occurs. This can be done to add precursors for desired products, to add

¢;(t) denote the concentration of compon [ i
ial balance on component i takes the following form:

d
T Vil = Veery, + F(ty-c,, .0

Assuming that the densities of the entering liquid stream and of the culture fluid

are both equal to P» a total mass balance on the reaclor contents takes the
following form:

d
dr Lo Val=p Fa) 9.2)
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i i and
{How would this equation be modified to take into account dlﬁcztge::t(: ::ﬁ:ms?)
reactor content densities resulting from, say, aeration of 'thle re:}::h g
Assuming that the density p does not change substantially wi

batch operation, Eq. (9.2) becomes simply
v,

dt

Carrying out the differentiation indicated on the left-hand side of Eq. (9.1)

i i i bstituting for dVy/dr using Eq.
ing that now Vp is a function of time), su s 5
ge;r)le?nt:rl::ngrranging theRresuIt gives a useful working form of the componen

material balance

= F(1) 9.3)

de;, _ F(1)

9.4)
= —¢l+r
dt Ve [Cu i 1

. ich de-

Egs. (9.3) and (9.4) are the mass and componel?l balance. eliuz:uo::e »;S::i:lagle
be thi i i kinetic expressions rj, ;

i stem. Assuming that suitable : : it
iggs[::ee;l::;tgns can be used to simulate the effect of different batch feeding strate

gies F(1) on reactor performance.

9.1.2 Enzyme-Catalyzed Reactions in CSTRs

i 5
CSTRs used for enzyme-catalyzed reactions assume a .vam:‘ty l;):czgsr;ijsuer:;;::c
Fig. 9.3), depending on the method employed to pro'wde the T e
: ity i the simplest design (a), enzymes are contmuo_usly adde -
trermed o the reactor via the feed and effluent lines. Obviously this apprtl):lac
gr‘:i;:iccl:;;(z:]y when the enzymes are so inexpensive that they are expendable.

{h) Retention of snzymes in
solution using a porous
membrane

Y %ﬁ
{#) Screen inthe effuent line (d) Pellets of immobilized enzyme

prevents escape of immaobilized are held in containers on agitator
enzyme pellels shalt

{a) Continucus feed of enzymes
in solution

(¢) Rapid recirculation lhrnug!i a short
packed column of immobilized
enzyme

e

Figure 9.3 Schematic diagrams of CSTR designs for enzyme-catalyzed reactions.
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Use of more costly enzymes requires
recycled. Recalli

configuration, which
has also been widely used for

study of gas-phase reactions on supported-metal
calalysts, is intended to minimize mass-iransler resistance belween (he liquid
phasc and the immobilized-enzyme pellets. A more conveniently implemented
arrangement for achieving the same objective is circulalion of reaction mixture

r through a short packed column of immobilized
enzyme (Fig. 9.3e). So long

as the recirculation rate is sufficiently large so that
only very small conversion (ca. < 1°

"u) Oceurs in a single fluid pass through the
column, this overall system is equival

ent to a CSTR reactor [4]. Thus, this design
is especially convenient for laboratory kinetics studies.

Enzyme recycle is feasible only when the enzymes can be readily recovered

from the product stream leaving the reactor. Two promising approaches (o this
problem are containment of enzyme inside liqui

d-surfactant or phospholipid
membranes and immobilization of the enzymes on magnetic supports.
Regardless of which stralegy is employed, the common objective is mainten-
ance of the desired enzyme concentration within

the CSTR. Assuming that this
has been accomplished, we can concentrate our attenti

growth are applicable, as are

additional constraints implied b simple stoichiometry of these

y the relatively
reactions.
For example, for the single reaction

S —— p

I mol of P is formed for each m

ole of § which reacts, so tha
efMluent concentrations (s,

L the feed (s, py) and
p) are related by '
So—=S=p—p, (9.5}
With Eq. (9.5), reaction-rate expressions u(s, p) which dre functions of both s and
p can be writlen in terms of s only,

simplifying the necessary algebra. The sub-
strate mass balance in this case takes the form

F(so ~ 5) ~ Vyo(s, po + So—5)=0

Table 9.1 gives solutions to this equation for a variety of kinetic forms, These
formulas are easiest to use in an indirect fashion: insert the desired substrate
conversion into the right-hand side and compute the required residence time

9.6
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rsions 0 =
Table 9.1 Relationships among substratelcsotn:mcemwlio“
: )/Sg, Mean residence time, and c;l: y!
Sg — 5)/Sos e tim
g'ol:' enzyme-catalyzed reactions in 3 CST

Reaction-rate
expression [or v

CSTR design expression for
Ve F

Michaelis-Menien:

Pnaxd

K, +5

Reversible Michaelis-Menten:

Oaals — PIR)

i e
Kn+ 5+ Kap/K

Competitive product inhibition:

Diyar §

2+ Kl +pK)

Kulpo +f2‘§)
8 Kp+ 5p — 05 + K

P

1-68(1+ 1K)
r
Kalpo + s’f)
(5[‘\',,,*‘50_65"*'#4[(7 ]
(=

Substrale inhibition:

umn_ .

1+ K.Js + /K,

Ke (- "Eo]
«S.sn[l e = K

i sactors, p. 158,
t R, A. Messing, Immobilized Enzymes Jor Industrial Reactors, p
table l: A(;adcmic Press, New York, 1975.

and/or enzyme
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So long as
the reaction
assumption be vaig does not cause g

change in fy; ;
Eq. (9.15) becomes veloaesly (wouid this

for a microh;
obial process? X
‘) the axial velocity
OcCIty is constant
and

e
d , by
‘ (9.16)

(9.17)
balance equation (5.16) can pe
L
s (9.18)

which is exacy
Y the same
demonstration can be sup :IS the batch-regetor

constant velocity, each thin

mass balance, Th; i
€Mented by_ a physical argument; irllsplr::};i ‘fl’l’gr\lrja"?t?:
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strate in the form of Eq. (9 18) a s
dx Hmay XS
dr K.
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On physical grounds or by manipulations with Eq. (9.20) and (9.21), we can sece
that the s and x concentrations are bound by the stoichiometric relationship

x4+ Ys=xq + Vs, (9.23)

Using Eq. (9.23) to express x in terms of s and substituting this into Eq. (9.21)
gives the single ordinary differential equation

ds == Haax [xo + Y(SO — S):IS
d Y  s+K, L

Integration of this equation subject to condition (9.22) can be achieved analyt-
ically, with the result

Xo+ Y(so + Ky 0T YE =50 p vy 5 = Jmaxl(Xo + Y50) (9.25)

1] 0
The effluent substrate concentration is the s value corresponding to t = L/u; then
x is found with Eq. (9.23). If viewed as the resuit of a batch reaction, the kinetics
of Eq. (9.20) here shows no lag or death phases but does reach a stationary
phase.
In contrast to a CSTR, sterile feed to a PFTR automatically implies zero
biomass concentration in the efMuent: plug flow prevents a slice of fluid moving
through the vessel from ever being inoculated. One way to circumvent this prob-
lem is by recycle, so that the incoming stream is inoculated before entering the
vessel.
The plug-flow material balances may be readily integrated to relate exit con-
version to total reactor residence time Lfu for several different common forms of
enzyme kinetics. Results of such calculations are summarized in Table 9.2,

The relative performance characteristics of ideal CSTRs and PFTRs depend
upon the reaction network involved and the corresponding kinetics. For a single
reaction with ordinary kinetics (decreasing rate with increasing substrate conver-
sion, such as Michaelis-Menten kinetics), the PFTR provides greater substrate
conversion and higher product concentration than the CSTR of equal volume.
The opposite is true if the kinetics are autocatalytic (higher rates with decreasing
substrate concentration). For microbial processes, the PFTR typically maximizes
effluent product concentration. However, the requirement of continuous inocula-
tion and practical difficulties with gas exchange for PFTRs often results in use of
their analog, the batch reactor, when high final-product concentration is impor-
tant, For exponential microbial growth, the CSTR is more efficient than a PFTR
or batch reactor. Investigation of the performance of ideal PFTR and CSTR
reactors for various simple reaction networks is a major theme of the reaction
engineering texts listed in the chapter references. Additional comparisons are

explored in the problems,




Case 1:18-cv-00924-CFC Document 399-5 Filed 10/07/19 Page 49 of 50 PagelD #: 30702

544

BIOCHEMICAL EN:
GINEERING Fy
Table 9.2 Relatio NPAREES

nshi
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I param ~— S)/s,
PFTR' p eters for enzyme-cacalyzed reactions iz'/;’
Enzymes in solution? o in i 5
tions ON* or in immobiljzeq pellets with negligible mass-1rangs I
-transfer limjta~

Reaction rate ex s
ess
pression for p PFTR design expression for L7F Lom,,

; . : :
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UmerS
T sOJ—K_ln(I—J)
Reversible Michaeﬁs-Memen:

Umas{s — p/K)
Kn+s+ K, pK sof 1 — w81
’ K, 5*;,‘:'n(1—b6)]

K, I
| Kn+ —m
So + K, Po)l; In (I - pg)

where b = ’if_!
K
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L'm.l]:

K,
s+ K1+ p/K,) s,,( - -K—‘)[J +In (1 -4

K,
-{K Rom
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Substrate inhibition:
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I+K'"/S+S"EK': SO‘S‘Ku.ln(l—é)-i.s_g( ‘51)
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: - A. Messing, 1 ;
158, Academic Press, Inc, New \;gor ':’";';g;ffzed Enzymes for Industrial Reacors p.
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ren-

9.2 REACTOR DYNAMICS
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9.2.1 Dynamic Models

For dynamic studies of CSTRs the conservation equation (Eq. 7.4) must be
modified to give the corresponding unsteady-state mass balance:

d ; L.
- (total amount in the reactor) = rate of addition to reactor

— rate of removal from reactor + rate of formation within reactor

Thus, for a well-stirred vessel we have for component i
d
d_[ (VR'CI) = F(CEF = C‘) + Ver' (9.26)

Assuming that the feed stream and reactor contents have equal density, equality
of inlet and outlet volumetric flow rates means the volume of the reactor contents
Vg is constant, allowing rearrangement of Eq. (9.26) into the form

% =D(c;y —c) +r14, (9.27)

This unsteady-state material balance is the starting point for characterization
of reactor dynamics. Before introducing some general mathematical tools useful
in dynamics analysis, we should comment on the new considerations required to
justify the use of a CSTR model to calculate dynamics of a bioreactor. At this
point we shall focus entirely on mixing phenomena, saving for later consideration
of the required biological kinetics model for transient analysis. As mentioned in
Chap. 8, one characteristic parameter of mixing in a vessel is the mixing or
circulation time. This is an order of magnitude indication of the time required for
an element of fluid to return to a similar region of the reactor after circulating
around the reactor according to the existing flow patterns. In order to apply a
CSTR model, it is important that this circulation time be short relative to other
characteristic times concerning the CSTR.

In particular, a new characteristic time is introduced when we examine dy-
namic behavior of a CSTR. Now, there is the possibility of time-varying feed rate
or feed concentration. In order for the ideal mixing approximation to apply, it is
necessary that the circulation time be much less than the characteristic time scale
for fluctuations in the feed stream or, for that matter, in any other entering
streams such as base additions for pH control. Exactly the same consideration
applies to the use of the perfect mixing assumption for the case of fed-batch
reactors discussed earlier.

Eq. (9.27) applies to each component considered in the bioreactor model. In
all but the simplest case, then, the dynamic reactor model consists of a set of
equations of the form of Eq. (9.27) which are usually coupled through the rate of
formation terms r,. That is, in general the rate of formation of component i may
depend on the concentrations of all of the other components in the reactor. It
will be very convenient to introduce vector-matrix notation at this point to sim-
plify writing large sets of equations.
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This linearized dynamic model of the reactor provides a systematic framework for identification
of characteristic response times of the system. Within the framework of Jocal dynamics which are
considered here, we can see from Eq. (9.33) that the time scaies for decay of disturbances from the
reference steady state ¢, are characterized by the eigenvalues J, of the matrix A. Thus, in terms of local
behavior, the system exhibits a spectrum of chatacteristic times indicated approximately by

L=t i=l....m 9.37)

These values can be used to examine the relative magnitudes of reactor time scales with time scales
for input variations, for example.

While the approach leading to the time-scale estimates given in Eq. (9.37) is systematic and
locally rigorous, the time scale estimates so obtained are difficult to assign a particular physical
significance, The cigenvalucs 4, arc in general functions of all entrics of the matrix A and, as such,
depend upon the eatire vector of steady-state operating conditions ¢, and the entire parameler veclor
p. This situation does net allow convenient comparison of time scales for mixing, for reaction, and for
other interactions in the system. In the case of a CSTR, the cigenvalues may be shown to have the
form —D + (a value characteristic of the reaction network).! Although providing some guidance,
this relationship does not unravel the complex relationships between other parameters and the 4.
Accordingly, some judgment, experience, and some art is needed in developing a rensonable yet not
altogether mathematically rigorous approach for identification of different characteristic lengths and
time ratios. Of course one systematic method for achieving this which is well known in chemical
cngincering is transformation of all system equations to dimensionless form, followed by rearrunge-
ments lo identify dimensionless groups which characterize the system’s behavior. Frequently, such
dimensionless groups take the form of ratios of characlcristic length or time scales.

9.2.2 Stability

Next we shall examine how the dynamic characteristics of the reactor depend upon the function f and
the selected parameter values p. For our purposes, the locat stability of a particular steady state ¢, will
be of greatest concern. If a steady state is locally asymptotically stable, the syslem concentrations will
return to that steady state after o small disturbance has moved those concentrations slightly away
from the reference steady state of interest. For an unstable steady state, the concentrations considered
will “run away” from the steady-state values following certain small disturbances. To be sure to avoid
ambiguity, we shall restate these definitions in more formal mathematical language.

We shall say that the steady state ¢, is locally asymptotically stable if tim, - ., c(t} — ¢, provided
that the initial state ¢, is sufficiently ¢lose to c,. [Our mathematical measure of closeness for vectors is
the Euclidean norm, defined by
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Then “¢; sufficiently close to €7 means that [¢, — ¢l is a sufficiently small real number.] The steady
state ¢, is globally asymptotically stable if lim, . ,c(¢) = ¢, for any choice of € (except ridiculous ones
like negative concentrations). If ¢, is an unstable sleady state, some initial states ¢ arbitrarily closc to
¢, lead to trajectorics c(r) which do not approach or stay arbitrarily close to ¢,. Thus, in the case of
instability, the magnitude of the deviation x(1) tends to increase from its initial value for some initial
deviations.

Local stability is determined in most cases by the eigenvalues 4, of the matrix A defined in Eq,
{9.32). The steady state ¢, is locally asymptotically stable if all eigenvalues of A have negative real
parts:

Re (i) <0 i=1L..,m (9.38)
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